Design and Experimental Study of a
Sabatier Reactor for Conversion of CO>

and Biogas into Renewable Natural Gas

Yichen Zhuang

A thesis
presented to the University of Waterloo
in fulfillment of the
thesis requirement for the degree of
Doctor of Philosophy
in

Chemical Engineering

Waterloo, Ontario, Canada, 2022

© Yichen Zhuang 2022



Examining Committee Membership

The following served on the Examining Committee for this thesis. The decision of the

Examining Committee is by majority vote.

External Examiner Josephine Hill
Professor
Supervisor(s) David Simakov

Associate Professor

Internal Member Aiping Yu
Professor

Internal Member Eric Croiset
Professor

Internal-external Member Yuri Leonenko

Associate Professor



Author's Declaration

| hereby declare that | am the sole author of this thesis. This is a true copy of the thesis,
including any required final revisions, as accepted by my examiners.

| understand that my thesis may be made electronically available to the public.



Abstract

Biogas is a product of anaerobic fermentation which is rich in CO2. Upgrade of biogas is
commercially achieved by separating CO. and impurities to improve its quality. As an
alternative, the CO: contained in biogas can be directly converted into CHs4 via the
thermocatalytic Sabatier reaction without separation, using H. generated by water electrolysis
(utilizing renewable or surplus, low carbon footprint electricity). One of the major elements of
this technology is the configuration of the Sabatier reactor. For industrial applications, it is
beneficial to eliminate the energy-intensive CO. separation step, converting biogas to RNG

directly.

This study aimed to demonstrate the feasibility of converting CO and anaerobic fermentation
streams (such as biogas and landfill gas) into renewable natural gas (RNG) in an autonomous
Sabatier reactor. The highly exothermic nature of the Sabatier reaction brings challenges to the
design and operation of Sabatier reactors, especially the issues of thermal management. A
completely autothermal operation of the N2-cooled, stainless-steel reactor, using a Ni/Al2O3
catalyst has been demonstrated. The effects of feed temperature, space velocity and cooling
rate were investigated using three prototypes with different sizes and configurations. The
maximum CO> conversion of 93.5%, with 100% selectivity to CH4 generation, was achieved
in a 10"-length reactor, over 120 h of a continuous, stable operation with a pure CO, feed (at
2,400 L/(kg h), without any reactor heating or feed preheating. The same reactor also delivered
91% CO2 conversion with 100% CHjs selectivity using a synthetic biogas feed (without H2S

and VOCs) for 100 hours of stable operation. Experimental data, including outlet



concentrations and temperature distribution, were collected using an automated system and
carefully analyzed. Kinetic parameters in a Sabatier-RWGS model were estimated and the final
prototype reactor was modeled in COMSOL. A critical analysis of the collected data is

presented, and future perspectives are discussed.
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Chapter 1

Introduction

1.1 Problem statement

Global warming has been having an increasing effect on the climate and everyday life. As
Figure 1 shows, CO2 and CH4 contributed the majority of the total greenhouse gas (GHGS)
emissions over the past five decades. According to Environment Canada, in 2019 Ontario
contributed 163 Mt CO> equivalent GHG emissions. Among the 163 Mt GHG emissions, 85%
are CO2, 8% are CH4, with 4% N2O and 3% hydrofluorocarbons [1]. Since the industrial
revolution, the extensive use of fossil fuels caused accelerating rates of CO> pollution. As
atmospheric CO> levels have continued to climb in recent years, the need to significantly
reduce anthropogenic CO, emissions has become more urgent [2]. CH4 is another greenhouse
gas 25 times more potent than CO, in terms of the global warming potential [3]. Anaerobic
digestion products such as biogas and landfill gas contain 50-70% CH4 and 25-45% CO., both
being GHGs [4-6]. Both biogas and landfill gas are not of fossil origin, since they are produced
via anaerobic fermentation process and do not have carbon added to the atmosphere. In 2015,
around 56 billion cubic meters of biogas were produced globally [7], which are produced
mainly from animal manure and slurries, agricultural waste, municipal waste and energy crops
[8-10]. In 2019, the agriculture and waste treatment sector took ~11% of the total GHG
emissions in Ontario, and a large portion of emissions from these sectors are in the form of

biogas, Figure 2.
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Figure 1. Global greenhouse gas emission by gas [11].
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Figure 2. GHG emission composition and sources in Ontario (2019) [1].

Despite having relatively low calorific value, biogas is a versatile renewable energy source
because of the variety of digestion processes and ease of storage [12, 13]. Raw biogas is
commonly used directly for cooking, heating and lighting via combustion [14]. After cleaning

and separation, biogas can also be used in internal combustion engines, turbines and fuel cells



[15]. Currently in Canada biogas is mostly used for electricity generation, which is about half
of the biogas being utilized. The rest of the biogas is used for heating and upgraded into RNG
[16]. A surprising 41% of biogas was flared since there was no use for those gases and raw
biogas contains impurities like H>S. RNG upgrade of biogas is commercially achieved via
separation through amine scrubbing, pressure swing adsorption and membrane separation.
However due to the high capital and operating cost of such upgrade units the viability of
industrial scale biogas utilization is often limited. Biogas can also be upgraded into biofuels
and chemicals via biological or chemical processes while this approach still faces several

technological challenges.

Agricultural
16%

Electricty
generation
(196 MW) Landfill
29% 36%

Industrial
3%
Manufacture
waste
treatment
6%

Flaring
41%

Upgraded to
RNG (6PJ)

Heat or direct use (2 16%
14% 39%

Municipal waste
treatment

Figure 3. Biogas end use and producers in Canada (2020) [16].

Roughly 40% of total CO emissions are from fossil fuel power plants and coal power plant
is the main contributor [17]. The CO. content in the flue gas can be removed via pre-
combustion, post-combustion and oxyfuel combustion capture [18]. Captured CO: is

compressed and sent to storage, and can later be used for enhanced oil recovery [19].



Alternatively, CO; sequestration could be followed by CO- conversion into synthetic fuels
and chemicals. Converting CO: into useful chemicals is of particular interest as this approach
allows for CO- recycling and the introduction of renewable energy into the chemical industry
production chain [20-22]. There are several optional pathways to synthesize fuels and
chemicals using CO- as a carbon source, including photo and electro-chemical reduction,
biological conversion, and thermocatalytic hydrogenation [23]. The implementation of the
photo and electro-chemical CO> reduction routes has significant potential but is limited by the
low CO: solubility in water and transport limitations [23-25]. The cost of cultivating and
maintaining biomass growth systems remains a prohibiting factor for the implementation of
large-scale biofuel production [23].

As an alternative to the abovementioned options, the thermocatalytic conversion of CO>
can be seen as a viable option due to its technical feasibility, considering its similarity to some
well-established industrial processes [23, 26]. The reaction pathways of producing synthetic
fuels and chemicals from carbon dioxide are shown in Figure 4. The source of hydrogen can
be versatile and cheaper sources can help reduce the overall production cost from CO:
hydrogenation. Gasification of biomass and coal, or water electrolysis powered by renewable
electricity are suitable hydrogen sources. The total electricity generation in Ontario in 2020 is
151 TWh, and ~33% are from renewable sources which could be potentially utilized, Figure
5. From the thermocatalytic conversion of CO2 with hydrogenation, syngas can be obtained
via either RWGS reaction or methane dry reforming (MDR). Syngas can also be produced with
CHs and water via methane steam reforming (MSR). Syngas is a useful chemical feedstock
that can be further converted into chemicals and fuels like methanol and higher hydrocarbons

4



via the Fischer-Tropsch process, providing flexibility in types of product and high efficiency
[27, 28]. Another important pathway of CO2 and H: is generating Renewable Natural Gas
(RNG) via Sabatier reaction, and the RNG has the potential to substitute a portion of existing
natural gas consumption. Converting CO2 into CH4 has also been shown to be the easier
pathway for CO valorization from a thermodynamic perspective [29] and has better energy
storage capacity when compared to methanol-based processes [30]. However both reactor

design and catalyst selection for such pathway still faces significant technological challenges.
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Figure 5. Electricity generation and natural gas consumption in Ontario (2020) [31].

1.2 Project objective
Main Goal

The main goal of this project is to build a proof-of-concept lab-scale standalone Sabatier
reactor that can be used for both CO, methanation and direct biogas upgrade, as well as
investigating the effect of operating parameters, such as space velocity and coolant flow rate

over the reactor performance.
The specific research objectives are:

1. Investigate the catalytic performance of the selected catalyst using both pure CO> feed

and biogas.



2. Construct the first packed bed tubular reactor with a small catalytic bed without active
cooling using a furnace for preheating. Conduct experiments on both pure CO; feed
and synthetic biogas feed and examine the reactor performance.

3. Construct a second reactor with increased dimensions as well as a cooling tube inside
the reactor for heat removal. Conduct performance tests on both pure CO; feed and
synthetic biogas and verify the possibility of standalone operation.

4. Scale up the reactor and add an individual heating element to the reactor to construct
the proof-of-concept Sabatier reactor. Investigate the effect of operating conditions on
reactor performance. Verify the possibility of standalone operation and long-term
stability.

5. Find a suitable kinetic model of the Sabatier-RWGS reaction system from the literature
and estimate model parameters based upon experimental data.

6. Model the proof-of-concept Sabatier reactor (Reactor 3) in COMSOL.

1.3 Thesis layout

This thesis consists of two research papers with similar structures and some additional
modeling work. The first manuscript studied the operating parameters and catalytic
performance of three prototype reactors with different sizes and configurations using pure CO>
as a feedstock, as well as investigating the possibility of the autothermic operation of a Sabatier
reactor. The second manuscript focused on the viability of direct biogas upgrade using Sabatier
reactors and replaced the pure CO> feed with synthetic biogas in the three prototype reactors.

Effects of operating conditions and long-term stability with such feed were also investigated.



Chapter 2 briefly review previous literature on CO. methanation and direct biogas upgrade
through Sabatier reactor, including commercial and developing processing technologies,
catalysts and reactor designs. Chapter 3 presents the experimental methodology and results on
three prototype Sabatier reactors with pure CO> feed. As mentioned above this chapter is based
on results from the first manuscript. Chapter 4 presents the experimental methodology and
results of direct biogas upgrade with the same reactors. This chapter is based on results from
the second manuscript. Chapter 5 shows a kinetic model of the Sabatier-RWGS reaction
system and a COMSOL model based on one of the prototypes, and also presents simulation
results and compared them to experimental data. Chapter 6 includes a summary of the results,

conclusions, recommendations, and future work of this research.



Chapter 2

Literature review

As atmospheric CO levels continue to climb, the need to significantly reduce
anthropogenic CO2 emissions becomes more urgent [2]. Among alternative solutions are CO>
sequestration by carbon capture and storage (CCS) and carbon capture and utilization (CCU)
via CO2 conversion into synthetic fuels and chemicals via electrocatalytic, thermocatalytic,
photocatalytic and biological pathways [23]. Producing synthetic fuels by CO> hydrogenation
is of particular interest as this approach allows for CO> recycling while introducing renewable
energy into the industry (via renewable H, generation) [20-22]. While comparing different
pathways, photocatalytic conversion and electrocatalytic reduction have significant potential
but are limited by the low CO: solubility in water and transport limitations [24, 25]. For
biological CO> conversion, large-scale implementation for synthetic fuels production remains
unlikely due to the significant cost of cultivating and maintaining biomass growth systems

[23].

Thermocatalytic conversion of CO, offers the benefits of fast reaction rates and high
conversion efficiencies allowing for compact, high throughput operation [23]. Producing
synthetic CHa via the thermocatalytic conversion of COz involves the Sabatier reaction, Eq (1),
which is accompanied by reverse water gas shift (RWGS) and CO methanation, Egs (2, 3).
When using renewable (or low-carbon footprint) electricity to generate H» via water

electrolysis, the resulting synthetic CH4 can be considered as renewable natural gas (RNG).

CO, +4H, £ CH, +2H,0 AH,, =—164.9 KJ/mol 0



CO, +H, = CO+H,0 AHyy, =+41.2 KI/mol 0

CO+3H, = CH, +H,0 AH;, =—206.1kJ/mol &)

Sabatier reaction, as known as CO, methanation reaction, is a highly exothermic reaction.
For 1 m3h CH4 production rate (STP), 1.8 and 2.3 kWh heat can be released from CO; and
CO methanation respectively [32]. As shown in Figure 6, the thermodynamic equilibrium of
CO2 methanation favors high pressure and low temperature, while it is hard for these
exothermic reactions to reach equilibrium conversions at low temperature [33]. Running under
high temperatures could cause sintering of the catalyst, which further leads to the loss of
structural strength and catalyst deactivation [34]. High CO concentration can cause the

formation of carbonyl and gum, which will also result in catalyst deactivation [34].
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Figure 6. Equilibrium concentration of CO. methanation as a function of pressure (at

temperature=300 °C) and temperature (at pressure =1 bar). Feed composition H2:CO,=4 [32].
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Biogas, though being commonly used in heat and power generation, is also a common CO»-
rich mixture. The utilization of biogas from anaerobic fermentation as a substitute feedstock
to fossil natural gas (NG) also has the potential to reduce CO2 emissions significantly [23].
Such substitute natural gas obtained from non-fossil feedstocks is typically referred to as
renewable natural gas (RNG) [23]. The emitted CO> as a result of the utilization of RNG
combustion is of biological origin thus does not add carbon to the atmosphere. Biogas typically
consists of 50-70% CH4 and 25-45% CO., with some impurities including N2, Oz and H20, as
well as a trace amount of hydrogen sulfide (H.S), dust particles and volatile organic
compounds (VOCSs) including siloxanes and halogenated compounds [4, 5]. The production of
the biogas is affected by the biodegradable organic matter content in the raw material, carbon
to nitrogen ratio of the raw feed stock as well as temperature and pH of the anaerobic digester

[35].

Despite the huge potential of biogas, its utilization as an alternative feedstock still has
several technological challenges [36-38]. The existence of a significant portion of non-
combustible CO2 and N drastically decreases the energy density, making it only suitable for
applications like steam boilers that don’t require high-grade fuel with large calorific value [39,
40]. For example, biogas with 60% CHa content and natural gas has a calorific value of 23
MJ/m3 and 39 MJ/m? respectively [41]. During the compression of biogas for storage and
transportation, CO, may form dry ice under high pressure, resulting in clogging issues of
valves and small tubes [42]. Also, biogas contains trace amounts of contaminants and VOCs

with some of them being hazardous to the environment and processing equipment.
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Commercially available biogas upgrade technologies utilize adsorption, absorption,
cryogenic and membrane separation to upgrade biogas to high-quality biomethane based on
physical or chemical separation of CO> followed by removal of additional impurities including
water vapor, H>S and siloxanes [43]. Depending on the composition of the biogas, a significant
portion of N2 and O can be removed via pressure swing adsorption (PSA) on molecular sieves
or membrane separation [44-46]. Despite the decent performance, high operation costs and
large capital investment associated with the abovementioned technologies limit the economic
viability of biogas utilization on an industrial scale. New upgrade technologies such as
biological methods are still under development. One of the biggest challenges of biological
methanation is that it’s hard for the water and gas phase to have sufficient contact due to the

low solubility of hydrogen in water [47].

An alternative way is direct methanation of biogas, which involves the thermocatalytic
conversion of COz. Producing synthetic CH4 via the thermocatalytic conversion of CO:
involves the Sabatier reaction, Eq. 1, which is accompanied by reverse water gas shift (RWGS)
and CO methanation, Egs. (2, 3). When using renewable (or low-carbon footprint) electricity
to generate H> via water electrolysis, the resulting synthetic CH4 can be considered as
renewable natural gas (RNG). Thermocatalytic conversion of CO. offers the benefits of fast
reaction rates and high conversion efficiencies allowing for compact, high throughput
operation [23]. Also, direct CO> methanation via the Sabatier reaction can eliminate the huge

capital and operating cost of CO> separation.

The process of biogas direct upgrading is conceptually shown in Figure 7. Hz required for

CO2 methanation can be obtained from water electrolysis powered by renewable or (low
12



carbon footprint) surplus electricity since the electrolysis consumes most of the electricity
among all processes [48]. Several different gas cleanings solutions have been suggested and
tested in recent years, such as adsorption on activated carbon and other solid sorbents under
ambient temperature to remove impurities such as H>S, VOCs and siloxanes [48]. After the
cleaning step, pretreated biogas is fed to the Sabatier reactor, e.g., packed bed [49, 50]. A
pipeline grade RNG is obtained from the reactor outlet after water condensation and further
product upgrading (removal of N2 and unreacted CO; and Hy) if required. Electrolysis, as well
as all cleaning, condensation and upgrading stages, are commercially available and the
economic viability of the concept presented in Figure 7 was recently assessed [51]. However,
reactor design and catalyst still present significant technological challenges [49, 50], mainly
due to the significant heat of reaction from the reactor, which leads to sintering of catalyst as

well as conversion limitation due to the thermodynamic equilibrium [48].
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Figure 7. A conceptual diagram of the direct upgrade of biogas or landfill gas into renewable
natural gas (RNG).
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Over the years, many catalytic formulations have been suggested for CO2 methanation,
including supported noble metals and Ni-based formulations. Though Ni is not the most active
metal for methanation, its performance is reasonably sufficient given its low cost [52], e.g.,
CO2 conversion of 81% and CHs selectivity of 96% were reported for 20 wt% Ni/Al2O3
catalyst at 400°C and 55,000 h™* [26]. It has been found that the addition of Yb,Os can
significantly improve the Ni dispersion of Ni/Al.Os catalyst thus improving catalyst stability,
which is one of the major concerns for Ni-based catalysts [53]. Another disadvantage of Ni-
based catalysts is significant CO formation at higher temperatures. CO was confirmed as a
reaction intermediate for Ni-catalyzed methanation reactions [54]. Noble metals such as Ru,
Ir, Rh, Os, Pt and Pd generally have high catalytic activity and excellent resistance against
coking [55]. Ru is known as a good CO> methanation catalyst. Pre-reduced 3 wt% Ru/Al>03
catalyst was reported to have 93% CO> conversion and 100% selectivity to CH4 at 325 °C [26].
The main disadvantage in the use of platinum group metals as catalysts is apparently their high
cost. A recent study showed that under optimal conditions, a commercial Ni catalyst has
catalytic performance similar to that of Ru (e.g., 91% CO2 conversion with 100% CHa

selectivity) also showing excellent stability [51].

With respect to the Sabatier reactor design, excess heat removal poses a significant
challenge due to the highly exothermic nature of the Sabatier reaction. Subsequent reactor
overheating will cause catalyst deactivation by coking and sintering [49, 56] and eventually
lead to serious safety risks. Optimal reactor designs are required to mitigate these challenges.
Various reactor configurations, including fixed bed, fluidized bed and microreactors have been

suggested for the Sabatier reaction. A fixed bed reactor with active cooling (heat exchanger
14



type reactor) is one of the most common designs, with the catalyst being packed within either
the tube or the shell side. This design is relatively simple but requires proper thermal

management and could potentially suffer from a high pressure drop [57].

Figure 8 shows a tubular packed bed reactor design of the Sabatier reactor. This design
adopted a heat exchanger type packed bed reactor cooled by multiple internal cooling tubes.
To maintain a relatively low reactor temperature, molten salt was used as the coolant for this
Sabatier reactor design. Model results indicated that the heat removal is efficient thus CH4

production could be maximized and catalyst deactivation could be further suppressed [49].
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Figure 8. Sabatier reactor design with molten salt cooling [49].

One of the commercial power-to-gas projects, EU’s Helmeth project (Integrated High-
Temperature Electrolysis and Methanation for Effective Power to Gas Conversion) developed
a methanation module that outputs 1-5 m3/h RNG achieving 97% CHa and 2% H. in their final

output composition. This module utilizes two reactors in series operating at 30 bars to produce
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pipeline-quality RNG and operates at an isothermal condition for efficient heat removal, as
shown in Figure 9. Boiling water is used as cooling medium and condensation stages are

introduced between the reactors to maximize CHs yield by removing water production. [58]

COZ +4 Hz W
A
H,O _@_ Isoth. Isoth. Steam

H,0

Figure 9. Schematic of methanation module with two reactors in series.

Another industrial-scale technology was developed by EtoGas, Figure 10. A 6.3 MW
Power to gas plant was built in Germany. The plant consists of power electronics with
rectifiers, water treatment system, hydrogen production (alkaline pressurized electrolysis),
CO- feed gas treatment, methanation reactor, cooling system and ancillary systems. This
methanation reactor also runs under isothermal conditions at around 350°C [59]. A CO;
methanation system based on two actively cooled fixed bed reactors with interstage water
condensation has been developed. The overall methanation efficiency was estimated at 75-

80% and hot spots above 650°C were identified, probably due to the insufficient cooling [57].
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Figure 10. Process diagram of ETOGAS technology [60].

Several experimental reactor designs aimed to achieve isothermal reactor conditions have
been suggested. These alternative configurations include a heat-exchanger type packed-bed
reactor with cooling tube bundles [61], a structured microchannel reactor [62], and a
honeycomb design [63]. While it is easier to design an isothermal methanation reactor, the
finished reactor is more expensive due to the complicated deposition of the metallic structure
and the difficulty of replacing the deactivated catalyst. This catalyst replacement is especially

hard for microchannel or honeycomb reactors.

Another common design is an adiabatic fixed bed reactor. This design usually utilizes inter-
stage cooling and gas recirculation to efficiently manage the reactor temperature. However,
this approach requires multiple reactors with multiple heat exchangers, making the process
integration quite difficult and resulting in high capital and operating costs [50, 64]. Commercial
processes conventionally utilize this design, including systems from Air Liquide, Haldor

Topsge, and Johnson Matthey [64].

Fluidized beds generally offer excellent mass transfer efficiency and hydrodynamic
characteristics [64], as shown in Figure 11 and Figure 12 [65-67]. Since 1952, the process
design of fluidized bed reactors has been investigated and considered the superior methanation

17



reactor design. From 1975 to 1986 a pilot methanation plant was built by Thyssengas and the
University of Karlsruhe [68]. In this pilot plant illustrated in Figure 12, a single fluidized-bed
reactor was used, instead of using multiple adiabatic packed-bed reactors. Some studies found
that fluidized bed reactors have less carbon deposition on the catalyst surface than in fixed bed
reactors and also better tolerance for sulfur compounds in the feed [65, 69]. However, fluidized
bed reactors suffer from attrition and entrainment of the catalyst due to high mechanical stress
between the catalyst particles and the reactor wall [70, 71]. Another disadvantage is that
fluidized beds can only be operated in a narrow range of operating conditions dictated by the
fluidization velocity. Also, the capital cost for fluidized bed reactors is generally higher as

compared to fixed bed designs [65].
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Figure 11. An experimental system comprising a fluidized-bed methanation reactor [65].
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Figure 12. A flow diagram of the methanation process based on a fluidized bed reactor [66].
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Microreactors, including microchannel- and microlith-based reactors, often have a smaller
capacity but offer a compact design, excellent heat management and high efficiency. Typically,
a supported catalyst (e.g., Ru, Rd) is coated on the surface of the microchannel wall or
honeycomb microlith substrate [62, 72-74]. CO2 conversion of 96% with 100% CHjs selectivity
was reported in a microlith Sabatier reactor at 360 °C under 1 atm, with a CO. utilization
capacity calculated as 4 kg CO./day and stable operation for over 1,000 h [73]. Similar results
(91% COz conversion for over 900 h) were reported in a microchannel reactor [74]. In another
study, 99% CO> conversion was reported at 300 °C using an oil-cooled microchannel reactor
[62]. It was also indicated in this study that proper control of temperature distribution is a
crucial factor for optimizing reactor performance. Junaedi et al. reported a 24 mL lightweight
Microlith reactor achieved 88% CO- conversion with excellent stability [72]. This type of
reactor design was suggested mostly for extraterrestrial explorations (Lunar and Martian
missions) for air revitalization and propellant generation [72]. For large-scale applications,
such as RNG generation, the compact design of such reactors imposes a limit on their
production capacity. In addition, catalyst replacement is very difficult and expensive due to the

complicated internal structure [62, 74].
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Figure 13. Characteristics of conventional, long honeycomb monolith and Microlith substrates
of a Microlith-based Sabatier reactor designed for NASA to use in low-earth orbit and long-

term extraterrestrial missions [72].

Three-phase slurry bubble reactors (Figure 14) and plasma-catalytic reactors have also
been reported [64, 75-77]. CO2 conversion of 90% was attained in a three-phase methanation
reactor at 275 °C and 10 bar [77]. The limitations of this reactor design are the gas-to-liquid
mass transfer resistance and the decomposition and evaporation of the heat transfer liquid.
Gotze et al. [78] suggested combining the three-phase design with a honeycomb methanation
reactor, as illustrated in Figure 15. The three-phase methanation reactor can be operated nearly
isothermally in this design. Due to the tolerance to reactor load variations in the three-phase
methanation reactor, the system can be operated under both steady-state and dynamic
conditions. Plasma-catalytic reactors can achieve good energy efficiencies and 75% CO:

conversion was reported in one study at 182 °C [75].
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Figure 15. The hybrid three-phase/honeycomb reactor methanation system [78].

Several studies have reviewed and investigated the viability of the direct catalytic

methanation of biogas and some of the authors reported experimental data on direct catalytic

methanation systems. Witte et al. modeled several processes, including bubbling fluidized bed

and cooled fixed bed as main upgrade reactor [48]. Model results show that both reactor types

demonstrated similar chemical performance, while fixed bed reactor required about three times

more catalyst compared to bubbling fluidized bed reactor. Under 45 bars CH4 content increased

from 22% to 85% after the main fixed bed reactor. With proper energy integration, the

efficiencies from electricity to methane can be as high as 59%. The biomethane product
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generated from the complete process meets the requirement of pipeline injection (>96% CHa).
A pilot plant in Zurich achieved 1100 hours of regular operation with 96% methane yield,
utilizing a bubbling fluidized bed reactor and pretreated biogas sample [79]. Pretreated biogas
was mixed with Hz and preheated to 360 °C before feeding into the reactor inlet. A small
amount of steam was also mixed with the feed stream to prevent coking formation. The product
gas had 88 vol% CHa, 11 vol% H: and 1 vol% CO,. Moderate deactivation caused by organic
sulfur compounds and coking was observed. Another study on direct biogas upgrade adopted
a multi-tube packed bed methanation reactor with tube shell heat exchanger design and
operated for 1000 hours without complications under the favorable conditions [80]. Gas
concentrations at the reactor outlet were measured to be 99% CH4, 0.7% H2 and 0.2% CO:
under 20 bars and Hz: CO2=4, with synthetic biogas of 60% CHa4 and 40% CO.. Pressurized
water (65 bars) was utilized as the coolant for the reactor and the feed stream was preheated

prior to entering the reactor [80].

In the study reported herein, a simple tube-and-shell design was adopted in order to
investigate the possibility of the autothermal operation of a Sabatier reactor, i.e., standalone
operation without any feed preheating or reactor heating. The reactor was made from stainless
steel tubing using standard (Swagelok) connectors and a commercial Ni/Al2Os catalyst. Three
prototypes were investigated with different sizes and configurations. It was demonstrated that,
after the initial feed preheating for ignition, the reactor can be continuously operated as a
standalone autothermal unit, achieving 93% COz conversion and 100% selectivity to CH4
generation using a synthetic biogas feed. The same reactor also delivered 91% CO- conversion

with 100% CHas selectivity using a synthetic biogas feed (without H.S and VOCs) for 100
23



hours of stable operation. Experimental data, including outlet concentrations and temperature
distribution, were collected using an automated system and carefully analyzed. Kinetic
parameters in a Sabatier-RWGS model were estimated and the final prototype reactor was
modeled in COMSOL. An analysis of the collected data is presented, and future perspectives

are discussed.
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Chapter 3

CO2 methanation

3.1 Experimental

3.1.1 Reactor assembly and flow system

A small kinetic reactor built from a 1/4" stainless steel union tee (Swagelok) was used for
isothermal catalyst testing (see Fig. S2 in Appendix B). Three autothermal prototypes (denoted
as Reactor 1, 2 and 3) were assembled scaling up gradually from 0.25"” to 0.5"” and 1” OD
(outer diameter). A commercial reforming catalyst (12 wt% Ni/Al>Os, BASF, supplied by
Research Catalysts, Inc. USA) was used in all reactors. Catalyst pellets were crushed and
sieved to 0.275-0.425 mm for the kinetic reactor and Reactors 1 and 2 and to 0.7-1 mm pellets
for Reactor 3. Reactors 1, 2 and 3 (Figure 16) were designed to be operated without external
heating with the reactor temperature maintained by the heat released from the Sabatier reaction.
Feed preheating was only used for initial ignition and to investigate the effect of the feed

temperature.

All details are provided in Appendix B (see Figs S3-5). Briefly, Reactor 1 was a small
packed bed built from a short piece of 0.25" stainless steel tubing with 1.4 g of catalyst loaded
inside. A furnace was used for feed preheating and no active cooling was used given the small

reactor size.
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Figure 16. Schematic diagrams of Reactors 1 (a), 2 (b) and 3 (c) showing the direction of flow

and locations of thermocouples.
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Reactor 2 was made from a 4” long 1/2" OD stainless steel tube, with a piece of 1/4” OD
tube placed inside (tube-and-shell) to provide active cooling. 7.2 g of catalyst was packed
inside the shell side and multiple thermocouples were used to monitor the reactor temperature.
63 g of catalyst was loaded inside the shell side of Reactor 3 made from 1” OD stainless steel
tube and additional fittings connected to the reactor body. The cooling tube OD was 1/4”. All
reactors were tested using an automated flow system (see Fig. S1 in Appendix A). All details
are provided in Appendix A. Briefly, the system comprises mass flow controllers, a
temperature-programmable furnace, a back pressure regulator, pressure transducers, water and

humidity traps, an infrared gas analyzer for exhaust gas analysis.

Table 1. Dimensions of the three prototype reactors.

Reactor 1 Reactor 2 Reactor 3
Outer diameter, in 0.25 0.5 1
Active bed length, in 3.5 5 9
Catalyst loading, ¢ 1.4 7.2 63

3.1.2 Catalytic performance evaluation

A Kinetic reactor (Fig. S2) was used for isothermal reaction tests. In each experiment, a
fresh catalyst was first reduced at 450 °C under a flow of H2 (200 mL/min) for 1 h. After that,
the reaction mixture was introduced and the temperature was reduced stepwise. At each step,
the reaction was conducted for 2 h to insure that a steady-state was attained. Concentrations of

CO3, CH4 and CO were continuously monitored using an automated flow system (see Appendix

27



A). Gas hourly space velocity (GHSV) and feed composition are defined by Eqgs (4, 5). Overall
CO- conversion and CHjs selectivity are calculated by Eq. (7). Carbon balance is calculated by
Eq. (8) (see Appendix D for derivation). In all experiments carbon balance was continuously
calculated and monitored. Deviations did not exceed 5%, i.e., the carbon balance was in the

CB =0.95-1.05 range.

GHsV =2 (4)
Wc
F
o = Fszf (5)
CO,, f
f _ l:CO,out _ yco
1= =
FCOZ,f (yCO + yCO2 + yCHA) (6)
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The experimental errors in the reaction tests are divided into two categories: systematic
errors and random errors. Systematic errors in reaction tests are errors caused by the
instrumentation, including calibration of mass flow controllers, calibration of IR analyzer,

measurements of temperature, pressure and weight. Random errors are unpredictable errors
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caused by the environment and can affect the precision of the measurement. The relative
standard deviation of the calibration of mass flow controllers and IR analyzer were found to
be £1.50% and +6.6% respectively calculated from repeated measurements at different set
points. The uncertainty in the experiment is illustrated by error bars calculated from three

repeated tests (Figure 17).

3.1.3 Reactor ignition

The procedure for reactor ignition includes three steps: pre-heating and catalyst reduction,
reaction ignition and switch to a predetermined set of operating conditions. The catalytic bed
has to be preheated to 320-350 °C prior to ignition. An electric oven or a heating tape (see
Appendix B) was used for initial preheating and reduction using a 10% H2/N2 mixture. When
the ignition temperature was reached, the 10% H2/N2 mixture was changed to a CO2/Hz mixture
with a 1:4 ratio (o = 4). After CH4 was detected in the exhaust gas by the IR analyzer, indicating

the onset of ignition, the oven (heating tape) was turned off.

3.1.4 Reactor performance evaluation

After the initial ignition and stabilization of temperatures, the reactor performance was
evaluated as a function of feed temperature, space velocity, pressure and coolant flow rate.
Space velocity and feed ratio are defined by Egs (4, 5). Conversion, selectivity and carbon
balance are calculated by Egs. (6-8). Temperatures and concentrations (CO2, CHs and CO)

were continuously monitored and recorded using an automated flow system (Appendix A).
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3.2 Results and discussion

3.2.1 Performance of Ni/Al203 catalyst
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Figure 17. Ni/Al,O3 performance in the kinetic reactor as a function of temperature (a) and
stability test (b), equilibrium conversion shown in dashed line [32]. Parameters: P = 3 bar,
H2:CO2 = 4, GHSV = 30,000 L/(kg h) (a), GHSV = 100,000 L/(kg h) and T =400 °C (b).
Pictures of fresh and spent (after stability test) catalyst are shown in (c) and (d), respectively,

test conducted in kinetic reactor.

Catalyst performance in terms of conversion and selectivity as a function of temperature is

shown in Figure 17a. CO2 conversion started to increase dramatically from 300 °C, and
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gradually stabilize around 85% after reaching 425 °C, which is almost equal to the equilibrium
conversion. Under the particular conditions of this test, the optimal temperature range is 400-
450 °C, where the CO2 conversion is above 80% and the nearly complete selectivity to CH4
formation was achieved. The stability test is shown in Figure 17b. Both conversion and
selectivity remain stable. Pictures of the fresh and spent catalysts are shown in Figure 17c,d.
The color change is due to the catalyst reduction (metallic Ni has a darker color than Ni oxide).
After verifying the catalytic performance of the Ni/Al>Oz catalyst, three reactor prototypes
were tested, gradually increasing the reactor size and catalyst amount (see Appendix B for

detailed description and pictures of the prototypes).

3.2.2 Reactor performance investigation
3.2.2.1 Reactor 1

Reactor ignition is shown in Figure 18. During the first 5 h, the reactor was heated and the
catalyst was reduced using the oven-preheated 10% H>/N2 mixture. Note that the temperatures
stabilize after ca. 2 h, but an additional 3 h was given for efficient catalyst reduction. Ignition
takes place immediately after changing the reduction mixture to the reaction mixture at ca. 5
h, as evident from the sharp rise of the temperatures and appearance of CH4 and CO signals.
Both inlet and outlet reactor temperatures increase simultaneously, while the outlet
temperature jump is much more significant. This observation probably indicates that the
ignition occurs closer to the reactor outlet. Note that the length of the catalytic bed in Reactor
1is 9 cm (see Appendix B for reactor configuration details). The fact that there is a small jump

in the feed temperature (a thermocouple was in contact with the inlet tube wall, see the
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schematic in Figure 18) indicates that there is a significant axial conductivity against the

direction of the flow.
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Figure 18. Mole fractions in the reactor outlet (off gas) and reactor temperature profiles during
the reactor ignition. Parameters: P = 1 bar, H2:CO2 = 4, GHSV = 35,000 L/(kg h).

After ignition, the feed temperature was reduced to 100 °C, the pressure was increased to
7 bar (high pressure is favorable for Sabatier reaction) and the reactor was left until
stabilization of temperatures and outlet mole fractions. After that, the feed temperature was
gradually increased to 400 °C, while ensuring steady-state stabilization at each step. The results
are shown in Figure 19a,b. No significant effect on conversion and selectivity was found. The
selectivity to CH4 generation remained nearly 100% and the CO. conversion dropped slightly
from 92% to 90%, Figure 19a. It is interesting that for T+ = 100 °C when the inlet/outlet reactor

temperatures are ca. 270-275 °C, the conversion is 92%, which is not expected for such low
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temperatures. A possible explanation is that a hot spot was located in the middle of the reactor.
Therefore, axial temperature gradients are very significant even for such a small catalytic bed

(0.25" OD, 3.5" L, 1.4 g catalyst).
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Figure 19. Effect of feed temperature and space velocity on the reactor performance and
temperatures. Parameters: P = 7 bar, H.:CO2 =4, GHSV = 35,000 L/(kg h) (a, b), Tf=120 °C
(c, d).

Interestingly, the increase in both the inlet and outlet temperatures was very substantial,
with the inlet temperature being significantly higher, Figure 19b. Another interesting

observation is that, while there was virtually no difference between the inlet and outlet reactor
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temperatures at Ts = 100 °C and this difference increases with increasing feed temperature.
The effect of space velocity (for Tf = 120 °C) is shown in Figure 19c,d. Although the reactor
temperatures increase very significantly with increasing space velocity (due to a higher rate of
heat generation), the change in conversion is rather minor. Probably the most important
observation from this set of experiments is that the 90-93% conversion and ca. 100% selectivity
is maintained in the 20,000-45,000 L/(kg h) and Tf = 100-400 °C range when the axial
temperature gradient varies very significantly. These findings emphasize the importance of

investigations of spatially distributed reactors, even at a laboratory scale.

3.2.2.2 Reactor 2
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Figure 20. Reactor temperatures and outlet mole fractions during Reactor 2 ignition.
Parameters: GHSV = 16,000 L/(kg h), H2:CO2 =4, P =1 bar, Q¢ = 0 L/min.

The ignition process of Reactor 2 looks quite different from that of Reactor 1, which can
be attributed to the larger size of this reactor (0.5” OD, 5” L, 7.2 g of catalyst). The reaction
mixture was introduced when the inlet temperature reached ca. 280 °C immediately resulting
in reactor ignition as evident from the appearance of CH4 signal. Only a very small, nearly
negligible signal of CO was detected, as opposed to Reactor 1 ignition. Upon ignition, the inlet
temperature increased from 280 °C to ca. 520 °C, while the outlet temperature went up by only
ca. 100 °C. The feed preheating oven was turned off after ignition until the feed temperature

gradually decreased to room temperature, Figure 20.
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Figure 21. Reactor performance as a function of feed temperature and space velocity.
Parameters: H2:CO2 = 4, Q¢ = 0.8 L/min (countercurrent flow); GHSV = 16,000 L/(kg h), P =
3 bar (a, b); P =7 bar, no feed preheating, countercurrent cooling (c, d).

The effects of feed temperature and space velocity are shown in Figure 21. During these
experiments, the cooling was set in the countercurrent configuration with a cooling rate of 0.8
L/min. The selectivity to CH4 generation was maintained at 100% under all conditions. With
the increase of feed temperature in the 100-400 °C range, the conversion was 78% with a minor
drop to 70% at 450 °C, Figure 21a. The reactor temperatures did not change very significantly,

although a certain trend with a maximum at T = 200-300 °C can be seen. The inlet temperature
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was significantly higher. The lower conversion was attributed to a lower reactor pressure,

which was subsequently increased to 7 bar (similar to Reactor 1).

The effect of space velocity was investigated at 7 bar and T¢ = 20 °C, Figure 21c,d. There
is ca. 10% conversion drop in the 8,000-33,000 L/(kg h) range, with the maximum CO-
conversion of 91% obtained at the lowest space velocity (expected), Figure 21c. The selectivity
to CHa production was 100% in the entire range. With the increase of space velocity, the reactor
inlet temperature increased significantly (from 180 to 320 °C), while the outlet temperature

remained at 40-50 °C, Figure 21d.

The effect of reactor pressure is shown in Figure 22a,b. As expected, the CO> conversion
gradually increases (from 77% to 85%) as the reactor pressure is increased from 1 to 7 bar. No
CO formation was observed. There is also a small decline in the outlet temperature, which is
also significantly lower than the inlet reactor temperature. Since the inlet temperature was only
ca. 210 °C and 77-85% conversion cannot be achieved for such a low temperature, it can be
concluded a hot spot formed between the inlet and outlet. This observation emphasizes the

importance of the axial temperature gradients.
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Figure 22. Reactor performance as a function of pressure and cooling flow rate. Parameters:
Ts=20 °C, H2:CO2 = 4; Q¢ = 0.8 L/min (countercurrent flow), GHSV = 16,000 L/(kg h) (a, b);
P =3 bar, GHSV = 8,000 L/(kg h) (c, d).

The effect of the cooling rate is shown in Figure 22c,d. The efficiency of cooling is evident
from Figure 22d. As the cooling rate increases in the 0-2.5 L/min range, the inlet temperature
drops from 370 °C to 220 °C and there is a decline in the outlet temperature as well. However,

the effect of cooling on the conversion is rather minor, Figure 22c.
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3.2.2.3 Reactor 3

For Reactor 3, which comprised 63 g of catalyst (1” OD, 9” L catalyst bed), additional
thermocouples were installed, including the two thermocouples in contact with the external
reactor wall (see Fig. S5 and Appendix B for details). Reactor ignition is shown in Figure 23.
Note that the reduction time was increased due to a relatively large amount of catalyst as
compared to the other two prototypes. The onset of ignition is clearly observable from the
appearance of the CH4 signal and a sharp increase of the reactor inlet temperature (Tin) and

corresponding cooling compartment temperature (Tc1).
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Figure 23. Reactor temperatures and outlet composition during Reactor 3 ignition.

Parameters: H:CO2 =4, P = 1 bar, GHSV = 2,000 L/(kg h), Qc = 0 L/min.
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Figure 24. Reactor 3 performance as a function of feed temperature and space velocity.
Parameters: P = 11 bar, H2:CO2 = 4, Q¢ = 0.8 L/min (cocurrent flow); GHSV = 2,000 L/(kg
h) (a, b); no feed preheating (c,d).

The effects of feed temperature and space velocity are shown in Figure 24. Increasing the
feed temperature results in a nearly linear increase of all temperatures except for the effluent
temperature (Te) and a 5% drop in conversion, Figure 24a,b. Increasing the space velocity has
a similar effect, Figure 24c,d, but the increase in reactor temperatures is not linear. Such
behavior is expected, as reaction heat generation is a non-linear process as opposed to feed
preheating, which is linear. The inlet temperature (Tin) Starts to decrease at a certain space

velocity, Figure 24d, indicating that at this point the cooling effect of the inlet stream is more
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significant than the heat generation effect. Except for GHSV = 5,000 L/(kg h), the selectivity
to CH4 formation was nearly complete and the CO> conversion remained in the 82-90% range
in this set of experiments. As it can be seen from Figure 24b, the inlet/outlet reactor
temperatures (Tin and Tou) are virtually identical to the corresponding coolant temperatures
(Tc1 and Tc2). On the other hand, for increasing space velocity the difference between Tin and
Tc1 becomes significant, Figure 24d. Values of the wall temperatures (Twi1 and Tw2) clearly
show that there is a downstream-declining axial temperature gradient, which can be attributed
to the heat losses, which are significant even for a relatively thick insulation layer used (Fig.

S5).

The effects of the cooling rate and direction are presented in Figure 25 which compares
cocurrent (CC) and countercurrent (CNC) configurations in a range of cooling flow rates. Note
that the reactor was operated completely autothermally in this set of experiments, with no feed
preheating (except for initial ignition). Inlet reactor temperatures (Tin and Tc1) do not depend
significantly on the cooling direction, indicating that the inlet reactor temperature is mainly
determined by the heat release from the Sabatier reaction. As the cooling rate increases, both
inlet temperatures (Tin and Tc1) decline. Note that Tc1 was substantially higher than Tin, due to
a relatively high space velocity used in this set of experiments. As opposed to the reactor inlet,
the outlet reactor temperatures (Tout and Tco) differ quite significantly, depending on the
operation mode. As expected, the outlet temperatures for the cocurrent cooling mode are

significantly higher than those for the countercurrent cooling.
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Figure 25. Effects of the cooling rate and direction (CC — cocurrent flow; CNC —
countercurrent flow) on the reactor temperatures and reactor performance (in terms of
conversion and selectivity). Parameters: P = 11 bar, H2:CO, = 4, GHSV = 4,300 L/(kg h), no
feed preheating.

Regarding the reactor performance, the CHas selectivity was nearly 100% under all

conditions for this set of experiments, with a minor improvement from 99.5% to ca. 100% for
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increasing cooling rates. There is ca. 2% CO: conversion improvement for the cocurrent
operation mode. It is interesting that, although quite significant temperature changes were
observed at the reactor outlet, the cooling mode did not affect CO2 conversion to a significant
extent. Similar to the previous observations for Reactors 1 and 2, the reactor performance is

quite robust with respect to significant variations in the reactor temperature distribution.

3.2.2.4 Stability

Stability is an important aspect of catalytic performance often overlooked in laboratory
studies. It is of particular importance to investigate the catalyst stability in a spatially
distributed reactor with axial temperature gradients. From a practical standpoint, reactor
stability is clearly of crucial importance and poor reactor stability will increase maintenance

and operating costs significantly (e.g., for catalyst replacement).
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Figure 26. Reactor 2 stability test, showing the carbon balance, conversion, selectivity and
reactor temperatures. Parameters: H2:CO, = 4, GHSV = 2,400 L/(kg h), P = 7 bar, Q. = 0.4
L/min (countercurrent flow), no feed preheating (after ignition).
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Figure 26 shows the stability test for Reactor 2. After initial ignition, the reactor was
operated autothermally, i.e., with no feed preheating. CO, conversion of 89% was achieved
with 100% selectivity to CHs generation. Carbon balance was ca. 100% throughout the

experiment (118 h). The reactor inlet and outlet temperatures were stable.

Figure 27 shows the stability test for Reactor 3. Similar to Reactor 2, the reactor was
operated completely autothermally, i.e., with no feed preheating (after initial ignition). CO>
conversion of 93.5% was achieved with 100% selectivity to CH4 generation. Carbon balance
was ca. 100% throughout the duration of the experiment (120 h). All reactor temperatures were
stable. The inlet reactor temperature (Tin) Stabilized at ca. 510 °C, with a slightly lower
corresponding coolant temperature (Tc1) of ca. 495 °C. The wall temperatures (Tw1 and Tw2)
stabilized at 360 °C and 280 °C, respectively, indicating significant heat losses through the
reactor wall. The outlet reactor temperature (Touwr) Was 305 °C, with a slightly higher
corresponding coolant temperature (Tc2) of 320 °C. The effluent temperature (Te) stabilized at
160 °C, pointing again to significant heat losses. Another 400-hour long-term stability result
is shown in Fig. S16 (see Appendix E). This stability test consists of 9 pieces of short-term
(ranges from 20 to 100 hours each test) stability results collected after multiple ignition-

shutdown cycles. The reactor was still stable over a total of 400 hour period.
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Figure 27. Reactor 3 stability test, showing the carbon balance, conversion, selectivity and
reactor temperatures. Parameters: H2:CO. = 4, GHSV = 2,400 L/(kg h), P = 14 bar, Q¢ = 2

L/min (cocurrent flow), no feed preheating (after ignition).
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Chapter 4

Direct biogas upgrade

4.1 Experimental

4.1.1 Reactor assembly and flow system

A commercial reforming catalyst (12 wt% Ni/Al2Os, BASF, supplied by Research
Catalysts, Inc. USA) was used in all reactors since the performance and stability have been
well demonstrated by previous work in this project. 0.8 g catalyst was loaded into a piece of
2" long 1/4" OD stainless steel tube (see Fig. S6 in Appendix C) for catalyst testing with raw
biogas samples (raw biogas samples supplied by industrial partners, IGRS). Three autothermal
prototypes (denoted as Reactor 1, 2 and 3) were assembled scaling up gradually from 0.25" to
0.5” and 1” OD (outer diameter), the sizes shown in Table 1. Catalyst pellets were crushed and
sieved to 0.275-0.425 mm for the small reactor and Reactors 1 and 2 and to 0.7-1 mm pellets
for Reactor 3. Reactors 1, 2 and 3 (Figure 28) were designed to be operated without external
heating with the reactor temperature maintained by the heat released from the Sabatier reaction.
Feed preheating was only used for initial ignition and to investigate the effect of the feed
temperature. The three autothermal prototypes are the same reactor utilized in Chapter 3, with

minor modifications on the outside, i.e., thermal insulation and placement of thermocouples.

All details are provided in Appendix C (see Figs S7-9). Briefly, Reactor 1 was a small
packed bed built from a short piece of 0.25" stainless steel tubing with 1.4 g of catalyst loaded
inside. A furnace was used for feed preheating and no active cooling was used given the small

reactor size.
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Figure 28. Schematic diagrams of Reactors 1 (a), 2 (b) and 3 (c) showing the direction of flow

and locations of thermocouples.
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Reactor 2 was made from a 4” long 1/2"” OD stainless steel tube, with a piece of 1/4” OD
tube placed inside (tube-and-shell) to provide active cooling. 7.2 g of was packed inside the
shell side and multiple thermocouples were used to monitor the reactor temperature. 63 g of
catalyst was loaded inside the shell side of Reactor 3 made from 1” OD stainless steel tube and
additional fittings connected to the reactor body. The cooling tube OD was 1/4”. All reactors
were tested using an automated flow system (see Fig. S1 in Appendix A). All details are
provided in Appendix A. Briefly, the system comprises mass flow controllers, a temperature-
programmable furnace, a back pressure regulator, pressure transducers, water and humidity

traps and an infrared gas analyzer and a microGC for off-gas analysis.

4.1.2 Raw biogas upgrade performance study

Raw biogas upgrade tests were conducted in a 2” long 1/4” OD stainless steel tube packed
bed reactor (Fig. S6). In each experiment, a fresh batch of catalyst was first reduced at 450 °C
under a flow of Hz (200 mL/min) for 1 h. After initial reduction, the H2-biogas mixture was
introduced to the reactor, and the temperature was reduced stepwise. In one of the stability
tests, lab-prepared synthetic biogas was fed instead of raw biogas to evaluate the possibility of
studying the catalytic performance without the need for a real sample, since the raw biogas
samples contain poisonous H»S content and are difficult to transport. The compositions of raw
and synthetic biogas are shown in Table 2 and Table 3. At each step, the reaction was
conducted for 2 h to ensure that a steady state was attained. Concentrations of CO,, CHs and
CO were continuously monitored using an automated flow system (see Appendix A). Gas

hourly space velocity (GHSV) and feed composition are defined by Egs (9, 10). CO:
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conversion and CHjs selectivity are calculated by Eqgs. (11, 12). Carbon balance is calculated

by Eq. (13) (see Appendix D for derivation).

Table 2. Raw biogas specifications (provided by industrial partners, IGRS).

CH4 CO; N2 (oF} H.O H»S VOC

42%vol.  29%vol.  23% vol. 4% vol. 2% vol. 600 ppm 3000 ppm

Table 3. Synthetic biogas composition.

Synthetic biogas type CHa CO2 N2 O2
Air balance 42.9% vol. 29.8% vol. 21.6% vol. 5.7% vol.
N balance 42.9% vol. 29.8% vol. 27.3% vol.
GHSV =& 9)
WC
I:Hz,f
a =
FCOZ,f
F H,,f I:CH f
f=ot— = 10
FCH4,f +FC02,f FC,f ( )
y= FCH4 f
I:coz f
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4.1.3 Reactor ignition

The reactor ignition procedure is the same as described in 3.1.3. The procedure for reactor
ignition includes three steps: pre-heating and catalyst reduction, reaction ignition and switch
to a predetermined set of operating conditions. The catalytic bed has to be preheated to 320-
350 °C before ignition. An electric oven or a heating tape (see Appendix C) were used for initial
preheating and reduction using a 10% Hz/N2 mixture. When the ignition temperature was
reached, the 10% Hz/N2 mixture was changed to a CO2/H2 mixture with a 1:4 ratio (o = 4).
After CH4 was detected in the off-gas by the IR analyzer, indicating the onset of ignition, the

oven (heating tape) was turned off.

4.1.4 Reactor performance evaluation

After the initial ignition and stabilization of temperatures, the pure CO- feed is switched to
the synthetic biogas feed. The reactor performance was evaluated as a function of feed
temperature, space velocity, coolant flow rate. Space velocity and feed ratio are defined by Eqgs

(9, 10). Conversion, selectivity and carbon balance are calculated by Egs. (11-13).
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Temperatures and concentrations (CO2, CH4 and CO) were continuously monitored and
recorded using an automated flow system (Appendix A). Carbon balance was continuously

calculated and monitored in all experiments.

4.2 Results and discussion

4.2.1 Raw biogas upgrade performance of Ni/Al20s catalyst
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Figure 29. Ni/Al>O3 performance as a function of temperature (a, b) and stability test (c) using
both raw and synthetic biogas as feed (Bal — balance, Syn — synthetic, AC treated — activated
carbon treated). Parameters: GHSV=3,000 L/(kg h) (a, b), T=350°C (c), H2:CO2=4, P=1 bar.
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The catalytic performance in terms of conversion and selectivity as a function of
temperature is shown in Figure 29a,b. Regardless of the feed, CO2 conversion started to
increase rapidly from 250 °C and reached the peak at 350 °C, then gradually went down from
~85% to 70%. Commercial Ni catalyst was able to deliver at least 80% CO. conversion
between 300-400 °C while maintaining complete selectivity to CHs. Overall N2 balance
synthetic biogas was found to have the highest CO> conversion among all mixtures, while raw
biogas and air balance biogas shared very similar conversion curves slightly below N2 balance
synthetic biogas. N2 balance synthetic biogas feed also showed the highest conversion at 93%
in the stability tests, followed by raw biogas and air balance synthetic biogas, Figure 29c. CO2
conversion gradually decreased from 84% to 69% due to catalyst poisoning caused by sulfur
compounds in raw biogas. A column filled with activated carbon pellets was used to address
this issue and significant deactivation was no longer observed after flowing raw biogas through
the column before entering the reactor, Figure 29c. Due to the limitation of storage,
transportation and supply pressure of the raw biogas, future investigation of the reactor
performance required a substitute mixture sharing similar properties and composition as
purified biogas. Figure 29¢ again demonstrated the similarities between air balance synthetic
biogas and activated carbon treated biogas. It is concluded that air balance synthetic biogas can
be used as a treated biogas substitute without affecting results significantly, thus all later
prototype reactor testing utilized air balance synthetic biogas feed (see Appendix C for detailed

description and pictures of the prototypes).
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4.2.2 Reactor performance for direct biogas upgrade
4.2.2.1 Reactor 1

The ignition procedure was identical to the procedure described in 3.1.3. Reactor ignition
is shown in. During the first 5 h, the reactor was heated and the catalyst was reduced using the
oven-preheated 10% H>/N2 mixture. Note that the temperatures stabilize after ca. 2 h, but an
additional 3 h was given for efficient catalyst reduction. Ignition takes place immediately after
changing the reduction mixture to the reaction mixture at ca. 5 h, as evident from the sharp rise
of the temperatures and appearance of CHs and CO signals. Both inlet and outlet reactor
temperatures increase simultaneously, while the outlet temperature jump is much more
significant. This observation probably indicates that the ignition occurs closer to the reactor
outlet. Note that the length of the catalytic bed in Reactor 1 is 9 cm (see Appendix C for reactor
configuration details). The fact that there is a small jump in the feed temperature (a
thermocouple was in contact with the inlet tube wall, see the schematic in Figure 30) indicates

that there is a significant axial conductivity against the direction of the flow.
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Figure 30. Mole fractions in the reactor outlet (off gas) and reactor temperature profiles during
the reactor ignition. Parameters: P = 1 bar, H2:CO = 4, GHSV = 35,000 L/(kg h).

The preheat temperature was gradually reduced to room temperature at a step of 100 °C
after the ignition, to examine the effect of feed temperature. It is shown that feed temperature
had little effect over CO2 conversion, Figure 31a, despite over 450 °C difference. Due to the
additional CH4 and N2 content in the synthetic biogas, the space velocity had to be significantly
increased, in order to generate enough heat to prevent reaction extinction. CO conversion first
increased from 56% to 62%, then gradually went down to 58% until the feed was no longer
preheated, while CHg selectivity fluctuated between 65-80%, likely due to the short residence
time. It is interesting that with inlet temperature dropped from 400 °C to 140 °C, the

temperature at the reactor outlet maintained around 500 °C, Figure 31b. It could be explained
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by a possible formation of a hotspot at the center of the reactor where the reaction rate was

faster, causing the reactor to have a significant axial temperature gradient.
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Figure 31. Effect of feed temperature and space velocity on the reactor performance and
temperatures. Parameters: P = 1 bar, H2:CO2 = 4, CH4:CO, = 1.43, GHSV = 133,000 L/(kg h)
(a, b), Tr=30 °C (c, d), air balance synthetic biogas feed.

Figure 31c and Figure 31d show the effect of space velocity with the synthetic biogas feed.
It is expected that both CO. conversion and CHs selectivity went up slightly as the space
velocity decreased, while the temperature gap between reactor inlet and outlet temperature

slowly reduced from ~450 °C to 150 °C. This finding indicates the reaction might take place
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mainly in a different part of the reactor, compared to the pure CO, feed mentioned in Chapter
3, Figure 19d. Maximum CO: conversion of 68% was achieved at the lowest tested space
velocity 40,000 L/(kg h), which is notably lower than the conversion with pure CO; feed. Given
the small capacity of Reactor 1, it is more important to achieve an autothermal operation with

the reactor and to gain insights for future investigation.

4.2.2.2 Reactor 2

0.5 r 800
[ —CH, ignition —T
04  —CO: L
[ 600
< —cCo & I
= ! o
8 03[ 5 7
‘o COz+H; feed £ 400
g 02 [ 2
[ N;+H; @ [
o1 | feed 200
0 " 0
0 1 2 3 4
Time, h
Tw;  Tw,

Figure 32. Reactor temperatures and outlet mole fractions during Reactor 2 ignition.
Parameters: GHSV = 16,000 L/(kg h), H2:CO2 =4, P =1 bar, Q¢ = 0 L/min.

The ignition procedure was identical to the procedure described in 3.1.3. The ignition
process of Reactor 2 looks quite different from that of Reactor 1, which can be attributed to
the larger size of this reactor (0.5” OD, 5" L, 7.2 g of catalyst). The reaction mixture was
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introduced when the inlet temperature reached ca. 280 °C immediately resulting in reactor
ignition as evident from the appearance of CHs signal. Only a very small, nearly negligible
signal of CO was detected, as opposed to Reactor 1 ignition. Upon ignition, the inlet
temperature increases from 280 °C to ca. 520 °C, while the outlet temperature increases by
only ca. 100 °C. The feed preheating oven was turned off after ignition until the feed

temperature gradually decreased to room temperature, Figure 32.
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Figure 33. Reactor performance under effect of feed temperature and space velocity.
Parameters: H2:CO2 = 4, CH4:CO2 = 1.43, Q¢ = 0.25 L/min (countercurrent flow); GHSV =
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22,000 L/(kg h), P = 3 bar (a, b); P =11 bar, no feed preheating, countercurrent cooling (c, d),
air balance synthetic biogas feed.

The effects of feed temperature and space velocity are shown in Figure 33. A substantial
conversion increase from 52% to 70 % was observed when feed temperature dropped from
460 °C to 420 °C, and the CO. conversion kept going up for another 3% until preheating
completely stopped, Figure 33a. The selectivity to CH4 was maintained at 100% under all
conditions. Reactor temperatures gradually went up as feed temperature decreased from 460 °C
to 250 °C, then went down slightly with the feed temperature. Again, a significant temperature
gradient was observed along the reactor, Figure 33b, showing a maximum of 300 °C gap

between reactor inlet and outlet.

The space velocity was increased step by step after turning off the preheater and increasing
pressure to 11 bars. Similar to Reactor 1, CO. conversion went up slightly from 81% to 90%
as the space velocity decreased, which could be caused by having a longer residence time at
low space velocity to form CH4 as CO2 methanation is commonly known to have two reaction
steps [81]. Temperatures inside and on the surface of the reactor all increased significantly
with the increase of space velocity, caused by the highly exothermic Sabatier reaction, Figure
33d. However, this result was quite different from the data obtained with pure CO; feed in
Chapter 3 (temperature at the reactor outlet decreased as space velocity went up), indicating

the reaction might mainly take place in a different location inside the reactor.

Figure 34 demonstrates the performance of the reactor as a function of pressure and coolant
flow rate. The pressure was increased to 11 bar step by step (high pressure is favorable for

Sabatier reaction) and the reactor was left until stabilization of temperatures and outlet mole
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fractions. As expected, the CO> conversion gradually increases (from 75% to 90%) as the
reactor pressure is increased from 3 to 11 bar and CO formation was not observed. Also, the
slope of the CO> conversion declined as the pressure went higher, indicating the optimal
operating pressure is probably around 10 — 15 bar. Despite the increase in CO2 conversion,
temperatures on the surface and at the outlet stayed almost unchanged, and the inlet

temperature went from 360 to 400 °C, Figure 34b.
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Figure 34. Reactor performance as a function of pressure and cooling flow rate. Parameters:
No preheat, H2:CO2 = 4, CH4:CO; = 1.43, GHSV = 11,000 L/(kg h); Qc = 0.25 L/min

(countercurrent flow) (a, b); P = 11 bar(c, d), air balance synthetic biogas feed.
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Because of its larger volume and better thermal insulation, Reactor 2 was able to handle a
higher feed flow rate, while generating much more heat inside. Ideally Sabatier reactors should
operate under lower temperatures, reducing the extent of catalyst deactivation by coking and
having higher equilibrium conversion. The effect of cooling on reactor performance is
illustrated in Figure 34c,d. As the cooling rate increased from 0.25 to 2.5 L/min, the inlet
temperature showed a steep drop from 400 to 220 °C, while surface and outlet temperatures
slowly declined. During the test CH4 selectivity stayed at 1 and CO2 conversion decreased

from 91 to 86%.

4.2.2.3 Reactor 3

The ignition procedure was identical to the procedure described in 3.1.3. For Reactor 3,
which comprised 63 g of catalyst (1” OD, 9” L catalyst bed), additional thermocouples were
installed, including the two thermocouples in contact with the external reactor wall (see Fig.
S9 and Appendix C for details). Reactor ignition is shown in Figure 35. Note that the reduction
time was increased due to a relatively large amount of catalyst as compared to the other two
prototypes. The onset of ignition is clearly observable from the appearance of the CH4 signal
and a sharp increase of the reactor inlet temperature (Tin) and corresponding cooling

compartment temperature (Tcz).
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Figure 35. Reactor temperatures and outlet composition during Reactor 3 ignition.
Parameters: H2:CO2 = 4, P = 1 bar, GHSV = 2,000 L/(kg h), Qc =0 L/min.

Figure 36 shows the effect of feed temperature on reactor performance. As the feed

temperature reduced from 600 to 300 °C, inlet temperature slowly increased from 630 °C to

660 °C, followed by a 70 °C jump to 730 °C after the feed temperature reached 200 °C. Surface

temperatures (Tw) and other measuring locations showed a similar trend, slowly trending

upward and stabilized below 300 °C, Figure 36a,c. Figure 36b shows the axial temperature

profile along the reactor, the location of the thermocouples demonstrated in Figure 36e. As

shown in the figure, the temperature of the reactor increased significantly close to the inlet (at

5-inch length), and gradually decreased as the flow went further along the reactor (5-8 inches).
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Right after the reactor outlet (9-inch), the temperature decreased significantly from 400 °C to

300 °C, then slowly went back. It seems most parts of the reactor stayed around 400-450 °C,

which is more than enough for the Sabatier reaction. Similar to previous results, the effect of

feed temperature on reactor performance was minor.
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biogas feed. Locations of the wall thermocouples illustrated in (e), arrow indicating the flow
direction.
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Figure 37. Temperature profile and reactor performance between pure CO2 and air balance
biogas feed. Parameters: No preheat, P=11 bars, H2:CO.=4, Coolant flow rate= 0 L/min;
CH4:C02=1.43, GHSV= 2,100 L/(kg h) (air balance biogas), GHSV= 1,600 L/(kg h) (pure
COy).

To avoid frequent ignition-shutdown cycles of the reactor, the feed was switched to a low
flow rate of 1:5 CO2/H> mixture to keep the reactor operating and maintain reactor temperature
between experiments. The temperature profile during the switching process is shown in Figure
37. Interestingly, inlet temperature had a significant drop right after the feed switch, despite
almost the same amount of CO, and H being fed to the reactor. In the meantime, CO>
conversion went up slightly, from 96% to almost 100%. Given the existence of Oz in the air
balance synthetic biogas, a possible explanation for this phenomenon could be CH4 or H;
reacted with Oz, which are both highly exothermic. To examine the effect of O, two identical

space velocity tests (air balance synthetic biogas and nitrogen balance synthetic biogas) were
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conducted, and the results are shown in Figure 38. Hz to CO> ratio was increased to 4.38 to

account for the additional consumption of H. due to O2 and improve efficiency.

It is clear that nitrogen balance biogas gave better CO. conversion, Figure 38. The CO>
conversion of air balance biogas showed a linear decline as the space velocity increased, with
a maximum of 88% at 3,000 L/(kg h). CO. conversion only dropped from 95% to 91% while
GHSV increased from 3,000 to 6,500 L/(kg h) for nitrogen balance biogas feed. At the reactor
outlet only 0.03% O was measured by microGC, indicating that the majority of O, had reacted
since the feed mixture originally contained 2.5% O, Figure 38b. This observation indicated

that adding additional Hz could improve overall conversion.
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Figure 38. Effect of GHSV on Reactor 3 performance and outlet composition with air balance
biogas (a, b) and nitrogen balance biogas (c, d). Parameters: No preheat, P=7 bars,
H2:C0,=4.38, CH4:C0,=1.43, Coolant flow rate= 3-6 L/min (a, b); Coolant flow rate= 1-3
L/min (c, d).

The oxygen content in the air balance synthetic biogas also caused the inlet temperature to
increase substantially compared to nitrogen balance biogas. Inlet temperature ranged from
620 °C to 670 °C for air balance biogas while for nitrogen balance biogas the range was 340
to 380 °C, Figure 39a,c. With the increase of space velocity, it is expected all temperatures
gradually went up. However, inlet temperature showed a different trend when using nitrogen

balance biogas as feed. It could be explained that the inert nitrogen content took away more
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heat at the inlet while the heat generation was mostly inside the bed, leading to the decrease in

inlet temperature. Air balance biogas showed overall higher surface temperatures (Tw1 to Twe).
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Figure 39. Effect of GHSV on Reactor 3 temperature profile with air balance biogas (a, b) and
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The effects of the cooling rate and direction are presented in Figure 40 which compares
cocurrent (CC) and countercurrent (CNC) configurations in a range of the cooling flow rates.
Note that the reactor was operated completely autothermally in this set of experiments, with
no feed preheating (except for initial ignition). A ~ 50 °C difference can be observed for both
inlet and outlet temperature, with cocurrent cooling having lower inlet temperature and
countercurrent cooling resulting in lower outlet temperature. Coolant temperature next to
reactor inlet (Tc1) does not depend significantly on the cooling direction, indicating that the
temperature was likely determined by reaction heat, and the activity of Sabatier reaction was
high close to the center. Depending on the cooling mode, coolant temperature at the outlet
(Tc2) showed quite some difference between the two cooling modes under low cooling flow

rate and gradually came closer as the flow rate keep going up.

Regarding the reactor performance, the CHs selectivity was nearly complete under all
conditions for this set of experiments at around 98%. Under low cooling flow rate (0-5 L/min),
countercurrent cooling mode showed 1-5% improvement in terms of CO2 conversion.
Cocurrent cooling mode was slightly better when the cooling flow rate is beyond 6 L/min,

achieving 85% CO> conversion with 9 L/min cooling.

Figure 41 shows the stability test for Reactor 3. During the stability test the reactor was
operated completely autothermally, i.e., with no feed preheating (after initial ignition). CO;
conversion of 91% was achieved with 100% selectivity to CH4 generation. MicroGC was used
to verify CH4 and CO> concentrations at 30 h and 60 h, illustrated in Figure 41c. All reactor
temperatures were stable for over 100 hours. The reactor inlet temperature (Tin) stabilized at

ca. 610 °C, with a lower corresponding coolant temperature (Tc1) of ca. 370 °C. Reactor wall
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temperatures (Twz to Twe) Stabilized from 240 °C to 410 °C, indicating significant heat losses

through the reactor wall. Significant temperature gradient along the reactor was again

observed. No substantial performance decline was observed during the test.
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Figure 41. Reactor 3 stability test, showing the conversion, selectivity and reactor
temperatures. Parameters: H2:COz = 4, CH4:C02=1.43, GHSV = 3,100 L/(kg h), P = 11 bar,
Qc = 6 L/min (cocurrent flow), no feed preheating (after ignition), air balance biogas feed.
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Chapter 5
Modeling of the Sabatier-RWGS reaction system and prototype

reactor

5.1 Modeling of the Sabatier-RWGS reaction system

5.1.1 Kinetic model

Rate expressions are essential to predict the catalytic performance over a wide range of
operating conditions and assess potential practical uses, also a fundamental part of developing
a reactor model. If it is assumed that the Sabatier-RWGS reaction system over the commercial
Ni/Al,O3 catalyst follows a similar reaction mechanism as the one suggested by Lalinde [82],

rate equations can be written as follows:

Prio P
k 1 Keon p H2 pHZ( (M)

pH2 pCO2 eq,SR

fon, = DEN? 1)
K Peo, KA P2 L (k, 0P

Foes = e H, Pco, Neqrwes (15)

DEN =1+ Ko, P2° KT po* + [Ki, P, + Koo jﬁ (16)

RH2 _4rCH4 Mewes

Reo = Trwes

Rco2 =—Ten, — Trwes (7

RCH4 - rCH

Ryo =21, +1,
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Reaction rate and adsorption constants are given by the following equations:

E.,,1 1
k =k exp(—=L(=—-3),T, =613.15K 18
i ref i p( R (Tref T) ref ( )
AH. 1 1
K =K exp(—(=—->),T, . =613.15K 19
i ref i p( R (Tref T) ref ( )

Equilibrium constants of Sabatier reaction and RWGS shown below in Egs. (20-21) [83,

84]:

Kﬁ)(seoomﬁ +34633/T —16.4In(T )+0.00557T )+33.165}
Keq,SR =e (20)
K., s = 9.01x10 5T 068 g 23:0K3 /mol 1)

R, T

5.1.2 Kinetic parameter estimation

To estimate the total 12 parameters (shown in Table 4) a set of lab experiments to monitor
change in species concentrations as a function of temperature and space velocity was carried
out. CO2 and Hz were fed by mass flow controllers to a lab-scale flow reactor containing ~0.29
of catalyst with the outlet concentrations continuously monitored and recorded by an IR
analyzer. The absence of mass and heat transfer limitations in the kinetic reactor was verified

by corresponding analytical criteria (see Appendix G).

Table 4. Estimated kinetic parameters for commercial Ni/Al2Os catalyst.

k1 Eas k2 Eaz Kcon AHcon
KH, AHn, Kon AHow Ks AHg
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Parameter estimation was done using the minimization of the sum of weighted residual
squares of the CO,, CO and CHs concentrations employing the Trust-Region Reflective
Algorithm [85]. Simulated mole fractions were obtained by integrating a set of ordinary
differential equations described by Eq. 22 representing time evolution of all species

participating in the Sabatier-RWGS reaction system, i.e., CO2, Hz, CO, CH4 and H.O:

dC, eQ (C,-Cy)
£ praiaie v +(1-¢&)pR

r

(22)

In EQ. 23, ci is molar concentration for species i, € is void fraction, Qs is volumetric flow

rate, V is reactor volume, ps IS catalyst density, and a; is stoichiometric coefficient of species

I Initial guesses for adsorption constants (Eq. 19) were adopted from Lalinde [82].

To simply the model and reduce the computational time, the adsorption term (denominator,

DEN) was first assumed to be equal to 1:
DEN =1 (23)

The simulation results and experimental data in terms of CO2, CO and CH4 concentrations
and CO- conversion as a function of temperature are shown in Figure 42. The simulation results

are quite similar under all three space velocities, and the model fits well under 400 °C. The

trend of the simulation was not able to fit experimental data well above 450 °C.

Since almost no CO formation was observed in all experiments, the RWGS reaction likely
had little effect on the overall results within the tested operating conditions. The reaction rate
of the RWGS reaction was subsequently set to 0 to examine the possibility to simplify the

model by removing the RWGS expression from the model. The simulation results are shown
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in Figure 43. Compared to previous results, no significant change was found after the removal

of the RWGS reaction from the kinetic model.

However after the removal of the RWGS rate, the model was still not able to fit
experimental data well. One of the possible causes is the absorption of the reactants and
intermediates play an important role in the reaction model. After taking into consideration the
effect of adsorption, the simulation results are shown in Figure 44. With the addition of
adsorption, the model simulation showed notable improvements, especially the trend above
450 °C compared to the previous results. The finalized kinetic model is adopted in the

COMSOL model later to model prototype Reactor 3.
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Figure 42. The simulation results vs. experimental in terms of species concentrations and CO>
conversion as a function of temperature (DEN=1). Experimental conditions: H2:CO, =4, P =

3 bar, 0.24g commercial Ni/Al,Os3 catalyst, data collected using kinetic reactor.
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Figure 44. The simulation results vs. experimental in terms of species concentrations and CO-
conversion as a function of temperature (rrwes=0). Experimental conditions: H2:CO2 =4, P =
3 bar, 0.24g commercial Ni/Al,O3 catalyst, data collected using Kinetic reactor.
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5.2 COMSOL reactor model

5.2.1 Model equations

A 2D pseudo-homogeneous model was developed accounting for axial and radial gradients
based on the geometry of prototype Reactor 3, all details of Reactor 3 are provided in Appendix
B (see Figs S5), the configuration and diagram of the modeled reactor are shown in Figure 45

and Figure 46.

Thermal Insulation

‘.-—’_-_—' e ) -
H, + CO, . = = - ,/ Sabatier effluent

Coolant iy Coolant

Thermal Insulation

Figure 45. Structure of Reactor 3.
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Figure 46. 2D reactor schematic. Dimensions taken from Reactor 3, all details are provided in
Appendix B (see Figs S5).

Mass balance and energy balance inside the Sabatier and cooling compartment are
calculated by Egs. (24-27). Inside the insulation layer, since there is no reaction and mass
transfer, only energy balance is accounted for, shown in Eq. (28). Eq. (29) shows the initial
conditions for the model. Radial and axial boundary conditions are listed in Eqs. (30-31).

Notation is explained in Nomenclature.

.SR 62 .SR 62 .SR 1 .SR
(gpg)SR 8y. :(pgDre SR 6?'2 +(P9Dae SR 82/'2 +F(pgDre)SRag/—'r

_(gvgpg )SR G'ya_iR + (1-6‘SR )pSSRai R,

(24)
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2
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ins 2T ins 2T ins
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t=0: yF =Yg TR =Ty =y TO =T T =Ty

(29)
Radial boundary conditions
r=0 0<z<L: or =0
or

r=R,0<z<L: —kfeizuwHE(TSR —T°)

or . ‘ (30)
r=Ry, 0<z<L: -k¥ a;r =U, (TSR —TmS)
r= Rins’ O<z<L: _k:gs a;r :UW,HL (Tins _Ta)

Axial boundary conditions
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The same Sabatier-RWGS reaction kinetic model expressions and parameters are taken
from Chapter 5.1.1 and adopted in the COMSOL model to calculate reaction rate. The
estimated parameters are shown in Table 5. Table 6 lists the operating conditions of the reactor
modeled in COMSOL. The operating conditions correspond to the stability test of Reactor 3,

described in Chapter 3.2.2.4 (Figure 27).

Table 5. List of estimated Kinetic parameters.

Parameter Value Units
k1 1.165 mol kgcat™ bar%>
Ea: 117.57 kJ mol*?
ko 0.968 mol kgcat bar
Ea, 195.17 kJ mol*?
Kcon 3.947 bar?®
AHcoHn 89.23 kJ mol*
Kk, 0.286 bar
AHH, -6.706 kJ mol*
Kon 1.73 bar?
AHon 64.4 kJ mol?
Kg 118.9 -
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AHp -19.67 kJ mol?

Table 6. Reactor model operating conditions.

Parameter Symbol Value Units
Cooling compartment pressure Pc 1 bar
SR compartment pressure Psr 15 bar
Cooling compartment feed temperature Tte 25 °C
SR compartment feed temperature Ttsr 50 °C
Cooling compartment initial temperature Toc 25 °C
SR compartment initial temperature Tosr 300 °C
Ambient temperature Ta 25 °C
SR compartment feed composition H2:CO2 4 -
Cooling compartment flow rate Qtc 2 L/min
SR compartment GHSV GHSVsr 2,400 L/(kg h)

5.2.2 Simulation results

Figure 47 shows the mole fraction of all species in the Sabatier compartment along reactor
length (dimensionless) after reaching steady-state. At the front of the reactor, 10% of CHs is
observed, indicating significant reaction activity at the inlet. H, and CO. concentrations
gradually go down as the mole fraction of CH4 and water increase. Modeling results suggest
18% CH4 and 2% CO:; exit the reactor, leading to a 90% CO2 conversion. At the center of the

cooling compartment, the temperature dramatically goes up from 25 °C to 400 °C, Figure 48.
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The temperature in both Sabatier compartment and insulation layer slowly decrease along the

reactor. As mentioned above, the operating conditions of the model are taken from the stability

test of Reactor 3, Chapter 3.2.2.4. Inlet and outlet temperatures in the experimental study were

500 °C and 300 °C respectively, which are ~70 °C less than the model predictions. Wall

temperature followed a similar trend as the model results suggest. Note that the CO. conversion

also does not deviate much from experimental data, which was 93%.
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Figure 47. Mole fraction of CO>, Hz, CO, H20 and CHjs at the center of Sabatier compartment.
Parameters: P=15 bar, GHSV=2,400 L/(kg h), H2:CO2=4, Q.=2L/min (cocurrent flow).
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Figure 48. Temperature profile in the middle of cooling compartment, Sabatier compartment
and insulation layer. Parameters: P=15 bar, GHSV=2,400 L/(kg h), H2:CO2=4, Q.=2L/min

(cocurrent flow).
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Figure 49. Axial and radial temperature distribution of cooling compartment. Parameters:
P=15 bar, GHSV=2,400 L/(kg h), H2:CO2=4, Q.=2L/min (cocurrent flow).
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Figure 50. Spatial profile of temperature at the middle of Sabatier compartment. Parameters:
P=15 bar, GHSV=2,400 L/(kg h), H2:CO2=4, Q.=2L/min (cocurrent flow).
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Figure 51. Insulation layer temperature distribution. Parameters: P=15 bar, GHSV=2,400
L/(kg h), H2:CO2=4, Qc=2L/min (cocurrent flow).

Figure 49, Figure 50 and Figure 51 demonstrate both the axial and radial temperature
profile in the cooling compartment, Sabatier compartment and insulation layer. It is expected
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that the highest reactor temperature located at the beginning of the reactor, and the reactor
slowly cools down as the reactants flow through the bed. The same phenomena have also been
observed during the experimental studies, as the inlet always showed the highest temperature
among all measured locations. It is also demonstrated that the surface of the reactor reaches a

surprising 200 °C, indicating the possibility to recover and utilize the excess heat.

In summary, it is concluded that the model describes the reactor reasonably well within the
operating conditions. It shows the significance of thermal management and could be beneficial

in the future scale-up of the reactor as well as optimization of operating conditions.
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Chapter 6

Conclusion

6.1 CO2 methanation

An N2-cooled Sabatier reactor was investigated, examining the effects of feed temperature,
space velocity, pressure and cooling rate on the reactor performance in terms of CO:
conversion and selectivity to CH4 generation. The stainless steel, tube-and-shell reactor
comprised a commercial Ni/Al.Oz catalyst in the shell compartment, with the inner tube being
used for active cooling. The reactor stability was investigated as well. The maximum CO
conversion of 93.5% with 100% selectivity to CH4 generation was achieved at 2,400 L/(kg h)
and 14 bar in the 1” diameter, 10" length reactor operated autothermally (without feed
preheating), over 120 h of a continuous, stable operation with average bed temperature at ~400

°C.

Three different prototypes were investigated, gradually increasing the reactor size (3.5”, 5”
and 9” length of the active bed) and thus the catalyst amount. All prototypes were operated
without electrical heating of the reactor, with the feed being preheated in certain experiments
and supplied at room temperature in other experiments. It has been demonstrated that the
reactors can be operated autothermally after the initial preheating for ignition. After ignition,
the reactors were operated partially (with certain feed preheating) or completely (room
temperature feed) autothermally. For all three prototypes, the reactor operation was robust to

the change in operating conditions (feed temperature, space velocity, pressure and cooling
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rate). In all experiments, the CO> conversion was in 80-94% range with the selectivity to CHs

generation of 99-100%.

At 93.5% CO; conversion the compositions at the outlet of the reactor are 73.7% CHa,
5.1 % CO2 and 21.2% H. after the removal of water. Equilibrium data suggests that the reaction
is limited by thermodynamic equilibrium with an average bed temperature of 400 °C [32].
Similar CO2 methanation pilot plants from the literature reported running at 250-500 °C under
5-30 bars using multiple stages, with the final product reaching as high as 97% CHj [32, 58,
86]. The single stage conversion in of the pilot plants adopting a fluidized bed reactor was
around 91% at 300 °C, with the second stage increasing to 98% under 350 °C [87]. Another
study pointed out that bed temperature appears to be the most influential parameter, achieving
95.4-98.2% conversion in the temperature range of 280-350 °C [88], which is quite low

compared to this study.

Our findings provide important insights into the operation of lab-scale Sabatier reactors.
Due to the simplicity of assembly, such laboratory reactors are very useful for investigating
the effects of various operating parameters on reactor performance. Another important aspect
is reactor stability, which can be investigated at low cost using a small-scale, laboratory
Sabatier reactor. Interestingly, a commercial reforming catalyst provided an excellent
performance (maximum 94% CO> conversion with 100% selectivity to CH4 formation). The
results of our investigation can be also used as a calibration set of data for building a reliable
mathematical model of the Sabatier reactor, which can be further scaled up via numerical

simulations.
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6.2 Direct biogas upgrade

Similar to the previous section, the performance of the same N.-cooled Sabatier reactor
had been studied and the effect of operating parameters including feed temperature, space
velocity and cooling flow rate had been investigated. Compared to the previous section, this
study focused on upgrading biogas directly instead of feeding pure CO>. The performance of
commercial Ni/Al>O3 catalyst on raw biogas was assessed. Air balance synthetic biogas was
found to be an excellent substitute for treated biogas (after H.S and VOC removal) for reactor
testing. All reactor prototypes were demonstrated to be able to operate autothermally using air
balance synthetic biogas as feed, which has not been mentioned in the literature so far. The
final prototype achieved a 91% CO- conversion while maintaining complete selectivity to CH4

for over 100 hours at 3,100 L/(kg h) with stable reactor temperatures.

Compared to previous reported successful direct upgrade tests, the yield of CH4 was as
high as 91%, which is comparable to direct upgrade project utilizing fluidized bed reactor
design reaching 96% [79]. The CH4 concentration after the main reactor ranges from 73% to
95% [89, 90] which is much higher than what this project presented at ~40%. This is mainly
because of the large quantities of N2 and O content in the synthetic biogas feed, and the feed
stream in other studies generally only contains CH4 and CO.. The final prototype runs slightly
hotter (330-700 °C) than other fixed bed upgrade reactors (250-680 °C), which used thermal
oil and boiling water as coolant) [89, 91]. It was also reported that minor catalyst deactivation
was observed after 400 hours of continuous operation [79], while some projects added steam
to the reactor to inhibit coke formation. Stability after 400-500 hours need to be examined in

the future. This study provides another perspective on biogas utilization. The collected data
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from this study can also be used to calibrate a reactor model, which could be used for further

scale-up.

6.3 Reactor modeling

Kinetic model of the Sabatier-RWGS reaction system was selected from literature and 12
kinetic parameters were estimated using experimental data obtained with the commercial
Ni/Al>O3 catalyst. Simulation results adopting estimated parameters indicated little effect on
the RWGS reaction within the examined temperature range while the adsorption affects the
modeling results significantly. COMSOL model based on the geometry of Reactor 3 had been

developed and it is shown that the experimental data was described well with minor deviation.

The model can be used to extrapolate to a variety of operating conditions to examine the
potential optimization of the reactor performance. Future work will include model
improvement, assessing the reactor performance over a wide range of industrially relevant
operating conditions (space velocity, pressure, cooling flow rate), optimizing reactor

dimensions and configurations, as well as further scaling up.
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Appendix A

Flow system configuration
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Fig. S1. Flow system setup. Abbreviations: ADC — analog-to-digital converter, BPR — back
pressure regulator, IR — infrared, MFC — mass flow controller, Pl — pressure indicator, PC —

computer, PT — pressure transducer, TC — thermocouple, Tl — temperature indicator and

controller.

The flow system used in all reactor tests is shown in Fig. S1. For isothermal experiments,

a kinetic reactor (Fig. S2) was placed inside the furnace (Lindberg/Blue M™ Mini-Mite™

Tube Furnaces, Thermo Fisher Scientific). A K-type thermocouple (1/8”, Omega Engineering)

was inserted through the outlet tube so that the thermocouple tip is in contact with the catalyst

bed. For reactor experiments, Reactors 1, 2 and 3 were connected to the flow system using

96



stainless steel tubing. The furnace was used for the feed preheating for Reactors 1 and 2 (Figs

S3, S4). For Reactor 3, the feed line was preheated with a heating tape (Fig. S5).

Flow rates were controlled by mass flow controllers (Bronkhorst High-Tech B.V.). Two
three-way valves (Swagelok) were used to change the direction of the coolant (for concurrent
or countercurrent operation). An electronic back pressure regulator (Bronkhorst High-Tech
B.V.) was used to adjust the reactor pressure. Water was removed from the outlet stream using
a mist trap (SMC Corporation, AFM40-N02-Z-A) installed before the back pressure regulator,
and a silica gel column (Agilent Technologies, 5182-9411, the original adsorbent was replaced
with orange silica gel, Fisher Scientific). Concentrations of CO, CO, and CHys in the outlet
stream were measured on a dry basis (after the removal of water and moisture) with an IR
analyzer (IR-208, Infrared Industries, Inc., USA). The entire flow system was computer-
controlled using a custom-made control panel coded in LabVIEW (National Instruments) and
analog-to-digital converters (NI 9215, NI 9263, National Instruments). All flow rates,
pressures, temperatures and outlet gas concentrations were continuously monitored and
recorded. CO2 conversion, selectivity to CH4 formation and carbon balance (see Appendix C)
were continuously calculated, displayed and recorded through the duration of the entire
experiment. A microGC (MircoGC Fusion Gas Analyzer, Inficon) was used to measure O and

N2 concentrations in synthetic biogas experiments.
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Appendix B
Reactor configurations (CO2 methanation)

The kinetic reactor, Fig. S2, was made from a 1/4" stainless steel union tee (Swagelok)
connected to 1/4" stainless steel tubing on both sides (Swagelok), with a type K-type
thermocouple (1/8”, Omega Engineering, Inc.) placed in contact with the catalytic bed.
Commercial catalytic pellets (12 wt% Ni/Al.O3, BASF, supplied by Research Catalysts, Inc.
USA) were crushed and sieved to 0.275-0.425 mm pellets. The catalyst (250 mg) was loaded

into the union tee, which was sealed at the top with a stainless steel plug (Swagelok). The

reactor was placed in a furnace (see Appendix A) to maintain isothermal operation.

Fig. S2. Kinetic reactor configuration.

Reactor 1 was built from 0.25" stainless steel tubing and Swagelok connectors, Fig. S3.
Commercial catalytic pellets (12 wt% Ni/Al.Os, BASF, supplied by Research Catalysts, Inc.
USA) were crushed and sieved to 0.275-0.425 mm pellets; 1.4 g of catalyst was used. Two K-
type thermocouples (1/8”, Omega Engineering) were placed before and after the catalytic bed
(being in direct contact with the catalyst) to monitor the reactor inlet (Tin) and outlet (Tout)
temperatures. The reactor was placed next to the furnace, which was used for the feed
preheating. Given the small size of the reactor, no active cooling system was installed. The

reactor body was warped in quartz wool and covered with aluminum foil for thermal insulation.
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Feed temperature (Tf) was measured using a thermocouple installed in contact with the feed

tube extremal wall close to the furnace exit.

CH,+H,0O
Toven Tf g 2
A
COtH,—4— | | Toue
SR g L+J !

Fig. S3. Reactor 1 scheme and pictures (installed in the flow system, with and without

insulation).

Reactor 2 was made from a 5” long 1/2” OD stainless steel tube, with a piece of 1/4” OD
tube placed inside (tube-and-shell) for active cooling using compressed N2, Fig. S4. Reducing
tees (Swagelok) were used to seal the space between the 1/4” cooling tube and the 1/2" reactor.

K-type thermocouples (1/8", Omega Engineering, Inc.) were placed inside the cooling tube to
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estimate the reactor inlet (Tin) and outlet (Tout) temperatures. Another thermocouple (K-type,
1/8", Omega Engineering, Inc.) was placed before the reactor inlet to measure the feed
temperature (Tr). Commercial catalytic pellets (12 wt% Ni/Al.Os, BASF, supplied by Research
Catalysts, Inc. USA) were crushed and sieved to 0.275-0.425 mm pellets. The resulted pellets
(7.2 g) were loaded via the 1/2"” ports of the tee connectors and capped with stainless steel
mesh and quartz wool. The oven was used to heat the feed stream. The reactor body assembly
was wrapped in a 3 cm thick layer of quartz wool and covered with aluminum foil for thermal
insulation. The gap between the furnace and the reactor was also filled with quartz wool and

covered with aluminum foil to minimize heat losses.
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Fig. S4. Reactor 2 scheme and pictures (installed in the flow system, with and without

insulation).

The outer diameter of Reactor 3 shell side was increased to 1”. The main reactor body was
assembled from a piece of 1” stainless steel tube and two reducing tees (Swagelok) as shown
in Fig. S5. Commercial catalytic pellets (12 wt% Ni/Al>Os, BASF, supplied by Research
Catalysts, Inc. USA) were crushed and sieved to 0.7-1 mm pellets. The catalyst (63 g) was

filled into the reactor via the 1” port on the reducing tee and stainless-steel mesh and quartz
101



wool were placed on top of the 1” port, preventing the catalyst bed from moving. The length
of the active bed was 9”. The cooling tube was a 1/4” OD stainless steel placed inside the 1”

tube (tube-and-shell). N2 was used as the coolant.

Fig. S5. Reactor 3 scheme and pictures (showing the main reactor body, the thickness of the

insulation layer and complete reactor with installed thermocouples).

A heating tape (300 W, Omega Engineering) with a temperature controller (CN7200,
Omega Engineering) was wrapped around the inlet for feed preheating. A thermocouple (K-
type, 1/16"”, Omega Engineering, Inc.) was placed in contact with the heating tape (Th in Fig.

S5). The reactor body assembly was wrapped with a layer of quartz wool and covered with
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aluminum foil for thermal insulation. Thermocouples (K-type, 1/8”, Omega Engineering, Inc.)
were placed inside the catalytic bed at the reactor inlet/outlet (Tin, Tout), at inlet/outlet ends of
the cooling tube (Tc1, Tc2), and inside the feed/effluent lines (Twi, Twz). Two additional

thermocouples (J-type, 1/16”, Omega Engineering, Inc.) were placed on the reactor wall (Tw,

Two).
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Appendix C
Reactor configurations (direct biogas upgrade)

The packed bed reactor for evaluating raw biogas upgrade, Fig. S6, was made from a 2"
long 1/4" OD stainless steel tube, connected between a 1/4” and a 3/8" stainless steel tube, with
a type K-type thermocouple (1/8”, Omega Engineering, Inc.) placed in contact with the
catalytic bed. Commercial catalytic pellets (12 wt% Ni/Al>Os, BASF, supplied by Research
Catalysts, Inc. USA) were crushed and sieved to 0.275-0.425 mm pellets. The catalyst (800
mg) was loaded into the stainless steel tube, and two pieces of quartz wool were placed on each
side to make sure the catalyst stays in place under flow. The reactor was placed inside a furnace

(see Appendix A) to maintain isothermal operation.

n . - ,_'. SEER| SEE— | ;E_j

Feed in Catalyst bed Product out .

Fig. S6. Reactor configuration for raw biogas upgrade.

Configurations of Reactor 1, 2 and 3 utilized in direct biogas upgrade are the same reactors
used in Chapter 3 (CO2 methanation) but with minor changes on the thermal insulation and

thermocouple placement. The changes are highlighted with bold fonts.

Reactor 1 was built from 0.25" stainless steel tubing and Swagelok connectors, Fig. S7.
Commercial catalytic pellets (12 wt% Ni/Al.Os, BASF, supplied by Research Catalysts, Inc.
USA) were crushed and sieved to 0.275-0.425 mm pellets; 1.4 g of catalyst was used. Two K-
type thermocouples (1/8”, Omega Engineering) were placed before and after the catalytic bed
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(being in direct contact with the catalyst) to monitor the reactor inlet (Tin) and outlet (Tout)
temperatures. The reactor was placed next to the furnace, which was used for the feed
preheating. Given the small size of the reactor, no active cooling system was installed. The
reactor body was warped in quartz wool and covered with aluminum foil for thermal insulation.
Feed temperature (Tf) was measured using a thermocouple installed in contact with the feed

tube extremal wall close to the furnace exit.

CH,+H.,0O
T 41,
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Fig. S7. Reactor 1 scheme and pictures (installed in the flow system, with and without

insulation).
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Reactor 2 was made from a 5” long 1/2"” OD stainless steel tube, with a piece of 1/4” OD
tube placed inside (tube-and-shell) for active cooling using compressed N2, Fig. S8. Reducing
tees (Swagelok) were used to seal the space between the 1/4” cooling tube and the 1/2" reactor.
K-type thermocouples (1/8”, Omega Engineering, Inc.) were placed inside the cooling tube to
estimate the reactor inlet (Tin) and outlet (Tout) temperatures. Another thermocouple (K-type,
1/8", Omega Engineering, Inc.) was placed before the reactor inlet to measure the feed
temperature (Tf). Commercial catalytic pellets (12 wt% Ni/Al.Os, BASF, supplied by Research
Catalysts, Inc. USA) were crushed and sieved to 0.275-0.425 mm pellets. The resulted pellets
(7.2 g) were loaded via the 1/2" ports of the tee connectors and capped with stainless steel
mesh and quartz wool. The oven was used to heat the feed stream. The reactor body assembly
was wrapped in a 3 cm thick layer of quartz wool and covered with aluminum foil for thermal
insulation. The gap between the furnace and the reactor was also filled with quartz wool and
covered with aluminum foil to minimize heat losses. Four J-type 1/16” thermocouples (Twa,
Twe, Tws and Twa) were installed on the reactor wall to monitor the temperature profile along

the reactor.
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0.5” | Tin

Fig. S8. Reactor 2 scheme and pictures (installed in the flow system, with and without

insulation).

The outer diameter of Reactor 3 shell side was increased to 1”. The main reactor body was
assembled from a piece of 1” stainless steel tube and two reducing tees (Swagelok) as shown
in Fig. S9. Commercial catalytic pellets (12 wt% Ni/Al>Os, BASF, supplied by Research
Catalysts, Inc. USA) were crushed and sieved to 0.7-1 mm pellets. The catalyst (63 g) was

filled into the reactor via the 1” port on the reducing tee and stainless-steel mesh and quartz
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wool were placed on top of the 1” port, preventing the catalyst bed from moving. The length
of the active bed was 9”. The cooling tube was a 1/4” OD stainless steel placed inside the 1”

tube (tube-and-shell). N2 was used as the coolant.

1”

Fig. S9. Reactor 3 scheme and pictures (showing the main reactor body, the thickness of the

insulation layer and complete reactor with installed thermocouples).

A heating tape (300 W, Omega Engineering) with a temperature controller (CN7200,
Omega Engineering) was wrapped around the inlet for feed preheating. A thermocouple (K-
type, 1/16", Omega Engineering, Inc.) was placed in contact with the heating tape (Fig. S5).

The reactor body assembly was wrapped with a layer of quartz wool and covered with
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aluminum foil for thermal insulation. Thermocouples (K-type, 1/8”, Omega Engineering, Inc.)
were placed inside the catalytic bed at the reactor inlet/outlet (Tin, Tout), at inlet/outlet ends of
the cooling tube (Tci1, Tc2), and inside the feed/effluent lines (T, Te). Six additional
thermocouples (K-type, 1/16”, Omega Engineering, Inc.) were placed on the reactor wall

(Twa, Twz, Tws, Twa, Tws, Twe).
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Appendix D

Carbon balance derivation

Carbon balance, defined as the total rate of carbon fed to the reactor divided by the rate of

carbon exiting the reactor, was computed using the following equation (yco,, yco and ych, are

mole fractions measured by the IR analyzer):
CB=(Yeo, + Voo + Yeu, S+ a—f, =41, +7)1-5) (S1)

In Eq. (S1), & B, y, f1, and f2 are the H2:CO- ratio in the feed, CH4 content in the feed,
CH4:CO:z ratio in the feed, conversion to CO, and conversion to CHg, respectively, as defined
in Eqgs (S2-S5) below (Fcout is the total outlet molar flow rate of all carbon-containing species).

In the case of pure CO- feed, both $ and y equal to 0 and are removed from the calculations.

o= FHa (S2)
FCOZ,f

,3 _ FCHA,f FCH4,f
I:CHL,,f + I:(:Oz,f I:C f (53)

y= F(:H4 f
FCOZ,f

fl — yco = I:CO,out (84)
(1_ﬂ)(yco + yco2 + yCH4) FCOZ,f
Yen, = BYeo + Yoo, + Yeu,)  Fen, gen

, = CH CO CO. CH,/ _ " CH,.g (55)

- (1_18)(yco+ycoz+yCH4) - FCOZ,f
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Eq. (S1) above is obtained from the carbon balance definition, Eq. (S6), using Eq. (S7) to
define the total outlet molar flow rate (Fco,out and Fch,,out COrrespond to Hz consumption in

RWGS and Sabatier reaction) and Egs (S3-5):

CB — FC,OUt — (yC02 + yCO + yCH4)Ft,0ut (86)
Fc,f FCOZ,f /(1_ﬁ)
Ft,out = FCOZ,f +[FH2,f - FCO,out _4(FCH4,0ut - FCHA,f )] + FCH4,f (S7)
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Appendix E

Additional experimental results in Chapter 3 (CO2 methanation)

Additional experimental results in Chapter 3 (CO2 methanation) are shown:

1 1 11
08 [ 1 os ] os
S o6 JosZ § Jos 2
@ 1 2 ‘@ ] =
T ] k9] T ] S
2 ] ol 2 1 04 3
£ o4 | oz losw
8 ~=XCO, ] v 8 1 @
02 [ O-5CHa 1 0, 02 f 102
0 1o 0 1o
250 300 350 400 450 500 0 1 2 3 4 5
Temperature (°C) GHSV (mL/ghr)  x 100000
200 200
150 [ 150 |
8100 | M ® 100 | (3
so b 50 b
0 0
250 300 350 400 450 500 0 1 2 3 4 5
Temperature (°C) GHSV (L/(kg h)) x 100000

Fig. S10. CO- conversion and CHa selectivity as a function of temperature and GHSV showing
corresponding carbon balance (kinetic reactor). Parameters: H:CO»=4, P= 3 bar,

GHSV=30,000 L/(kg h) (Temperature test), T=450°C (GHSV test), pure CO- feed.
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Fig. S11. The change of mole fraction and temperature with time (Reactor 2 performance as a
function of pressure). Parameters: GHSV=16,000 L/(kg h), H2:CO2=4, Q.=0.8 L/min

(Countercurrent flow), Ts=20 °C, pure CO> feed.
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Fig. S12. The change of mole fraction and temperature with time (Reactor 2 performance as a
function of coolant flow rate). Parameters: T = 20 °C, H2:CO2 = 4, P = 3 bar, GHSV = 8,000
L/(kg h), pure CO- feed.
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Fig. S13. The change of mole fraction and temperature with time (Reactor 3 performance as a
function of feed temperature). Parameters: P = 11 bar, H2:CO2 = 4, Q. = 0.8 L/min (cocurrent

flow), GHSV = 2,000 L/(kg h), pure CO> feed.
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Fig. S14. The change of mole fraction and temperature with time (Reactor 3 performance as a
function of GHSV). Parameters: P =11 bar, H2:CO> =4, Q. = 0.8 L/min (cocurrent flow), no

feed preheating, pure CO> feed.
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Fig. S15. The change of mole fraction and temperature with time (Reactor 3 performance as a

function of P). Parameters: H>:CO2 =4, Q. =0 L/min, no feed preheating, GHSV=2,100 L/(kg

h) , pure CO; feed.
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Fig. S16. Long-term stability of Reactor 3 at low GHSV (done overnights to keep reactor
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flow rate= 0 L/min, H2:CO2=4, no preheat, pure CO> feed.
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Appendix F

Additional experimental results in Chapter 4 (direct biogas upgrade)

Additional experimental results in Chapter 4 (direct biogas upgrade) are shown here:
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Fig. S17. CO conversion and CHa selectivity as a function of temperature and GHSV showing

corresponding carbon balance (raw biogas feed). Parameters: H.:CO.=4, P= 1 bar,
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Fig. S19. The change of mole fraction and temperature with time (Reactor 3 performance as a
function of feed temperature). Parameters: P=11 bars, GHSV= 3100 L/(kg h), Coolant flow

rate= 0 L/min, H2:CO2=4, CH4:C02=1.43, preheat temperature=20-600°C, air balance LFG

feed.
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Fig. S20. The change of mole fraction and temperature with time (Reactor 3 performance as a
function of GHSV). Parameters: P=7 bars, Coolant flow rate= 3-6 L/min (Cocurrent),

H2:C02=4.38, CH4:C0,=1.43, no preheat, air balance biogas feed.
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Table. S1. MicroGC measurements of the above test (Reactor 3 performance as a function of

GHSV, air balance biogas feed).

GHSV Ha, % 02, % Nz, % CH4, % CO2, %
3099 16.51 0.03 35.37 36.19 4.64
3763 17.68 0.03 35.02 34.97 5.58
4427 21.88 0.03 34.36 33.61 6.59
5091 26.43 0.03 33.62 32.16 7.54
5756 31.78 0.03 32.73 31.99 8.46
6420 36.70 0.03 32.09 31.86 9.08
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Fig. S21. The change of mole fraction and temperature with time (Reactor 3 performance as a
function of coolant flow rate). Parameters: P=7 bars, Coolant flow rate= 1-3 L/min

(Cocurrent), H2:C0,=4.38, CH4:C02=1.43, no preheat, nitrogen balance biogas feed.
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Table. S2. MicroGC measurements of the above test (Reactor 3 performance as a function of

GHSV, nitrogen balance biogas feed).

GHSV Ha, % Nz, % CHa, % CO2, %
3099 29.06 37.28 32.16 2.25
3763 26.85 38.01 32.77 2.37
4427 23.67 38.52 33.31 241
5091 23.77 38.59 32.02 2.54
5756 24.24 38.42 31.71 291
6420 25.16 38.16 31.37 3.32
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Appendix G

Mass and heat transfer criteria

The absence of interphase, Eq. (S8, S9), and intraparticle, Eq. (510, S11), mass and heat
transfer limitations were confirmed by calculating corresponding criteria [92, 93] (all symbols
are listed in Nomenclature):

R(;bs /Ob I,-p
k.C

c~“CO,,b

< 0.15 (S8)

|AH SR | R(,Jbspb If-p Ea

< 0.15 S9
hT2Rg (59)
R! ,0 r2
B R (S10)
Dmccoz,s

|AH SR | R(;bspbrp2 Ea
AT?R,

«1 (S11)

Interphase mass and heat transfer coefficients (k. and h) were calculated using the

following correlations [94]:

kcd 0.5 3

Sh=—"P =2+0.6Re® Sc? (S12)
D p
hd 05 s

Nu=—2=2+0.6Re)°Pr3 (S13)
ﬂ P

9

Dimensionless numbers:
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v, p,d C
V9P goo M proHavm (S14)
Hq PsDn, A

g

Re

p

Calculations were conducted for low and high conversions (16-86% range) in the 325-450
°C temperature range, 1-3 bar pressure range, 1000-60000 L/(kg h) space velocity range and

275-425 um pellet size. Constant parameters and variables are listed in Tables S3 and S4.

Table. S3. Constant parameters [95].

Parameters Unit Value
£ 0.5
AHsR kd/mol 164.9
Pb kg/m? 1925
Py kg/m?3 0.42
Ea kJ/mol 74

Table. S4. List of variables.

Variable Unit Min Max
Xcoz 0.16 0.86
T °C 325 450
P Bar 1 3
Vg m/s 0.0021 0.14
Ag kJ/(m s k) 2.80E-4 3.32E-4
dp um 275 425
s kJ/(m s k) 2.51 2.51
Cpg kJ/(mol k) 3.33E-2 3.41E-2
Ug kg/(m s) 1.96E-5 2.26E-5
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In all cases, all transport limitations were completely negligible, which is as expected for

the small size of catalyst pellets (275-425 um) used in the experiments. The calculated ranges

are shown in Table S5.

Table. S5. Calculated minimum and maximum values for the transport limitation criteria.

Criterion type Min Max Criterion
Mears criterion for
interphase mass 5.47E-6 8.14E-3 <<0.15
transfer
Mears criterion for
interphase heat 2.88E-4 5.74E-2 <<0.15
transfer
Weisz-Prater
criterion for internal 1.12E-5 2.04E-2 <<1
diffusion
Isothermal pellet 1 18E-7 1 87E-5 <1

criterion
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Appendix H

Transport coefficients in COMSOL model

The effective axial and radial heat conductivity in the packed bed can be described by the
following correlations [96]:

RePr

Kee = 4 (4+ ) (S15)

RePr
7[2—(1—2dp/dR)2]

Kee =4, (4+ ) (S16)

The effective axial and the radial dispersion coefficients were calculated using a typical
correlation adopted from literature [97]. Diffusion coefficient Do for H-CO> pair at standard

temperature and pressure is 5.5E-4 [98].

D, = g[ D, +md pvgj (S17)
Thed
T 1.75 P
D,=D,|—| 2 (S18)
T, P

For radial and axial dispersion m is set to 0.1 and 0.5 respectively. The correlation between
the bed porosity and the bed tortuosity is

1

Thed =
\ €bed

Wall heat transfer coefficients for heat exchange between the Sabatier compartment and

(S19)

cooling compartment, Eq. (S20), and heat loss to the environment, Eq. (S21), were calculated

by resistances in series. These parameters account for the contribution of the effective wall
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heat transfer coefficient for each compartment (hw), wall thermal conductivity (Aw), insulation

layer (Ains) and natural convection from the external reactor surface (hnc).

1 d° 1)

UW,HE = W'FE-FE (820)
1 dv?/R dins 1 N

UW,HL = hj,/R +ﬂ\2R + p) +h_ (S21)

The values for the insulation layer (quartz wool) conductivity (Ains) and natural convection
(hnc) were adopted from the literature [99, 100]. These contributions were dominant in Eq.
(S21) and the wall heat loss coefficient was nearly constant in all simulations. The correlations
for heat capacity and viscosity are listed below [101, 102].

Heat capacity, kJ/(mol K)

C,co, =—2x107°T?-5x10"T +0.0256

C,p, =3x107T%-2x10°T +0.0297

C,c0 =107°T?-7x10°T +0.0301

Cp,0 =10°T%-5x10°T +0.0356

C,cn, =0.03In(T)-0.1394

C,. =—2.796x10°T? +1.742x107T +1.0446

Viscosity, Pa s

Mo, =4x10°T +6x107°
Mo =4x107°T —3x107°
My, =2x10°T +5x107°
My, =3x107°T +4x107°
Ueo =4x107°T +7x107°
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