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Abstract

Canada has the second largest proven oil reserves next to Saudi Arabia which is mostly located in
Alberta and Saskatchewan but is unconventional heavy oil and bitumen. The tar sands are found
at the surface and are mined, yet 80% of the 173 billion barrels of heavy oil and bitumen exist in-
situ according to the Canadian Association of Petroleum Producers (CAPP). Two factors inhibit
the economic extraction and processing of Canadian heavy oil; its enormous viscosity ranging
from 1000 to over 1 million mPa.s and the asphaltene content (high molecular weight molecules
containing heavy metals and sulphur). Heavy oil and bitumen were only included in the reserves

estimates through the efforts of Canadian enhanced oil recovery (EOR) research.

Viscosity reduction is the one common element of in-situ methods of heavy oil recovery with the
exception of cold production. Currently, steam assisted gravity drainage (SAGD) and cyclic
steam stimulation (CSS) are being used commercially in the field where the oil’s viscosity is
reduced by injecting steam. Thermal methods are energy intensive requiring vast volumes of
water such that any improvement would be beneficial. Solvent extraction is one alternative
requiring no water, the solvent is recoverable and reusable, and depending on the mode of
operation the heavy oil is upgraded in-situ. Vapour Extraction (VAPEX) and enhanced solvent
extraction (N-Solv'™) are two such methods. VAPEX and N-Solv reduce the bitumen’s viscosity
via mass transfer and a combination of mass and heat transfer, respectively. A light hydrocarbon
solvent (instead of steam) is injected into an upper horizontal well where the solvent mixes with
the heavy oil, reduces its viscosity and allows the oil to drain under gravity to a bottom
production well. The idea of using solvents for heavy oil extraction has been around since the
1970s and both VAPEX and N-Solv are patented processes. However, there is still much to be
learned about how these processes physically work. Research to date has focused on varying
system parameters (including model dimensions, permeability, heavy oil viscosity, solvent type

and injection rate, etc.) to observe the effect on oil production from laboratory scale models.

Based on an early mass balance model by Butler and Mokrys (1989) and an improvement by Das
(1995), molecular diffusion alone cannot account for the produced oil rates observed from
laboratory models. Until recently, very little progress had been made towards qualifying and
quantifying the mass transfer mechanisms with the exception of the diffusivity of light
hydrocarbons in heavy oil. Mass transfer can only be by diffusion and convection.

Differentiating and quantifying the contribution of each is complex due to the nature and
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viscosity of the oil. The goal of this thesis is to investigate the mass transfer mechanisms

during the solvent recovery of heavy oil.

Quantifying the diffusion of light hydrocarbon solvents has been an active topic of research with
limited success since the mid 1990’s. The experimental approach presented here focused on
capturing the rate of solvent mass transfer into the bitumen by measuring the bitumen swelling
and the butane uptake independently. Unlike early pressure decay methods, the pressure is held
constant to not violate the assumed equilibrium solvent concentration at the interfacial boundary
condition. The high solubility of solvent in heavy oil complicates the physical modeling because
simplifying assumptions of a constant diffusion coefficient, constant density and a quiescent
liquid should not be used. The model was developed from first principles to predict the bitumen
swelling. The form of the concentration dependent diffusivity was assumed and the diffusivity
coefficients initially guessed. The swelling (moving boundary) was fixed by defining a new
dimensionless space coordinate and the set of partial differential equations solved using the
method of lines. Using the non-linear regression (Isqnonlin) function in MATLAB®, optimising
for the difference in predicted and experimentally found bitumen heights and independently
validating the result using the solvent uptake, the diffusivity of butane in heavy oil (at 25°C) was

found to be Dy, = 4.78 x 10, + 4.91 x 10° cm?/s where @ is the solvent mass fraction.

Diffusion alone has proven inadequate in predicting oil recovery rates from laboratory scale
models. It is logical to assume that convective mass transfer plays a role at mixing the solvent
and bitumen while draining via gravity through the reservoir porous matrix. Solvent extraction
experiments were conducted in etched glass micromodels to observe the pore scale phenomena.
The pore scale mechanisms were found to differ depending on how the solvent extraction was
operated, with non-condensing (VAPEX) or condensing (N-Solv'™) solvent. Observations show
increased convective mixing and an increased rate of interface advancement when the solvent
condenses on the bitumen surface. Evidence of trapped butane vapour being mobilised with the
draining live oil and a technique of observing solvent extraction using UV light confirm that the
draining live oil is on average one pore deep. While the interface appears from a distance to be
uniform, at the pore scale it is not. Live oil can drain from one to two pores via capillary
displacement mechanisms in one section of the interface and via film flow only in another area
(James and Chatzis 2004; James et al. 2008). This work also shows the detrimental impact of
having a non-condensable gas present during solvent extraction (James and Chatzis 2008). In
summary, this work emphasises the mass transfer and drainage displacement mechanisms of non-

condensing (VAPEX) and condensing (N-Solv) solvent extraction methods of heavy oil recovery.
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A Area cmz, m?
C Concentration g/mol
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Chapter 1. Introduction

Advancing the technical understanding of the in-situ heavy oil recovery using light hydrocarbon
solvents has major economic and environmental importance for Canada and the rest of the oil
consuming world. Most of the world’s large easily accessible conventional oil reserves are
already being produced. This leaves more costly, geologically and geographically challenging,
smaller deposits of conventional oil and unconventional liquid fuels to fill the gap of the world’s
increasing consumption of oil and oil products. Heavy oil and bitumen are thick or viscous oils
that cannot be efficiently produced using conventional oil production technologies. VAPEX
(VAPour EXtraction) and N-Solv'™ (eNhanced SOLvent extraction) are two emerging heavy oil
production methods invented and developed in Canada. They are enhanced oil recovery (EOR)
techniques to produce in-situ heavy oil and bitumen by first reducing the viscosity through the
addition of a light hydrocarbon solvent into the heavy oil. This thesis aims to qualify and
illustrate the mass transfer mechanisms by which the heavy oil viscosity is reduced and quantify

the diffusivity of butane in heavy oil in applications such as VAPEX and N-Solv.

1.1 Global Oil Consumption and Production

Oil and petroleum products will continue to play an important and dominant role in society for
the foreseeable future. While the exploration and advancement of sustainable, emerging,
alternative energy sources and bio-products are environmentally important, the reality is that
petroleum products are still cheaper and more energy efficient than many alternatives. The
United States is the largest gross consumer of energy in the world, but Canada is the largest per
capita. Rapidly industrialising countries with huge populations like China and India (second and

fifth largest oil consumers in 2007) are quickly consuming more and more energy.

Figure 1.1.1 shows the total energy consumed historically in 1990 and 2005 and total projected
energy consumption in 2010 and 2020. OECD is the organisation for economic co-operation and
development. An OECD member must be a democratic country committed to a global market
economy that supports sustainable economic growth, improved living standards, maintenance of
financial stability, etc. and can be viewed as a sign of a modern, developed country. In 1990 non-
OECD Asian countries consumed only 14% of the world’s 347.4 quadrillion BTUs consumed.
By 2010, 15 years later, they are expected to consume 27% of the world’s 512.5 quadrillion
BTUs and 32% by 2020. The shift in energy consumption is coming primarily from China and

India. In 1990, OECD countries accounted for 57% of the energy consumption which is expected



to drop to 45% by 2020. In the same time period oil consumption is only expected to drop from
37% of the 347.4 quadrillion BTUs in 1990 to 34% of the 608.4 quadrillion BTUs in 2020.
Transportation followed by industrial use of liquid fuels makes up over 85% of the world’s
consumption of liquid fuels and 90% of the United State’s liquid fuels consumption. The
projected forecasts indicate that liquid fuel consumption will continue to increase at an average

rate of 1.2% annually worldwide and even faster, at a rate of 2.8% annually in non-OECD Asia.

Central & South

Africa

Middle East, 3% America, 4%

Other Non-

United States

Canada
ﬁ 3%
Mexico

1%

Non-OECD
Europe &
Eurasia, 19%

OECD Europe

347.4 Quadrillion BTU Consumed in 1990

Africa  Central & South

3% America, 5%
Middle East, 5% °

Other Non-
OECD Asia, 6%
- 40&&

United States

China
17%

Canada
ﬁ 3%
Mexico

1%

Non-OECD
Europe &
Eurasia, 11%

512.5 Quadrillion BTU Consumed in 2010

Africa Central & South
i 3% America, 5%
Middle East, 5%

Other Non-
OECD Asia, 6%

India, 4% United States

Canada
3%
Mexico

1%

OECD Europe

Non-OECD
Europe &
Eurasia, 11%

462.2 Quadrillion BTU Consumed in 2005

Africa Central & South

§ .
Middle East, 5% o2 America, 5%

Other Non-
OECD Asia, 7%
India
4%

China
21%

United States

Canada
3%
Mexico

Non-OECD
Europe &
Eurasia 10%

OECD Asia, 7%

608.4 Quadrillion BTU Consumed in 2020

Figure 1.1.1: World Historical & Projected Energy Consumption (EIA)

Every year the Oil and Gas Journal updates the proven oil reserves worldwide. In December
2008, 2.13 x 10" m® (1.34 trillion barrels) of oil were recorded (Radler 2008). Annual changes
occur due to re-estimating an already producing reserve less the annual production, radical

developments in production technology and any well discoveries. Experts agree that most of the



world’s large oil reserves have been already discovered and now it takes more effort to find
smaller reserves of oil that is less easily recovered. The physical location, geology, and physical
properties of the oil all play an important role in the cost and actual percentage of oil that can be
recovered from a particular reserve. Oil that is deep offshore or in a low permeability, fractured
formation is more difficult and costly to produce than the same quality oil found in homogeneous
sandstone in the desert. As oil demand continues to rise and cheap, conventional oil is being
produced, the world is turning towards less accessible, smaller reserves of conventional oil and

unconventional oil.
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Figure 1.1.2: Historical & Projected Unconventional Qil Production (EI1A)

Unconventional liquid fossil fuels are oils that aren’t produced by drilling conventional, vertical
wells and using the earth’s pressure along with secondary oil recovery techniques to extract the
oil. Unconventional oil consists of shale oil, tar sands, heavy oil, bitumen, gas to oil and includes
biofuels. Figure 1.1.2 shows the projected significance of unconventional oil production over the
next 21 years. Overall, unconventional oil production is expected to increase from 0.375 x 10° m’
(2.36 million barrels) of oil equivalent per day in 2005 to 1.50 x 10® m’ (9.43 million barrels) of
oil equivalent per day in 2030. As shown in Figure 1.1.2, heavy oil and bitumen are expected to
comprise of more than 60% of the unconventional oils until at least 2020. The countries with
significant heavy oil and extra-heavy oil reserves are shown in Figure 1.1.3 where estimates are

for initial oil in place not proven recoverable oil.
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Figure 1.1.3: World Heavy Oil Resources (modified from Smalley 2000)

Significant changes in the estimated proven oil reserves occurred in 2002 when Canadian heavy
oil and bitumen were included at amount of 27.8 x 10’ m® (174.8 billion barrels) (Radler 2002).
The addition of Canadian heavy oil in the reserves estimates positioned Canada as second behind
Saudi Arabia as countries with the most oil reserves. Since 2002, Venezuelan proven reserves
have been steadily climbing to 15.8 x 10° m’ (99.4 billion barrels) in 2008. The heavy oil in both
countries is not newly discovered and the initial oil in place is much greater. The difference is
proving that current technology is capable of producing the “proven” quantity. The
commercialisation of the oil sands, proven in-situ heavy oil recovery methods such as cold heavy
oil production with sand (CHOPS) and steam assisted gravity drainage (SAGD) and committed
heavy oil research in Canada are the governing reasons for the inclusion of Canada’s heavy oil in

worldwide reserves estimates.
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Figure 1.1.4: Viscosity of Heavy Oil and Bitumen (Smalley 2000)



Heavy oil and bitumen are much thicker or viscous than conventional oil. The tar sands are
heavy oil and bitumen deposits found in unconsolidated sand close enough to the earth’s surface
that they can be mined. Figure 1.1.4 shows the range of API gravity and viscosity of different
grade oils found around the world. Heavy oil is often defined as having an API gravity less than
20 and a viscosity greater than 1000 mPa.s (water is 1 mPa.s). The oil is considered bitumen if
the API gravity is less than 10 and the viscosity is greater than 10,000 mPa.s (Dusseault 2006).
The viscosity and shallow depth (pressure) of the heavy oil makes it very difficult to produce

economically using conventional pressure-drive production techniques.

1.2 Canada’s Heavy Qil

Canada’s heavy oil reserves are found in western Canada, mainly in Alberta and Saskatchewan,
as shown in Figure 1.2.1. Situated north of Edmonton, AB, the three main deposits are the
Athabasca, Cold Lake and Peace River oil sands. The geographic location of the reserve is
indicative of the quality of the oil based on geology. The oil deposit is generally shallower and
the oil’s viscosity higher (with a lower °API density) the further east and north it is found
(Dusseault 2006). Conventional oil has a low viscosity (< 100 mPa.s) and is typically found in
deep, high pressure reservoirs where primary recovery is due to the pressure difference between
the reservoir and well. In contrast, the heavy oil and bitumen in western Canada are:

e very viscous, ranging from a few hundred to over 1 million mPa.s and are often immobile

at standard conditions
e found in thin oil seams, with 20 m pay zones on average

e found in unconsolidated sandstone (~0.27 x 10" m’, 1.7 Tb) and fractured carbonates
(~0.08 x 10 m?, 0.5 Tb)

e unconsolidated sandstone porosity ranges from 26-32% and the permeability from 1200-
7500 mD

¢ shallow, such that the reservoir pressure and temperature are low
e current producing fields are found at the surface to a maximum depth of 800-1000 m and
have a reservoir temperature from 4 to 40°C

Sustainable use of heavy oil as an energy source depends not only on the price of oil, but also on
our ability as Canadian researchers to develop an energy efficient and environmentally
appropriate life cycle. Both surface mining of the tar sands and thermal methods of in-situ
extraction are energy intensive processes requiring large volumes of water for separating the
bitumen from the sand or providing heat in the form of steam for reducing the viscosity of the in-

situ oil. Besides water consumption and the land footprint of mining the oil sands and tailings



ponds, heavy oil and bitumen is of lower quality than conventional crude oil. Heavy oil and
bitumen contain 15-20 weight percent asphaltenes (heavy metals and sulphur) which must be
removed from the oil during upgrading resulting in another energy intensive process with waste

products. Any recovery process that can minimise water usage and upgrade the oil in-situ needs

to be seriously considered economically and environmentally.
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Figure 1.2.1: Canada's Heavy Oil and Bitumen (Wikimedia Commons 2006)

1.3 In-Situ Extraction of Heavy Oil

Canada is the world leader in developing EOR techniques for in-situ heavy oil production. Cold
production of lower viscosity heavy oil is possible, but production rates are often low, with
marginal recovery factors and high water cuts. Allowing sand to be produced along with the oil
helps and is known as CHOPS — cold heavy oil production with sand. Sand production used to be

considered disastrous but it does not pose the same risk with new technology and equipment

capable of handling solids (Dusseault 2006). Otherwise, viscosity reduction is essential to

economically produce oils with viscosities greater than a few thousand centipoises. New EOR

techniques and combinations of techniques are constantly being investigated and compared where

the ultimate goal is to maximise oil recovery.



Viscosity reduction can be achieved by thermally reducing the viscosity (heating), by mass
transfer (solvent dilution), or by molecular scission (pyrolysis, in-situ hydrogenation, etc.).
Thermal methods include steam-assisted gravity drainage (SAGD), cyclic steam stimulation
(CSS), and in-situ combustion. The viscosity can be reduced by dilution or the mass transfer of a
light hydrocarbon solvent into the heavy oil as in the case of vapour extraction (VAPEX) or N-
Solv. VAPEX is considered the solvent analog to SAGD (Butler and Mokrys 1989). Both N-
Solv and VAPEX involve injecting a solvent into a heavy oil reservoir to reduce the viscosity of
the heavy oil via mass transfer. The solvent-enhanced live oil then drains via gravity drainage
and is produced through a lower horizontal production well. The recent high oil prices
experienced have motivated some researchers to consider combination thermal-solvent

techniques. Many of these ideas may be more motivated by potential royalties than good science.

Figure 1.3.1 shows a typical representation of a thermal or solvent recovery method using
horizontal wells. Solvent or steam is injected into the upper well where:
o the steam condenses on the cold bitumen surface, reducing the viscosity of the bitumen

through heat conduction (steam assisted gravity drainage — SAGD, or other thermal
steam processes),

e solvent vapour diffuses into the bitumen and reduces the viscosity (solvent processes
operated in the vapour phase such as Vapour Extraction — VAPEX)

e solvent condenses on the bitumen interface and reduces the bitumen viscosity through
heat conduction and mass transfer (when operated so the solvent condenses — N-Solv)

b ) o AL

Injection
Well

Bitumen
Reservoir

a) Side View b) Cross-Sectional View

Production
Well

Figure 1.3.1: Schematic Representation of Solvent Based EOR using Two Horizontal Wells




The viscosity reduced mobile “live o0il” drains via gravity to the bottom production well. The
growth of the solvent or steam chamber is generally upwards first to the top of the oil “pay zone”
during what’s called the chamber rising phase. Then the chamber starts to spread laterally
outwards sweeping the oil bearing formation as the viscosity reduced oil drains downwards. The
pores drained of oil become filled with solvent or steam known as the steam or solvent chamber
which grows laterally in time, known as the chamber spreading phase. Finally, when the
solvent/steam chamber reaches the extent of the oil formation, the height of the oil filled pores

decreases during the chamber falling phase, as shown in Figure 1.3.1b.

1.4 Objectives

The objectives of this doctoral thesis are to explore and understand the in-situ solvent extraction
of heavy oil. Chapter 2 provides a detailed review of solvent EOR methods research to date and
goes on to compare and contrast non-condensing (VAPEX) and condensing (N-Solv) solvent
processes using experimental observations and results along with fundamental theory. Pore scale
observations from experiments in etched glass micromodels provided direct evidence of the mass
transfer of solvent in heavy oil, the pore scale events associated with VAPEX and N-Solv and the
determination of how mass transfer and gravity drainage interact to advance the VAPEX interface
(James and Chatzis 2004; James et al. 2008). Observations show that convective mixing plays an
important role at the pore scale. The effect of solution gas or another non-condensable gas
present in the solvent chamber is clearly shown to have a negative impact on production (James

and Chatzis 2008).

Another long term objective has been to quantify the concentration dependent diffusivity of
solvent into heavy oil. High solvent-bitumen mass transfer rates observed in laboratory scale
experiments dictate that the dilute diffusion assumption often used is violated. Chapter 4
describes over a decade of research trying to quantify the diffusivity of solvent in heavy oil. The
experimental approach and results are presented for the one-dimensional diffusion of butane in
heavy oil where the rate of solvent mass transfer (bitumen swelling and solvent uptake) was
measured with time. Finally, a mathematical model was developed to describe the bitumen
swelling from first principles and is used to find the diffusivity function coefficients by
optimising the predicted versus experimentally measured bitumen swelling. Both the
experimental aspects and mathematical model were developed and perfected over time (James
2003). The fact that the optimised diffusivity is independently validated using the solvent mass

balance differentiates this work.



Chapter 2. Literature Review of Solvent
Extraction Processes

2.1 History of Solvent Processes

Butler and Mokrys published their first VAPEX paper on the solvent analog of steam-assisted
gravity drainage in 1989. Liquid toluene was used to extract two different oils (Athabasca and
Suncor Coker) from Hele-Shaw cells. However, the idea of using solvent to produce heavy oil is
derived from the 1970s, when Allen (1974) varied the ‘huff and puff’ process by alternating
steam and solvents like butane and propane. Allen and Redford (1976) also used liquid solvent,
along with a non-condensable gas, and injected these into the reservoir. Nenniger (1979) patented
the injection of pure gas or a mixture of gases at or below the vapour pressure of the gaseous
mixture in order to recover the heavy oil-in-place. At that time, he was thinking of carbon
dioxide and ethane as the best options for the solvent due to their availability and lower cost.
Dunn et al. (1989) investigated the recovery of heavy oil from sand using carbon dioxide and
ethane. However, the discouraging production rates from these efforts proved uneconomical on
paper and, therefore, were never tried in the field. The technological breakthrough of horizontal
wells revitalised the idea of using solvent injection to produce heavy oil after a 10 year gap!
Throughout the 1990s VAPEX research focused on performing laboratory-scale experiments in
non-porous models (Hele-Shaw cells) and in porous media models such as unconsolidated sand
or glass beads packed into various dimensioned models (Butler and Mokrys 1989, 1991, 1993;
Das 1996; Jiang 1996; Jin 1999; Oduntan 2001; Ramakrishnan 2003; James 2003; James and
Chatzis 2004; Karmaker and Maini 2003; Talbi and Maini 2004; Friedrich 2005; Yazdani and
Maini 2005, 2006, Tam 2007; Rezaei and Chatzis 2008; and Moghadam et al. 2009).

The concept of using heated miscible solvents to recover heavy oil and bitumen commenced in
the early 1970s. Farouq Ali and Snyder (1973) and Awang and Farouq Ali (1980) suggested hot
miscible displacement using solvents. Instead of waterflooding a reservoir, the thought was to
use a warm liquid solvent that was miscible in the heavy oil to help reduce the heavy oil viscosity

and increase the recovery efficiency.



2.2 Summary of Vapour Extraction (VAPEX) Literature Results

Most VAPEX experiments have involved laboratory scale models where heavy oil is recovered

from various shaped geometry systems filled with saturated porous media by injecting either

vapour or liquid solvent. The following table summarises the majority of VAPEX experiments

carried out to date and describes the VAPEX system used, the solvent used along with its state

and method of injection and the experimental goals.

Table 2.2.1: Summary of Laboratory Scale VAPEX Experiments

Author & VAPEX System

Objectives and Results

Butler and Mokrys (1989)

Hele-Shaw cell
[7cmx 2.6 cm x 7 cm]

- Observed asphaltene precipitation
- Scaling equations were proposed for production rates

Butler and Mokrys (1993)

2-D Packed Model

[3.46 cmx 21.7 cm x 69.8 cm]

1 mm beads, Preads = 1327 kg/m’
k=1136 pm’

$=0.39

Heavy oil

Lloydminister (Tangleflags)

p= 10,000 mPa.s at 20°C

p =972 kg/m’ at 20°C

15.6 wt% asphaltenes (pentane, 20°C)

Solvents

Hot water & propane

Constant propane (1) injection just
below the dew point.

Propane

Ethane

Hot Water Flood and Propane Vapour Results:

- P=1.34-1.38 MPa (196-200 psig), T =42 — 47°C

- Recovery = 60% in 7 hours

- Production Rates = 500 g/hr (857 bbl/day) from 1h 46min to
2h 36min & 150 g/hr (260 bbl/day) from 2h 36min to 6h.
Rates are shown in parentheses are estimated scaled rates
using a 10m pay zone and a 2-sided 457m horizontal well.

- Observations = Some asphaltene precipitation

Propane Results:

- Pressure = 0.888 — 0.918 MPa (129-133 psig)

- Temperature = 26 - 30°C

- Recovery = 66% in 8 hours

- The recovery resulted in two distinct scaled recovery rates
starting at 155 g/hr (270 bbl/day) for the first 3 hours and
ending at 72 g/hr (126 bbl/day) from 3 to 8 hours. Rates are
shown in parentheses are estimated scaled rates using a 10m
pay zone and a 2-sided 457m horizontal well.

- The oil was upgraded from 10,000 to 2000 mPa.s

Ethane Results:

- Recovery =26% in 7 hours

- Two distinct laboratory scale rates resulted in scaled recovery
rates starting at 140 g/hr (243 bbl/day) for the first 2 hours
and ending at 38 g/hr (66 bbl/day) from 2 to 8 hours. Rates
are shown in parentheses are estimated scaled rates using a
10m pay zone and a 2-sided 457m horizontal well.

- There was no visible asphaltene precipitation.
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Author & VAPEX System

Objectives and Results

Jiang and Butler (1996)

2-D Packed Model

[3.2cmx 21.6 cm x 35.6 cm]
Alternate layers of Ottawa Sand:
20-30 mesh, k =214 um?

30-50 mesh (fine), k = 43 um?
$=0.35-0.37

Heavy oil

Lloydminister (Tangleflags)
w = 7400 mPa.s at ambient
SOI: 0.79-0.82

Solvent

n-Butane at its vapour pressure
Tub ~ 20°C, Tomp = 21-23°C
P’,,, = 110-124 kPa (16-18 psig)

Goal: Their goal was to investigate the effect heterogeneity
using nine continuous layers of alternating high and low
permeability as well as discontinuous lenses of low permeability
zones.

Results:

- Oil production rates are lower for heterogeneous layered
systems compared to homogeneous systems.

- Vertical fractures and solvent injection from the top of the
system both result in higher oil production rates due to better
communication between the solvent and heavy oil.

- The solvent chamber easily extends around discontinuous
lenses of low permeability.

- The solvent chamber advances into the higher permeability
layers of the continuous layered model while growth into the
low permeability layers is retarded by capillarity.

Das (1995), and
Das and Butler (1996a, 1998)

Hele-Shaw cell
k = 1344 and 5400 pm’

2-D Packed Model

[3.2cmx 34 cm x 22 cm)]
Ottawa sand or Glass beads
k=27,43.5,217,432,1032 pm’
$=0.35-0.37

Heavy oil (at 20°C)
Peace River, p = 130,000 mPa.s
Lloydminister, p = 10,000 mPa.s

Solvents
Propane & n-butane below and near
their vapour pressures

Goal: The goal was to assess VAPEX in terms of performance
and impact of asphaltene precipitation

Hele-Shaw Results:

- Production rates increased with solvent partial pressure below
the vapour pressure.

- When the solvent was used at its vapour pressure de-
asphalting occurred in regular patterns in the Hele-Shaw cell.

- Production rates using propane and Peace River oil were
increased 35% by the onset of de-asphalting.

2-D Packed Model Results:

- The production rates from the saturated 2-D models were
found to be almost 10x higher than expected using scale-up
predictions.

- ro\/k_

- They hypothesised that production rates were higher in
porous media due to the increased surface area in the pores
and the cross-current flow of the solvent and live oil
drainage.

- An effective diffusivity taking into account the ratio of the
diffusion area to the fluid flow area may help account for
differences between experimental and predicted production
rates.

- Increased production rates from porous media models may be
attributed to imbibition of the live oil and higher spreading
coefficients of the live oil over connate water.
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Author & VAPEX System

Objectives and Results

Boustani & Maini (2001)

Hele-Shaw cell [DxWxH]
[10Ttx 7.6 cm x 7.4 cm]
k =254 um’

Heavy oil
Dover
u = 543,800 mPa.s at 20.5°C

Panny
u=51,676 mPa.s at 10.5°C,
10,800 mPa.s at 19.5°C, and
5918 mPa.s at 23°C

Solvent
Propane

Goal: The goal was to identify the main mass transfer
processes at the VAPEX interface.

Results:

- Using the Hayduk et al. (1973) for the diffusivity of propane
in Peace River bitumen where D = 0.0591 x 10 ">* m?s,
the Butler and Mokrys (1989) VAPEX parameter, N, was
determined for the maximum solvent concentration. This
proved to be 1-2 orders of magnitude different than N; values
back-calculated from the experiments.

- When Taylor dispersion was taken into account in the
effective diffusivity, the discrepancy between analytically
found and experimentally determined values of N were
minimised for equivalent Peclet numbers.

Oduntan (2001)

2-D Troughs [DxWxH]
[1.9cmx 1.6 cmx 21 cm, 42 cm, 84
cm, 160 cm, 247 cm]

Unconsolidated Glass Beads
k =25, 84, 134, 190 um?, ¢ = 0.38
Dip Angle = 45°, 90°

Heavy oil
u=40,550 mPa.s at Ty
p =970.3 kg/m’

Solvent
Free flow C4H g at its P yap(Tamp)
T =19-22°C

*

P*,,p = 110-124 kPa (16-18 psig)

Goal: The goal was to examine the effect of length,
permeability, and heterogeneity on production using
unconsolidated glass beads at a 45° dip angle using n-butane.

Results:
- Q oc \/k L, where L = length of the VAPEX model.

- Cumulative live oil production was linear with time.

- SOR was found to be 3-5% OIIP after blow down.

- Live oil properties were found to be essentially independent
of packing length and permeability:

o = 2-3 mPa.s, w, = 0.40-0.42, p;, = 700-870 kg/m’.

- Heterogeneous models exhibited higher residual oil
saturation and lower live oil production rates compared to
equivalent permeability homogeneous systems.

- Asphaltene precipitation was visible near the production end.

Ramakrishnan (2003)

2-D Troughs [DxWxH]
[1.9cmx 1.6 cm x 84 cm]

Unconsolidated Glass Beads
k =25, 84, 134, 190 umz, $=0.38
Dip Angle =45°, 75°, 80°, 90°

Heavy oil
p = 70,000 mPa.s at ambient

Solvent

Free flow C;Hg at its P*Vap(TWB)

Typ = 20-24°C, Ty = 21-26°C
P’,,, = 724-827 kPa (105-120 psig)

Goal: The goal was to examine the effect of permeability and
dip angle on production using propane.

Results:

- Live oil production rates were found to be constant.

- SOR = f(dip angle). SOR for 45° dip angles ranged from 10-
13% whereas SOR for larger dip angles was found to be 5-
7% pore volume after blow down.

- Wo = 2.5-5 mPa.s (appeared to depend on permeability),

o, = 0.35-0.40, p;, = 450-850 g/m’.

- Heterogeneous models exhibited higher residual oil
saturation and lower live oil production rates compared to
equivalent permeability homogeneous systems.
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Author & VAPEX System

Objectives and Results

Cuthiell etal. (2003)

2-D Models [DxWxH]
[2.8 cm x 25 cm x 30 cm]

Silica, sand and mixture of both
k=8, 87, 89 pm?’

Heavy oil
Aberfeldy Lloydminister
u = 5500 mPa.s at 25°C

Solvent
Toluene (1)

Goal: Their goal was to examine the diffusion/dispersion
phenomena and viscous fingering in liquid toluene miscible
flooding of heavy oil using a CT scanner to capture the effects.

Results:

- This was a solvent miscible flood experiment. The use of a
dispersion coefficients and X-ray is interesting.

- Growth of the solvent chamber and internal mixing in the
dominant finger was observed using x-ray.

- The dispersion coefficient was found by choosing different
dispersion coefficients and simulating the results to match the
experimentally observed viscous fingering qualitatively and
quantitatively match post-breakthrough production rates
using the Butler and Mokrys model although the model was
derived for gravity drainage not miscible flooding.

- The “best” dispersion coefficient matching experimental
results was consistent with the transverse dispersion
coefficients published by Blackwell (1962).

Karmaker and Maini (2003)

3-D Models [DxWxH]
[3.2cmx 67.3 cm x 15.3 cm]

Silica, sand and mixture of both
k =326 um?* (330 Darcy), ¢ = 0.38

Heavy oil

u =40,000 mPa.s at 10°C
p =600 mPa.s at 20°C

p = 9000 mPa.s at 20°C

Solvent

Propane

Connate Water = 3.5%
Gas Cap=3 cm

Goal: The goal was to examine the effect of oil viscosity, well
placement, gas cap and operating pressure on the production of
dead oil from a laboratory scale model.

Results:

- Increasing the temperature decreased start-up time when the
injection as placed opposite the production well at P = 1048
kPa (152 psig) with a gas cap present). The increase in
temperature from 10 to 19°C increased the cumulative
production (2% rate increase for every 1°C rise). Although
the solubility decreases, the viscosity decreases and mass
transfer increases with increasing temperature.

- Oil production more than doubled when the viscosity was
decreased from 9000 to 600 mPa.s at 1048 kPa and 10°C.

- The dead oil production increased 37% when the operating
pressure was increased from 931-1034 kPa (135-150 psig) as
the solubility and mass transfer are increased.

- Well spacing (at opposite ends) effected the initial
communication but resulted in the same cumulative
production when no gas cap was present. Production rates
were identical irrespective of well spacing with a gas cap.

- Production increased with initial solvent injection rate.
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Author & VAPEX System Objectives and Results
James (2003) and
James and Chatzis (2004)
Consolidated & Unconsolidated Glass | Goal: The goal was to examine the effect of length and dip
Beads angle on production from consolidated glass beads using butane
k = see table and investigate the VAPEX interface advancement in
unconsolidated glass beads.
Heavy oil ] )
Ho = 85,000 mPa.s at ambient Consolidated Media Results:
Ly = 70,000 mPa.s at ambient - Qo = constant with time, Q,, o L, Qy, cc sin(0)
- Live oil density and solvent concentration were independent
Solvent of length and angle with p, = 810820 kg/m® and o, = 0.27—
n-butane supplied at its vapour pressure 0.32.
at water bath temperature - Residual oil saturation increased from 10-22% PV as the
Ty, =21.5°C and 23.0°C length of the system decreased.
P ap =114 and 131 kPa
(16.6 psig and 19.0 psig) VAPEX Interface Advancement, U,"

- Except for the top 20% of the model and the capillary region,
the rate of VAPEX interface advancement was found to be
constant in higher permeability unconsolidated media. This
agrees with the constant cumulative production of live oil.
Using unconsolidated glass beads saturated with heavy oil,
live oil production was found to be constant and did not slow
until the height of the VAPEX interface was reduced to over
half its original height (well into the chamber falling phase).
The logical explanation for this phenomenon is that the
VAPEX interface visible at the surface of the model advances
more quickly than the pores where there is no wall/boundary
effect.

Consolidated Glass Beads Unconsolidated Troughs

S1 S3 L2 L1 D2 D3
Height, H (cm) 325 40.1 545  60.2 92 23.7
Width, W (cm) 3 4.8 4.8 4.8 0.96 0.65
Permeability, Ky (Darcy) 74 68 66 76 285 350
Porosity, ¢ 0.30 0.30 030  0.30 0.38 0.38
Q (cm®/min) 0.11 0.2 024 031 0.2 0.11
VAPEX Interface Velocity (cm/hr) n/a n/a n/a n/a 0.29 0.53
Live Oil Thickness, & (mm) 0.74 067 072 072 | 0.60 0.66
Diffusivity (cm?%s) Time to Diffuse One Pore, tp (S)

1.00E-06 416.7 341.6 394.5 394.5 273 336
1.00E-05 41.7 34.2 39.5 39.5 27 34
Live Oil Velocity (cm/s)

Superficial Velocity, Vi, 0.0083 0.0104 0.0116 0.015 0.058 0.042
Predicted Velocity, V*|D 0.0116 0.0107 0.0104 0.012 0.045 0.055
% Difference 41% 3% 10% 20% 23% 30%

* Based on experimental evidence that live oil drainage occurs in one pore, the live oil thickness was estimated
as one pore diameter, approximately equal to the average particle diameter.

) . ) Constant

Darcy Velocity Superficid Velocity A% 0.612

v - Kett Ap 0 Vi = Qexp a (cm/s?) 981
lo = P CRRYY St u (g/cm.s) 0.05
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Author & VAPEX System

Objectives and Results

Talbi and Maini (2004)

Cylindrical Annulus [DxWxH]
[3.0cm x 42.3 cm x 30 cm]
12-16 US mesh glass beads

k = 632 um? (640 Darcy)
$»=0.35

Heavy Oil

Oil #1

p = 4500 mPa.s at 21°C
p =982.6 kg/m’

0il #2
u = 18,600 mPa.s at 21°C
p =987.5 kg/m’

Solvents

Propane & CO,

Propane & CH4

C;H; (1) injected at 40 cm’/h

P=1.38,1.72,2.76,4.14 MPa
(200, 250, 400, 600 psig)

T=21-25°C

Goal: The goal was to examine the effect of non-condensable
gas (CO, & CHy) on production rates from laboratory scale
models using two different viscosity oils at different operating
pressures.

. Pressure | Duration Avg. Gil Oil
Oil NCG (MPa) (hours) Rate Recover
(cm*/h) Y
1 CO, 1.72 9 85.69 47.5%
1 CO, 1.72 9 85.42 46.9%
1 CH, 1.72 9 94.85 52.4%
1 CH, 4.14 9 59.56 32.1%
1 CO, 4.14 9 79.11 42.5%
2 CO, 1.38 12 34.33 25.1%
2 CH,4 1.38 12 41.51 29.8%
2 CO, 2.76 12 40.76 30.0%
2 CH,4 2.76 12 36.03 25.8%
2 CO, 4.14 12 44.26 32.7%
2 CH, 4.14 12 29.58 24.3%
2 |CO,only| 4.14 12 21.69 15.6%

CO, used as a non-condensable gas results in higher production
rates at mid to high operating pressures while CH, is more
efficient at low pressures.

Friedrich (2005)

2-D Packed Model [DxWxH]
[0.95 cm x 10.5 cm x 44 cm]
590 pum glass beads

Etched Glass Micromodels

Heavy Oil

u = 23,000 mPa.s at 22°C

p =980 kg/m’

18.3 wt% asphaltenes using Cs

Solvent

Pentane & air at ambient pressure
yes =0.65 - 0.86

Goal: The goal was to examine production rates and properties
of the live oil using in a pentane-air VAPEX process.

Results:

- The vapour fraction of pentane in air was varied from 0.65 to
0.86 mass fraction by varying the temperature of the liquid
pentane. There was little to no effect on production rates
over this range.

- Production varied with the square root of time, possibly due
to the diffusion boundary layer and/or model dimensions.

- Live oil properties: p=4-6 mPa.s, o, = 0.46-0.48, SOR =
3.8-6.0 % PV.

- The effective diffusivity calculated from the VAPEX
interface advancement and found to be on the order of 0.09—
0.12 cm?/s.

- Micromodel observations include drainage by film flow,
trapping by snap-off and solvent trapping.
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Author & VAPEX System

Objectives and Results

Yazdani & Maini (2005, 2006)

Cylindrical Annulus [DxWxH]
[3.0cm x 42.3 cm x 30 cm]
[3.2 cm x 84.6 cm x 60.1 cm]

k
Pack Swe
(um?) | @
1 218 0.35 0.007
326 0.36 0.055
3 632 0.37 0.041
Heavy Oil

Dina: p= 18,648 mPa.s at 9°C,
p =982.6 kg/m’, P = 41.4 kPa (6 psig)

Elk Pt: n= 18,656 mPa.s at 21.6°C, p
=987.5 kg/m’, P = 110.3 kPa (16 psig)

Solvent
n-butane at constant injection

Goal: The goal was to investigate the significance of the grain
size parameter and drainage height.

Results:

- Asphaltene precipitation was observed.

- The average solvent concentration was found to be 0.40
volume fraction

- Dead oil production was found to scale with the square root
of the grain size parameter (k¢™, where m is the cementation
factor) and the drainage height raised to an exponent of 1.1-
1.3 instead of 0.5:

A

_hl

n
j , wherel.1<n<1.3
(™)
1

Tam (2007)

Cylindrical Annulus [DxWxH]
[0.635cm x 10 cm x 101 cm]
k =296, 1108 um? (300, 1123 Darcy)

Heavy Qil

u=23,200 mPa.s at 22°C

p =980 kg/m’

18.3 wt% asphaltenes using Cs

Solvent
Butane

With and without condensation
With and without connate water

Goal: The goal was to examine the effect of connate water on
VAPEX and compare non-condensing versus condensing
solvent extraction.

Results:

- 5% connate water in 296 um? system resulted in a minor
decrease in live oil production from 0.66 to 0.57 cm®/min.
Bitumen production decreased from 0.66 to 0.57 g/min and
solvent content from 0.38 to 0.35 mass fraction.

- 7% connate water in an 1108 pm?” system resulted in an
increase in live oil production from 1.15 to 1.25 ¢cm’/min.
Bitumen production decreased slightly from 0.754 to 0.749
g/min but solvent content increased from 0.25 to 0.30 mass
fraction with connate water.

- The effect of condensation was compared at 1108 um? at
P*vap =103.4-110.3 kPa (15-16 psig). The live oil
production rate increased from 1.15 to 2.15 cm’*/min while
bitumen production increased from 0.754 to 0.96 g/min (a
27% increase over the non-condensing case). The solvent
content jumped from 0.25 to 0.60 mass fraction with
condensation and the horizontal interface advancement
increased from 0.018 to 0.031 cm/min.
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Author & VAPEX System

Objectives and Results

Rezaei and Chatzis (2008)

2-D Packed Model [DxWxH]
[1.91 cmx 7.62 cm x 41.9 cm]
k =296, 987 pm?

(300, 1000 Darcy)

Heavy Oil (at 35°C)
Lloydminster blend: 4800 mPa.s
Cold Lake: 36,000 mPa.s

Solvent
Pentane at 35°C

Goal: The goal was to systematically examine the effect of
different oil, porous media properties and heat on the effect of
production in both condensing and non-condensing solvent
processes

Results:

See section 2.3.

When compared to VAPEX, condensation was slightly more
advantageous in the lower permeability system at both
viscosities.

Production increased with condensation for a given
permeability. The increase was more pronounced for the
lower viscosity oil: 31% increase compared to 12.5% for the
more viscous oil.

Haghighat and Maini (2008)

Cylindrical Annulus [DxWxH]
[3.0cm x 42.3 cm x 30 cm]
k=2.7 um?*, ¢=0.37

Elk Pt Heavy Oil
p=20,500 mPa.s at Ty
p =987.5 kg/m’

Solvent
C;Hg at P =750, 814, 850 kPa,

C3;Hg at P = 850 kPa & toluene (1) at 1

cm’/hr, and
C4H10 at 200 kPa.

Goal: Using a realistic permeability of 2.7 um?, the goal was to
determine the affect of asphaltene precipitation on production.

Results:

There was minimal difference in cumulative dead oil
production for the three different propane injection pressures.
The average live oil solvent concentration was 0.5 volume
fraction when propane was injected at 814 and 850 kPa but
0.3 volume fraction at 750 kPa injection pressure.

The asphaltene content decreased from 10 to 4% when
operated at 814 or 850 kPa. There was no reduction in
asphaltene when operated at 750 kPa.

Moghadam et al. (2009)

2-D Packed Model [D x W x H]
[20cm x 40 cm x 10 cm)]
k=16, 25, 49, 96, 103 pm’

Heavy Oil
p = 11,900 mPa.s at 20.8°C
p =978 kg/m’ at 20.8°C

Solvent
Propane at 800 kPa

Goal: The goal was to model the VAPEX process and predict
the depth of the draining live oil.

Results:

See section 2.4 for a detailed discussion.

Experimental production rates were found to vary with the
square root of permeability although the authors only
compared cumulative production at the end of the
experimental time.

Predicted and observed dip angles were in good agreement.
The depth of the draining live oil was determined to be in the
range of 1 — 2 mm and increased with decreasing
permeability.
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Author & VAPEX System Objectives and Results

El-Haj et al. (2009)

Cylindrical Model [H x D] Goal: The goal was to find the dispersion coefficient of butane
[21 cm x 6 cm] in heavy oil during VAPEX by comparing predicted &
k=109, 155 178 pm® experimentally found production rates.

(110, 157, 180 Darcy) .
=038 Results:

- The physical model incorporates oil being produced from a
vertical standing core saturated with heavy oil.

- The shape of the predicted and VAPEX interface is in
agreement with observed advancement by James (2003).

- The concentration dependent dispersivity was found to vary
with permeability and values decreased with increasing

Solvent . permeability with values of: 9.8 x 10%w,, 9.5 x 10”0, and

Butane at 1-2°C < Tsyso 9.4 x 108w, m%/s for the 109, 155 and 178 um2 systems.

Tsys =20.6,21.8,19.5°C - The interfacial concentration of butane in heavy oil was

Pyys = 106.2, 107.6, 108'2,1(1)3 predicted to be 0.71 mass fraction.
(154, 15.6, 15.7 psig)

Heavy Oil (room temperature)
w = 280,000 mPa.s
p = 860 kg/m’

2.3 Effect of Heat on the VAPEX Process

A solvent heated to a temperature greater than the reservoir temperature carries some sensible
heat to the VAPEX interface where it condenses on the colder surface of the bitumen. The
viscosity of the oil is reduced from the mass transfer of the solvent into the bitumen as well as the
the sensible heat transfer from the solvent to the bitumen and via ‘thermal diffusion’ or the Soret
effect. Butler and Jiang (2000) and Karmaker and Maini (2003) examined the effect of an
increased reservoir temperature on production rates from laboratory scale models. Butler and
Jiang (2000) conducted VAPEX experiments in a large rectangular packed glass bead model
saturated with 870 mPa-s viscosity using Atlee Buffalo field oil. Using propane as the solvent,
production rates increased 21.5% when the operating temperature was raised from 21°C to 27°C.
Karmaker and Maini (2003) observed an 18% increase in oil production when the operating
temperature was increased from 10°C to 19°C. Their system consisted of a 16-20 mesh sand
packing with a permeability of 336 um” (340 Darcy) saturated with 40,000 mPa-s oil (at 10°C).
Both authors used constant solvent injection, so it is unknown whether or not the solvent
condensed. Frauenfeld et al. (2006) compared condensing solvent and a solvent-steam hybrid
VAPEX to normal VAPEX and stated that the goal of applying heat was to more quickly
establish communication between the injection and production wells, as well as further reduce the

viscosity of the oil near the well.
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Rezaei and Chatzis (2008) have been working on understanding the effect of solvent
condensation on production rates. They are systematically investigating the effect of
condensation on production rates by examining parameters such as temperature above the boiling
point of n-pentane (i.e. rate of condensation), oil viscosity, and permeability. The effect of each
variable on the rate of oil production, solvent concentration and asphaltene precipitation is being
compared to a non-condensing VAPEX process as a baseline. A 1.91 cm x 7.62 cm x 41.9 cm
model packed with saturated glass beads equivalent to 296 um” (300 Darcy) or 987 pm? (1000
Darcy) was extracted using n-pentane boiling at 35°C either in non-condensing or condensing
solvent mode (i.e. model at 36.5 or 34.5°C) using two different viscosity oils (4800 and 36,000
mPa.s at 35°C). When compared to non-condensing VAPEX, solvent condensation proved to
increase production. Condensation was slightly more advantageous in the lower permeability
system (296 pm?) at both viscosities. The effect of condensation was compared for different
viscosity oils in different permeability systems. Using the average production rate increase over
normal VAPEX for both permeability systems, the increase was more pronounced for the lower
viscosity oil compared to the higher viscosity oil. The permeability averaged production rate

increases were 31% for the 4800 mPa.s oil compared to 12.5% for the 36,000 mPa.s oil.

2.4 Depth of the Viscosity Reduced Oil at the VAPEX Interface

The depth of the mobile live oil at the solvent-bitumen interface has been a key question with
respect to scaling solvent process production rates. In a recent paper by Moghadam et al. (2009)
the depth of the viscosity reduced live oil layer between the solvent and bitumen (i.e. the
transition zone thickness) was determined. The depth of the live oil was assumed constant
throughout the height of the solvent-bitumen interface and set as an adjustable parameter for

which the difference in calculated and measured cumulative volumes were minimised.

Experimentally, a 400 mm wide by 100 mm high by 20 mm transparent laboratory model was
filled with different permeability sand (k = 103, 96, 49, 25, 16 um?) and saturated with heavy oil
(p = 978 kg/m® and p = 11,900 mPa.s both at 20.8°C). Propane set at 800 kPa was used as a
solvent where the vapour pressure at 20.8°C is 854 kPa and it was allowed to flow freely as
necessary into the model (following the practise of the Porous Media Group at the University of
Waterloo although the authors did not reference this methodology). Experimentally, the
permeability (k), porosity (¢), cumulative production (Qy,), solvent-oil ratio — SOR, final time (t)

were measured. Photos were taken to track the interface shape, dip angle (6,,) and advancement.
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Mathematically, two sets of expressions were derived for the calculated cumulative production
dependent on the sweep phase, chamber spreading or chamber falling phases. The equations are
dependent on the residence time (characteristic time) it takes the live oil to drain in the spreading
chamber (At;) and falling chamber (Atg) phases respectively, the depth of the live oil (J - set as an
adjustable parameter), the dip angle (6. — calculated), and properties of the system (height (h),
depth (d), change in oil saturation (AS,) and porosity (¢)).

. hAtg | cos® 0
t (spreading )= —2 —In| tan— 2.4.1
( P g) 26 Lin2 0 n[ " zﬂ ( )
Qc (spreading) = h?d ¢ AS,, cotd (2.4.2)
At 1+ cos 6 ln(tan 0) 1+ cos Hln(tan 0)
t (falling) =t it 2)_ 2 (2.4.3)
s 1) cos O cosd .
Q. (falling) = hwd ¢ AS, (2 — cot f5 tan 6) (2.4.4)

The characteristic time (using Darcy’s Law) during the spreading and falling phases are functions
of the maximum solvent concentration dependent viscosity (Uo(Cmax)) and density (Po(Cmax))
assuming a vertical dip angle. The solubility is assumed to be 0.2606 g solvent/g oil with a

corresponding density of 828 kg/m’, and a viscosity of 8.51 mPa.s.

tg = h 115 (Cnax) (2.4.5)
K po(Cmax)9

f =
K 00(Crnax )9

Using the root mean square difference in the measured and calculated cumulative production at
different times as the objective function for which to minimise, the depth of the transition zone
was determined throughout the test time. The depth of the live oil varied from a constant value of
1 mm for the largest permeability of 103 um? in test #1 to a slightly variable thickness with an
average of almost 2 mm for tests #3, 4 and 5 (k = 16, 25 and 49 um?) where the lowest
permeability resulted in the thickest calculated draining live oil film. The resulting set of
equations also solved for a calculated dip angle. When compared to experimentally observed dip
angles, the calculated angles for the two lower permeabilities deviated from measured values by

almost 18% but less than 10% for higher permeability tests (tests #1-3).
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Figure 2.4.1 is a picture of experiment #5 (16 um” permeability) at the end of the experiment.
There are three observations to consider when looking at this photograph: 1) From the picture it
is easy to see that production is still within the chamber spreading phase as the swept area has not
reached the top left most or top right most corners. Based on the model geometry, the end of the
spreading phase should correspond to a 27° angle. The final measured angle of 33° (in Figure
2.4.1) is clearly still in the chamber spreading phase for which they predict it to take almost 102
hours to reach. 2) There is no capillary height shown even though the permeability is only 16
pum”.  This could be for one of two reasons: a) the solvent is condensing in the model (see
Observation #3) or b) the oil is not draining by gravity drainage. If the solvent was not
condensing and the oil was draining by gravity drainage a fully saturated capillary region should
be observed where the gravity forces are not sufficient to overcome the capillary height of
imbibition (h.). Therefore, the pressure difference, AP, must be greater than the capillary height
difference (Apgh.) where Ap is the difference in live oil and solvent vapour density and g is the
gravitational constant. The authors do not mention what pressure the back pressure regulator is
set at. The equations for the VAPEX model were developed assuming gravity drainage. 3) The
third observation is that Figure 2.4.1 also shows evidence of asphaltene precipitation. The
precipitation is only visible in the 18-25 hour range (dark zones close to the vertical middle line)
yet production remains consistent throughout this time period (as shown in Figure 2.4.2). If the
solvent was condensing everywhere in the model, asphaltene precipitation would be visible
throughout and slightly higher production should be measured. The interfacial tension between
the condensed solvent and solvent vapour is sufficiently small as to reduce a capillary region

unlike the interfacial tension between “live” oil and solvent vapour.

por

1r=52.0 h, Orn = 33.0°, Br. = 38.9°
QFm=67.6 cm’, Qr.=77.1 cm’

Figure 2.4.1: Photo of the Swept Area (Solvent Chamber) and Remaining Oil at End of
Experiment (k = 16 pm? (Moghadam et al. 2009)
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Cumulative production is compared in Figure 2.4.2 yet the authors do not discuss rates but blame
lower cumulative production on reduced permeability due to asphaltene precipitation in the lower
permeability tests. In reality, the lower permeability test #5 was terminated prematurely and its
cumulative production should not be compared to the cumulative production from the higher
permeability tests (test #1-3). If one compares the production rates assuming linear cumulative
production at 20 hours the data shows a square root dependence on permeability as shown in
Figure 2.4.3. This is consistent with previous experimental results from laboratory scale models
(Das and Butler 1998; Oduntan 2001, Ramakrishnan 2003) and do not indicate any asphaltene

plugging issues at lower permeabilities.

The characteristic or residence time during the spreading and falling phases is dependent on the
maximum concentration. The maximum concentration was assumed to be the solubility (0.2606
g solvent/g oil) yet the experimental solvent to oil ratios range from 0.33 to 0.63 g solvent/g oil.
The authors should consider using the experimentally found average solvent concentrations to

determine the live oil density and viscosity used in calculating the residence time.
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Figure 2.4.2: Comparison of Experimental and Calculated Cumulative Production
(Moghadam et al. 2009)
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Figure 2.4.3: Square-Root Dependence of Experimentally Found Production Rates on
Permeability (data from Moghadam et al. 2009)

2.5 Solvents Mixed with Non-Condensable Gas

While laboratory experiments are often carried out using pure solvent this may not be practical in
the field. The vapour pressure of many of the solvents proposed for VAPEX (propane, butane,
etc) is below the reservoir pressure. If one does not desire condensation, as in the VAPEX
process, the hydrocarbon solvent can be mixed with a non-condensable gas such as methane
(CHy) or carbon dioxide (CO;). This would reduce the solvent partial pressure to below its
vapour pressure. The mixing of the solvent with a non-condensable gas has been promoted as
advantageous for environmental reasons such as injecting CO, into the reservoir and economical
reasons of reducing the solvent inventory required. @ However, there are two possible
disadvantages of mixing the diffusing solvent with non-condensable gas: 1) the rate of solvent
mass transfer into the heavy oil is lowered and 2) asphaltene precipitation is less likely to occur if

the solvent is not at its dew point.

Talbi and Maini (2004) examined the effect of mixing propane with either methane or carbon
dioxide on VAPEX production rates. Propane (1) was supplied at a constant rate of 40 cm’/h and

mixed with either CH4 or CO, to pressures of 1.38, 1.72, 2.76, and 4.14 MPa (200, 250, 400, and
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600 psig) to recover two different viscosity oils (4500 and 18,600 mPa.s). Procedure wise, the
annular model was filled with glass beads, packed via vibration resulting in a 35% porosity and
632 um® (640 Darcy permeability), air removed via vacuum, saturated with brine and finally
saturated to approximately 95% pore volume with the respective heavy oils. Free gas production

was metered and measured by displacing water in a known volume cylinder.

The results are summarised in Table 2.2.1. There were five experiments performed with the
lower viscosity oil and seven with the higher viscosity oil. The average oil production rates were
consistently higher when the annulus was saturated with the lower viscosity oil (4500 mPa.s), at
all pressures, regardless of non-condensable gas. At lower pressures (1.38 and 1.72 MPa), the
average oil production rates were higher using methane as the non-condensable gas for both
viscosity oils. At mid to high pressures (2.76 and 4.14 MPa), the average oil production rates
were higher using CO, as the non-condensable gas. The authors concluded that at higher
operating pressures the partial pressure of the non-condensable gas is increased and the solubility
and diffusion of CO; is greater than CH,. At the same time, the partial pressure and solubility of
the light hydrocarbon is decreased. The need to reduce greenhouse gas emissions via

sequestration makes CO, economically and environmentally advantageous over methane.

2.6 Hybrid (Steam-Solvent) Processes

Hybrid steam-solvent processes where they are co-injected or alternately injected, was also
studied. Farouq Ali (1976) introduced the idea in 1976 and Mokrys and Butler (1993) compared
SAGD to solvent-added steam-assisted gravity drainage with a 30% reduction in steam
requirements and 99% propane recovery. Due to the higher dew point of water compared to light
hydrocarbons, Mokrys and Butler (1993) also observed steam trapping, through a so-called self
sealing mechanism, which is favourable as it reduces the steam-to-oil ratio and consequently the
energy requirements. Researchers at Texas A&M University (Goite et al. 2001; Fergusen et al.
2001; Rivero and Mamora 2002; and Mamora et al. 2003) used steam to create a limited hot
region at temperatures of 160-170°C, and the steam was co-injected with propane as the solvent.
The results showed that, by adding some propane to the steam, steam injection is enhanced, the

start-time decreases, oil production increases and energy requirements decrease considerably.

Computer-aided simulations have been performed by several groups in order to mimic reservoir
condition. Deng (2005) and Mamora et al. (2003) used the STARS software module of the
Computer Modelling Group Ltd. in order to integrate heat effects during a heat-assisted VAPEX
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process. Zhao (2004) proposed a hybrid SAGD-VAPEX process in which steam and solvent were
injected alternatively, with the same process configuration as SAGD. As mentioned earlier, Allen
(1974) had also proposed a very similar idea, where he used a variation of the ‘huff and puff’
process with solvent injected in cycles. In the steam alternating solvent (SAS), Zhao (2004) found
that, for the same oil production rate, the energy input decreased by 18% compared to SAGD. He
used a commercial reservoir simulator (STARS by CMG Ltd.) to simulate typical Cold Lake
Reservoir conditions and compared the performance of SAS to SAGD. He also found that the
production rates with SAS were as high as, or even higher than, a conventional SAGD project.
These simulation results were in agreement with several experiments and have shown promising

features of the hybrid process.

2.7 N-Solv™

The N-Solv™ process is a condensing solvent process that ensures a very low tolerance of
solution gas and/or non-condensable gas is produced at the same time as the oil. N-Solv is
patented by John Nenniger (CA2299790) and John and Emil Nenniger (CA2351148 and
US6883607B2) and was publicly introduced by Nenniger and Dunn (2008) at the Canadian
International Petroleum Conference. The key to N-Solv is that the process is operated to
condense the solvent or solvent containing a small percentage of non-condensable gas below the
bubble point. In conventional VAPEX, the solvent is kept in its vapour phase by operating at or

above the dew point pressure of the solvent.

The patents for N-Solv imply that the phase envelope of the solvent/impurity between the
reservoir and operating temperatures for the corresponding pressures is the key to a successful
solvent recovery process. One should recall that the dew point is the temperature at which vapour
first starts to condense when its cooled at constant pressure and the bubble point is when the last
molecule in the vapour phase condenses to the liquid phase or conversely upon heating a liquid
mixture when the first molecule of vapour appears. This patented criterion ensures that any
impurities in the vapour phase will be condensed and removed from the solvent chamber during
oil production. If solvent processes are operated at the dew point and especially with a solvent
mixed with a non-condensable gas, the non-condensable gas builds up in the solvent chamber
over time. This makes it more and more difficult for the solvent mass transfer to take place for
two reasons: 1) it makes it more difficult for the injected solvent to reach the bitumen interface
through the creation of a diffusion boundary layer throughout the solvent chamber and 2) the non-

condensable gas reduces the partial pressure of the solvent and hence the solubility at the bitumen
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interface is reduced making it inherently more difficult for the solvent to condense at the cold

bitumen surface.

Figure 2.7.1 shows that if one wanted to operate VAPEX at its dew point at reservoir conditions
of 8°C and 1000 kPA, the vapour should contain 65 mole% propane and 35 mole% methane
whereas the condensed liquid would contain 97 mole % propane and only 3 mole% methane. In a
short time the methane would build up greater than 35 mole % so that the propane would no
longer condense. Alternatively, one could increase the operating pressure stepwise until it
became uneconomical to do so. At these reservoir conditions, N-Solv could produce a liquid
phase containing oil, propane, and 3 mole% methane from the solvent chamber. Consequently, it
is not necessary to inject the solvent with a non-condensable gas, it is essential to have as little

non-condensable gas present as possible. The solvent need only be heated.
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Figure 2.7.1: Dew Point versus Bubble Point at Typical Alberta Reservoir Conditions
(Nenniger and Dunn 2008)

Heating the solvent has several advantages. The first advantage is that the vapour pressure
increases allowing for the solvent to be injected into higher pressure (deeper) reservoir. The
second advantage is simply the viscosity reduction of the oil at increased temperatures, as per

section 2.2.1. The third is that the solvent delivers a latent heat of condensation to the cold
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bitumen surface. Nenniger and Dunn (2008) discuss the fact that at only 30-50°C the vapour
pressure of steam is less than 1 atm. The volume of propane required to heat the reservoir
(m’/m’) at 50°C is the same as the volume of steam at 250°C giving economic (both operating and
capital savings) and environmental advantage (no water usage and an upgraded bitumen due to
asphaltene precipitation) to N-Solv over SAGD. The main advantage is the effect of the solvent

phase and temperature on the mass transfer mechanisms and viscosity reduction.
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Figure 2.7.2: Solvent Based Gravity Drainage Correlation (Nenniger and Dunn 2008)

Nenniger and Dunn (2008) comprehensively reviewed most of the laboratory scale solvent
experiments and compared the production rates in terms of mass fluxes with respect to the oil
viscosity and permeability and porosity of the porous medium used. The results are shown in
Figure 2.7.2. The mass flux is the rate of production (g/h) divided by the bulk interfacial area for
mass transfer (A = LxW, m®). They define an independent variable, wkd, where p is the
viscosity (mPa.s) of the dead oil at chamber temperature, k is the permeability (Darcy), and ¢ is

the porosity of the porous medium used. The authors acknowledge that the correlation does not
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account for resistances to mass transfer, like the presence of a non-condensable gas or geological
variability such as permeability or wettability heterogeneity. The authors concluded that the
choice of solvent is not important and that a linear dependence on height resulted in a much better
correlation. The insensitivity to the choice of solvent indicates that the draining layer is not the

rate limiting step rather it is the viscosity of the original bitumen in place.

2.8 Economic and Environmental Advantages

Solvent-aided processes offer advantages over SAGD. The advantages can be classified as
improved energy efficiency, capital and operating costs and oil quality. In comparing VAPEX to
SAGD, the energy requirements are less for VAPEX where the latent heat of vaporization is less
for a hydrocarbon solvent compared to water. Also VAPEX operates at lower temperatures than
SAGD. Some of the energy requirements are decreased when solvent is mixed with the steam (as
described earlier). Singhal et al. (1996) found that the energy required for VAPEX was 3% of
SAGD for the same project. A major problem with thermal operations is that the supplied heat
transfers, not only to the reservoir fluid, but the solid structure and any connate water as well.
Heat transfers, not only to the reservoir fluid, but to the solid as well. In steam applications, the
reservoir temperature increases a lot while in VAPEX, the reservoir temperature increases are no

more than 5 to 10°C (Singhal et al. 1996).

In 2003, Luhning et al. compared natural gas and fresh water requirements. It was estimated that
SAGD would require 1.15 x 10° m*/day of natural gas and 1700 m*/day of freshwater to produce
4000 m*/day, compared to VAPEX which would require 8.5 x 10* m*/day of natural gas and 110
m’/day of freshwater. If one compares VAPEX to SAGD, then the capital costs for VAPEX are
approximately 30% that of SAGD (Yazdani and Maini 2004). Additionally, the capital costs for
VAPEX are approximately 30% of those for SAGD. The capital costs for a hybrid process would
include equipment for both solvent and steam handling and may approach or exceed that of

SAGD depending on the decrease in steam requirements.

Energy requirements in a solvent extraction process would significantly decrease compared to
SAGD with similar production rates. Operating costs include the purchase and handling of water
and solvent, as well as the cost of separating the oil from the water and/or solvent. The typically
high steam-to-oil ratio (SOR = 3:1) in a SAGD well is reduced to less than one barrel of solvent
per barrel of oil using VAPEX (Singhal et al. 1996). Light hydrocarbons are easily separated

28



from oil with a low temperature flash vaporizer unlike water-oil emuslions. Solvent recovery is

at least 90%, not including the recovery after blow down (Singhal 1996).

Nenniger and Dunn (2008) compare N-Solv to SAGD at different temperatures using their
empirical correlation (shown in Figure 2.7.2) relating the mass flux of oil produced per interfacial
contact area to the square root of the permeability and porosity divided by the dead oil viscosity
(k¢/w)*? for 60 different experiments. The prediction suggests that for a 500m long horizontal
well with a 20m pay zone and a permeability of 5 Darcy at 7°C, VAPEX would produce 8 m*/day
with 95% confidence. Alternatively, N-Solv operated at 30°C would produce 70 m*/day or at
40°C maximum predicted production rates would 140 m*/day. They claim that the solvent to oil
ratios on the order of 2-6 are equivalent to steam to oil ratios of 0.2-0.4 from an energy
perspective, suggesting there is a 90% energy savings using N-Solv in the range of 30-50°C
compared to SAGD (but the temperature is not mentioned). One counter-argument is the time
value of money with respect to the solvent inventory whereby solvent costs increase and oil
prices decrease. This may be the case if the solvent were lost in the reservoir. However, in the
case of N-Solv where 97 mole% of the propane is recovered at 8°C and 1000 kPa, the propane is

easily stripped and re-used.

2.9 Asphaltene Precipitation

Asphaltenes precipitate from the heavy oil/bitumen if operating conditions depart from phase
equilibrium conditions. Asphaltene precipitation greatly reduces the viscosity of heavy oil, as
shown in Figure 2.9.1. By reducing the asphaltene content from 16% by mass to zero, the heavy
oil viscosity at relatively low temperatures is reduced from several to over twenty orders of
magnitude (Luo and Gu 2005). Asphaltene precipitation was observed when the operating
pressure was above the vapour pressure for propane (Mokrys and Butler 1993) and show that the
propane to oil ratio needs to be greater than 0.35 by mass in order to precipitate asphaltenes.
While in-situ asphaltene precipitation reduces the operating and environmental expense of
upgrading the oil thermally/catalytically some think that it will reduce permeability and have an
impact on oil production and sweep efficiency. This was neither observed by Nenniger and Dunn
(2008), Rezaei and Chatzis (2008) nor by James et al. (2007) and presented in the Results section
of this chapter.
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Figure 2.9.1: Bitumen Viscosity as a Function of Asphaltene Content (Luo and Gu 2005)

Some reservoirs are not conducive to SAGD. Reservoirs with bottom aquifers or an overlying
water layer (in very viscous heavy oil reserves) decrease the energy efficiency of thermal
production methods. The problem arises when steam tends to condense on the water layer and
therefore heats the water. In the case of an overlying water layer, this problem is more serious as
the intrusion of one barrel of water increases the steam requirements to be increased by half a
barrel (Butler 2001). On the other hand, hydrocarbon solvents have very low solubility in water.
The existence of bottom aquifers helps the communication between the injector and producer. It
also changes the process scheme from gravity-dominated into a counter-current rising scheme,
and consequently increases the production rate (Mokrys and Butler 1993a; Butler and Mokrys
1998; Das and Butler 1996). It is believed that VAPEX is the only viable technology for oil
production from heavy oil reservoirs with bottom aquifers/overlying water layers (Das and Butler
1996; Karmaker and Maini 2003b). Shallow and thin reservoirs also suffer from too many
thermal losses to the underburden and overburden. Reservoirs with high clay content can not be
successfully exploited by SAGD. The problem arises from clay swelling caused by water
condensates on the surface of the clay. It is believed that reservoirs with clay contents > 10%
might be subject to formation damage due to clay swelling and they are not recommended for a

SAGD project (Singhal et al. 1996), whereas this is not a problem for a typical VAPEX process.
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Some feel that low permeability maybe problematic for solvent processes because if asphaltenes
precipitate they may reduce the permeability or plug the formation. Another reason is that it
might be better to not upgrade the oil in-situ through the precipitation of asphaltenes because the
reduction in asphaltenes ultimately means fewer barrels recovered. This philosophy is flawed for
two reasons: 1) the upgraded oil sells for a higher price and 2) the environmental and energy

implications required by surface upgrading of the oil are reduced if the asphaltenes are left in-situ.

2.10 Pore Scale Phenomena

Chatzis (2002) investigated the pore scale phenomena associated with the VAPEX process using
glass etched micromodels. He observed that the diluted oil drains preferentially over the solvent-
heavy oil interface in the direction of gravity if a continuous oil film with reduced viscosity
exists. Near the interface, oil drained into dead end pathways, causing the draining of oil film
paths to redirect and the formation of peaks and valleys at the bitumen/solvent interface (see
Figure 2.10.1). Away from the interface, diluted oil formed localised (close loop) films in pore
throats and around pore bodies. The diluted oil films cannot drain until the weight of the oil
(gravity forces) overcomes capillary and viscous forces. The oil in these closed loop films
drained at a much slower rate than oil at the VAPEX interface because of reduced hydraulic
conductivity. Live oil draining from above maintains oil continuity in the film and further solvent
diffusion helps the closed loop films contribute to live oil production by gravity drainage. The
closed loop formations create a tortuous pathway for the butane vapour to reach the main VAPEX
interface, as shown in Figure 2.10.2. This may slow down the rate of diffusion when an inert gas

is also present in the gas phase.

wr

Figure 2.10.1: Valleys and Peaks at the uneven VAPEX Interface (Chatzis 2002)

31



fe dcba
"
Interface at . ‘ .:’ :.’.:.:
ﬁpore throat . ‘ . ” }’ "1 n‘:
0/ I
X ) @;’iﬂ&& (—
Terminal . .x. :.]L".‘.];.; Solvent
Sincniscus 600000 oRE
*40 ¢ 0;0‘0‘"
,  Trapped vapour 0 0] < - ‘»
S Wil + S0 0000 08
mechanism q}.q.{} (D)

a) Observations at the Pore-Scale b) Highlighted pathways for vapour
transport to the VAPEX interface

Figure 2.10.2: A Closer Look at the VAPEX Interface (Chatzis, 2002)
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Chapter 3: Differentiating Solvent Processes

3.1 Introduction and Objectives

Since 2001, there has been renewed interest in exploring solvent combinations, solvent mixed
with non-condensable gases, operating the solvent process so that the solvent condenses (N-Solv
or thermal solvent reflux) and solvent-steam hybrid processes. The goal of mixing the solvent
with a non-condensable gas such as methane or carbon dioxide is to 1) reduce the solvent
inventory and/or 2) sequester the carbon dioxide. The goal of increasing the operating
temperature greater than the reservoir temperature by either increasing the solvent temperature or
combining the solvent with steam is to minimise the bitumen viscosity as quickly as possible and
maximise the oil production rates. Unfortunately, there is very little is known about how either
the pure solvent or steam processes physically work at the pore scale let alone the combination
methods. Often, the combination is presented with some simulation results showing hopeful
production rates without any true understanding of the process. This chapter strives to give the
history of vaporized solvent processes (VAPEX), condensing solvent processes such as N-Solv
and hybrid solvent-steam processes, and then compares and analyses the different methods,
highlighting advantages and disadvantages, with a focus on the pore-scale mechanisms associated

with non-condensing and condensing solvent processes.

3.2 Condensing & Non-condensing Solvent Processes

3.2.1 Experimental Procedure using Glass Micromodels

The Porous Media Laboratory at the University of Waterloo is well reputed for its
groundbreaking work involving immiscible fluid flow characterisation in etched glass
micromodels (Chatzis 1980, Chatzis and Dullien 1983, 1985). Using the same wet chemistry
technique, different patterns were etched into glass creating a two-dimensional porous network
used to simulate a porous medium. Etched glass micromodels offer the ability to visualise pore
scale interactions and qualitatively understand the fluid interactions. Quantitatively, results from
the 2-D micromodels shouldn’t be scaled to predict results from 3-D reservoirs but results can be
compared quantitatively between micromodels to gain an understanding of the effect of different
pore structures. Fluid flow is expected to be different in 3-D models where film flow and the
coordination number or pore inter-connectedness play more dominant roles. Several glass

micromodels with different pore structure characteristics were used to investigate and compare

33



qualitatively the pore scale events and quantitatively the interface velocities of non-condensing
and condensing solvent processes. The different micromodel patterns and characterisation of the

micromodels are shown in Figure 3.2.1.

Before using the micromodels, they were characterised with respect to overall model dimensions,
pore dimensions, porosity and permeability. The pore dimensions are illustrated in Figure 3.2.1,
and the micromodel characteristics are summarised in Table 3.2.2 with details shown in
Appendix A. There are two measurements in particular in glass etched micromodels which are
inherently difficult to measure; the depth of etching (8ecn) and the porosity (¢). Ideally, a
profilometer would be used to measure the depth of etching; however, those available at the
University of Waterloo are not suitable for translucent, deep, rough etched glass. The depth of
etching was calculated from measuring the height of capillary imbibition in the models, and

calculating an equivalent radius (r.q) of curvature from which the depth of etching was estimated.

_ 2o0cosf _ 20cost

leq | ApghimP

(3.2.1)

Firstly, knowing that capillary imbibition is controlled by the pore body radius, the measured

imb

height of capillary imbibition (h.™") is related to the equivalent radius (r.,) of the assumed
homogeneous pore bodies. & is the surface tension between the fluids (water-air, or toluene-air),
0 is the contact angle and Ap is the difference in density between the fluids (water-air, or toluene-

air). The radius of curvature is related to the two principle radii through (Dullien 1992):

2 1 1 2 { 2 2 }
- + N 4+ (3.2.2)
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This depth of etching was then used to calculate the cross-sectional area perpendicular to fluid
flow, i.e. across the width. The porosity is defined as the pore volume divided by the bulk
volume. The pore volume was found from the difference in mass when saturated and dry. The
bulk volume was calculated knowing the depth of etching, width (W) and length (L) of the

model:
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Permeability (k) is the measure of flow through porous media and is measured in units “Darcy”.
It is essentially a measure of the conductivity of the porous media. It can be related to the flow
rate (Q) through the porous media and the corresponding pressure drop (AP/L) using Darcy’s
Law, as shown in the next equation, where p is the liquid viscosity and A is the cross-sectional
area. The permeability of a porous media can be found by experimentally manipulating Darcy’s

Law or using any number of empirical correlations that exist for specific types of porous media.

_kAAP

L (3.2.5)

Q

Constant Head Permeability Measurement

The permeability can be determined from a constant head steady state method where a
hydrostatic head of water (pgh) is maintained and the flow rate of water through the porous
medium is measured. The pressure difference is defined as AP = pgh, the length of the porous
medium is L and Q is the measured volumetric flow rate. Using different hydrostatic pressures
and measuring the corresponding different flow rates, the permeability can be determined from
the slope of Q versus AP/L. This method requires knowledge of the cross sectional area (A)

which inherently requires knowledge of the depth of etching (8¢) of the micromodels.

Free Imbibition Interface Advancement Permeability Measurement

The permeability of the glass etched micromodels is determined using the free imbibition
advancing interface method and is derived from Darcy’s equation. Knowing the capillary height
of imbibition in the model and the free imbibition interface position with respect to time, the

advancing interface permeability can be calculated as shown:

dx kAP  kPImb
_(,)_ _ c

X _Vixt)= - (3.2.6)
dt HX(E) X

imb imb
[xdx = jkidt > X2 = 2kLt (3.2.7)

Z H
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If the imbibition front position squared (x*) is plotted versus time, then the permeability can be
found from the slope (m), the viscosity (i) of the fluid and the imbibition capillary pressure.
2k pimb m m
m="" o k=t 5 k=

H 2P 2Apght

(3.2.8)

Depth of the Draining Live Oil and Bitumen

Figure 3.2.1 shows some of the other dimensions used to characterise the micromodels such as
the 1) pore to pore distance, 2) the pore width, 3) the pore throat width, 4) the particle size, 5) the
diffusion distance and 6) the maximum flow path length from one pore to the one below it
assuming film flow. The pore to pore distance is from the centre of one pore to the centre of the
next or alternatively from the centre of one pore throat to the next. Model DL-1 is an example of
a pore network with high permeability and negligible pore throat length. Models OC-1 and DC-1
have the same pore width but the pore to pore distance, diffusion distance, and flow path length
are greater in OC-1 while the pore throat width in model DC-1 is greater, all attributing to a
slightly larger permeability in model DC-1. The diffusion distance is essentially the distance
from the centre of one pore to the edge of another pore and it signifies the distance solvent must

diffuse in order to reach the next pore.

Model DC-1 Model M2-90

space

solid

Dimensions

1 — Pore to pore distance
2 — Pore body width

3 — Pore throat width

4 — Particle size

5 — Diffusion distance

6 — Flow path length

7 — Pore throat length

Model DL-1 Model ML-45

Figure 3.2.1: Micromodel Patterns Etched in Glass (James and Chatzis, 2004)
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Figure 3.2.2 shows the experimental setup used for investigating the VAPEX process in etched
pore network micromodels. The properties of the heavy oil and solvent used are shown in Table
3.2.1. The first step was filling or saturating the models with the heavy oil. The high viscosity of
the oil and fairly low permeability of the models requires both pressurising and heating the oil to
force it into the model. A small stainless steel pressure vessel was half filled with heavy oil and
closed. The oil was then pressurised with nitrogen to approximately 103-138 kPa (15-20 psig).
The heavy oil vessel was connected to the micromodel and both were placed in a low temperature
oven (65°C). Once acclimatised, the valve was opened and the head of pressure provided enough
force to push the heavy oil through the low permeability micromodel. The micromodels were
constructed so that along one side of the pores and both ends a more permeable channel was
etched to facilitate solvent injection and live oil production. While saturating the models the oil
preferentially saturates the side with the channel. This was avoided by cooling the higher
permeability side of the channel slightly (with a cold compress) to increase the viscosity of the oil

and slow the flow rate of oil.

Before starting the VAPEX experiments, the heavy oil in the higher permeability side channel
and entrance/exit channels was evacuated so that experimental time is not used to simply drain
the channels. The overall model was cooled and all parts of the model covered with an insulating
material except the channels. A heat gun was used to heat the channels and a syringe pump used
to displace the warmed oil with air. The model was then placed in its holder, the collection
tubing (flexible 0.635 cm, 4” Tygon® tubing and 2-way ball valve) and solvent line attached to it

before placing the model in a constant temperature water bath.
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Figure 3.2.2: Investigating Pore Scale Mechanisms — Experimental Apparatus

Table 3.2.1: Fluid Properties for Solvent Extraction Experiments in Micromodels

Oil Properties

Density (kg/m®)
Bitumen, py
n-Butane (I) at 25°C, ps
n-Butane (v) at 25°C, p,"
Live Oil, pj,

Aplo

Viscosity (mPa.s)
Bitumen,
Live Oil,

Concentration
Mass fraction, o
Volume fraction, vg

987.0
572.8

6.2
811.1
804.9

23,000

0.30
0.425

During each experiment the butane vapour and the heavy oil filled micromodel were kept in

separate water baths to ensure better control of their respective temperatures.

Temperature

control was essential to quantitatively compare results. The n-butane was maintained at 2°C less
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than the micromodel to ensure that the butane did not condense for the non-condensing
experiments. All were placed in the same water bath to facilitate solvent condensation when
desired. The model was positioned close to the front wall of the rectangular water bath
(constructed of 12 mm Plexiglas) in order to reduce parallax and increase the clarity for image
capture compared to the curved glass of a normal water bath. Water was circulated around the
model for better temperature control by using an auxiliary water bath pump attached with tubing
that was positioned between the model and the water bath wall. The supplied butane (Praxair
instrument grade) was transferred into two different supply cylinders as shown in Figure 3.2.2. A
cathetometer was used to monitor the solvent flow rate by measuring the height of butane (+0.005
cm) in the small Plexiglas cylinder with an inner diameter of 12.7 mm and length of 324 mm (%"
inner diameter by 12 % long). The second butane cylinder (sized to fit in the water bath) was

used for flushing the entire system of air prior to starting the experiment.

The micromodels were divided into cell blocks using a marker to simply allow for easier position
recognition within the porous network without obstructing pore visibility. The size of the cell
block was determined simply from the focus of the camera. Models DL-1 and OC-1 were
divided into 15 horizontal rows and 5 vertical columns resulting in a model consisting of 75 cell
blocks of 10 x 10 pores each except for the last rows/columns. 50 cell blocks of 20 x 20 pores or
10 rows and 5 columns were used in model DC-1. The VAPEX experiment started once
communication between the solvent and saturated micromodel was established by opening the
valve attached to the vapour cylinder, as shown in Figure 3.2.2. As solvent diffused into the
heavy oil and reduced its viscosity, the live oil (viscosity reduced oil) drained in the direction of
gravity to the production well. The data collected during the experiment included:

e the overall trace of the position of the VAPEX interface, recording the average position

of the interface (# of pores that it has advanced) for every row (vertical group of 10 or 20
pores, depending on the model) with time

e digital photographs of the overall shape of the VAPEX/bitumen interface
o digital photographs and videos capturing detailed pore scale events

e monitoring the butane uptake using a cathetometer, as indicated by the decrease in liquid
butane level in butane cylinder

e monitoring the temperature in each water bath
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3.2.2 Experimental Results and Discussion

Glass micromodels with different pore structure characteristics were used to investigate the
VAPEX process in order to discern pore scale events and compare interface velocities in different
models and illustrate the effect pore structure. The dimensions and micromodel characterisation

are shown in Table 3.2.2.

Table 3.2.2: Micromodel Characterisation

Micromodels
OoC-1 DL-1 DC-1 SUDC-3 M1-45

@9 ¢ ¢ CRE L
00 ¢ ¢ @ |4

C C U C C

C = consolidated
U = unconsolidated

Pore Dimensions (mm)

1) Pore to Pore 2.04 2.04 1.60 1.46 2.80 1.45
2) Pore Body Width 1.38 2.04 131 1.10 2.00 1.20
3) Pore Throat Width 0.45 0.67 0.49 0.39 0.80 0.25
4) Particle Size 1.59 0.99 111 1.06 2.00 1.20
5) Diffusion Distance 1.25 1.36 1.05 0.92 1.80 0.85
6) Flow Path 2.61 2.13 1.93 1.82 2.83 1.59
7) Pore Throat Length 0.66 n/a 0.29

Depth of Etching (mm)
Pore Body, 8 seh 0.1244 0.2498 0.1281 n/a
Pore Throat, 8 een 0.0809 0.0728 0.0649 n/a

Model
Length, L (cm) 30.4 30.4 30.4 28.9 28.2 20.8
Length, L (# pores) 149 149 190 181 72 155
Width, W (cm) 10.0 10.0 14.1 5.8 9.8 8.7
Width, W (# pores) 49 49 89 36 26 62
Pore Volume (cm?) 1.6 2.1 2.0

Porosity, ¢ 0.42 0.28 0.36 0.38

Permeability, K (um?)
Constant Head Method 130 292 84
Interface Advancement 129 291 91 n/a 45 66

Model DL-1 had the highest permeability and the length of the pore throats were negligible thus
minimising the flow path. Model DC-1 had pores with comparable pore body width (dimension
two) of model OC-1. However, the pore to pore distance (dimension one) and the diffusion
radius (dimension five) were shorter in model DC-1. Other preliminary experiments have been

conducted in unconsolidated glass micromodels using different solvents, as shown by model
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SUDC-3. Models M1-45 and M2-90 were used in an earlier study by Chatzis (2002). The results
discussed here focus on models OC-1, DC-1 and DL-1.

3.2.2.1 Interface Velocity / Sweep Efficiency

Once communication between the butane vapour and the bitumen saturated porous media was
established, the solvent diffused into the heavy oil producing live oil and creating essentially
three phases; heavy (undiluted) oil, live oil (with viscosity reduced) and solvent vapour. The
position of the VAPEX (oil-solvent) interface was measured with time. The rate of interface
advancement is akin to dead oil production and is a measure of economic viability of a formation.
Figure 3.2.3 shows the VAPEX interface advancement over time for Model DC-1.
Representative results are shown in Figure 3.2.4. Except for the top 10-15% of the micromodel,
the VAPEX interface advanced linearly with time. The bitumen interface was actually ahead of
the measured VAPEX interface due to the fact that the live oil drained down over the pores filled
with heavy oil. The location of the interface appears uniform from a macroscopic perspective but
at the pore scale, the interface position can vary by several pores. This is due to the way that the
live oil drains at the pore scale, as discussed in 3.2.2.4 and 3.2.2.5. The average interface position

per row (10 or 20 pores) is reported in Table 3.2.3.

| Extracted |
Part of |
Model ! :

sl

*

Figure 3.2.3: VAPEX Interface Advancement in Model DC-1
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Table 3.2.3: VAPEX Interface Velocity (U,") and
OC-1 DL-1 DC-1 SUDC-3 M1-45 M2-90
TN ST o =
00 ¢ ¢ @_ ¥ ¥
o0e¢ ¢ ®e” & &
OV ) C
Location in Model n-butane | n-butane | n-butane | n-pentane| n-butane | n-butane
(pores/hour)
31-40 pores from top 0.73 0.82
41-50 pores from top 0.67 0.77 1.74
51-60 pores from top 0.58 0.67
61-70 pores from top 0.59 0.64 1.24
71-80 pores from top 0.59 0.57
81-90 pores from top 0.62 0.57 0.98
91-100 pores from top 0.60 0.48
101-110 pores from top 0.59 0.52 0.87
Average
(pores/hour) 0.62 0.63 1.21 n/a 0.86
Using Pore to Pore
distance (mm/hour) .27 1.28 1.93
Using Pore Body 0.86 128 158

Width (mm/hour)
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Figure 3.2.4 shows the interface velocity as a function of pores from the top for models DC-1,
DL-1 and OC-1. Models OC-1 and DL-1 have similar high permeabilities yet model DC-1
exhibits a 50% increase in interface velocity. One would expect that the rate of interface
advancement would be higher in high permeability models. The difference is the pore to pore
distance which is only 1.60 mm compared to 2.04 mm in the other two models. The
differentiating dimension appears to be the diffusion distance. The diffusion distance is defined
as half the particle width plus the width of the pore throat. Alternatively, it is the distance from
the midpoint of the pore throat to the far side of the pore throat connecting the pore with the one

directly below it, i.e.
Diffusion Distance = 0.5(Pore to Pore distance) + 0.5(Pore Throat width) (3.2.9)

The solvent needs to diffuse sufficiently into the pore so that the viscosity of the oil in the throat
is also reduced. The live oil can then drain via drainage displacement once the capillary pressure
is overcome. Capillary pressure is inversely proportional to the radius. The capillary pressure
that must be overcome is the lowest in model DL-1 with a pore throat width of 0.67 mm. The
capillary pressure is comparable in models OC-1 and DC-1 with pore throat widths of 0.45 mm
and 0.49 mm respectively. One may think that the oil should drain more easily from model DL-1
but it has the greatest diffusion distance (1.36 mm compared to 1.25 mm and 1.05 mm in models
OC-1 and DC-1 respectively). The oil also drains by film flow and both are discussed in more
detail in the subsequent sections. In three dimensional porous networks, the reality is that film
flow will contribute more to the drainage. One can conclude that at the pore scale, the diffusion
distance and not the overall permeability that is the predominant dimension that effects how

VAPEX sweeps or advances through the formation.

The same glass micromodel (Model DL-1), having a permeability of 292 pum?, was used in two
experiments: one using butane vapour and the other where the butane condensed within the
micromodel. The first water bath (23°C) contained the butane, and the glass micromodel was
housed in the second water bath at 25°C. Since the vapour phase was 100% butane at its vapour
pressure, then the slight increase in temperature prevented the butane vapour from condensing.
The VAPEX interface was found to advance linearly with time. Figure 3.2.5 shows the rate at
which the VAPEX interface advanced throughout the model. As shown, the average rate of
VAPEX interface advancement for normal VAPEX was 0.63 pores/hour, while in the case of

solvent condensation, the sweep rate was 4x greater at an average rate of 2.61 pores/hour.
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Figure 3.2.5: VAPEX Interface Velocity in model DL-1 with and without Condensation

The results of this work in micromodels have fuelled further investigations into the behaviour of
non-condensing VAPEX and condensing solvent processes. Tam (2007) performed a preliminary
comparison of non-condensing and condensing solvent recovery in an 1123 Darcy unconsolidated
glass bead system. She found that the rate of interface advancement was 30% faster in the
condensing case and dead oil production was 36% more on a mass basis. Rezaei and Chatzis
(2007 and 2008) have started a systematic comparison of non-condensing and condensing solvent
recovery in unconsolidated glass bead models. Preliminary results indicate enhanced production
rates when the solvent condenses at both low and high permeability and using low and high
viscosity oil. They continue to investigate the effects of temperature coupled with permeability

and oil viscosity to better understand the systematic effect of condensation on production rates.

The combination of the operating conditions, thermodynamic properties of the solvent and
reservoir properties determines the phase of the solvent (liquid or vapour). Whether or not the
solvent condenses in the porous media at the heavy oil/bitumen interface it affects the mass
transfer, as well as the pore scale phenomena that take place. The pore scale mechanisms affect

the mixing of the solvent, heavy oil and the gravity drainage of the live oil.
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3.2.2.2 Mass Transfer Mechanisms at the Pore Scale

The mass transfer mechanisms at the pore scale of a solvent recovery process are different
depending on whether the solvent condenses or not. This section aims to describe the mass
transfer mechanisms present at the pore scale, by:
o first describing the solvent — bitumen interface in theory to better understand the nature of
the complex interactions between mass transfer, viscosity reduction and gravity drainage;

e considering the impact of diffusion at the pore scale for both non-condensing and
condensing processes;

e showing, through observations, that convective mixing is present at the pore scale and
discussing the role of convection.

The Solvent — Bitumen Interface

The transport mechanisms involved in solvent processes are the mass transfer by diffusion and
convection of the solvent into the heavy oil and vice versa, as well as gravity drainage of the
solvent enhanced live oil. The live oil is mobilised when gravity forces are sufficient to
overcome capillary and viscous forces. The predominant factor is the reduction of viscous drag
due to the exponential viscosity reduction upon solvent mixing. The role of gravity (i.e. density
difference) and capillary forces (i.e. capillary pressure) depend on the individual pore scale
mechanisms. The goal of warm and hybrid VAPEX is to increase the rate of viscosity reduction
in order to increase the rate of oil production. This is achieved through convective/capillary

mixing and heat transfer.

Figure 3.2.6 shows the VAPEX interface and the qualitative solvent concentration profiles for
VAPEX, N-Solv and hybrid VAPEX. This figure does not address the differences due to heat
transfer or convective/capillary mixing between the different types of VAPEX, but aims to
describe the solvent diffusion in the three cases: non-condensing solvent, condensing solvent and
solvent mixed with steam. When heat is considered, the depth of the draining live oil probably
increases, thus increasing production. This needs to be investigated further for completeness. The
porous medium can be divided into three sections: the solvent chamber (to the right in Figure
3.2.6), the live oil/liquid film (Figure 3.2.6) and the heavy oil/bitumen (to the left in Figure 3.2.6).
The heavy oil/bitumen is where no solvent exists. The solvent chamber on the right is the ‘swept’
portion of the porous medium through which the solvent vapour/steam must travel to the VAPEX

interface. Regardless of the method employed, the heavy oil/bitumen portion remains unchanged.
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Figure 3.2.6: The Solvent - Bitumen Interface

If a non-condensing (VAPEX) or condensing (N-Solv) solvent process is employed
(concentration profile a and ¢ in Figure 3.2.6) using a pure solvent, then the concentration of the
solvent in the vapour chamber is close to 100%. The maximum pressure, without adding an inert
gas, is the solvent’s vapour pressure at the specific temperature of the supply solvent. If the
pressure is increased greater than the vapour pressure, or the temperature decreased, the solvent
condenses to a liquid. Otherwise, if the solvent is mixed with an inert gas or steam (Figure
3.2.6b), then the mole fraction of solvent is less than one and is equal to the ratio of the partial
pressure of the solvent over the total reservoir pressure (pi/Pr). The solvent concentration
decreases from the point of injection towards the VAPEX interface where it diffuses/mixes with
the oil. No assumptions are made at this point about the form of the concentration dependence on
distance from the source. It would be presumptuous to assume the concentration profile is linear
as that would imply steady state diffusion only with no net flux (Taylor and Krishna 1993). Thus,
the solvent must diffuse through the stagnant gas region near the VAPEX interface in the solvent

chamber. This condition causes reduced mass transfer of solvent.

The driving force for molecular diffusion is the concentration difference of the solvent at the live
oil-vapour interface and the solvent concentration within the bitumen. The inert gas/steam layer

and the tortuous pathway through the porous medium both act as a resistances to the solvent
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transport through the vapour chamber. The live oil/condensed liquid film is the VAPEX
interface. It is defined as the heavy oil/bitumen region containing solvent. It is here that solvent
diffuses/mixes into the heavy oil/bitumen and where the live oil drains. The thickness or depth of
the live oil film (§) is not exactly known, but has been estimated (James and Chatzis 2004;
Moghadam et al. 2009) to be on the order of a few pores deep for VAPEX. The solvent
concentration across the depth of the live oil decreases from a maximum at the live oil-vapour
interface (0V) to a minimum at the bitumen-live oil interface (bo) where the concentration is zero.
The maximum concentration of solvent in the heavy oil at the given reservoir pressure and
temperature is the solubility level for the given solvent concentration in the vapour phase adjacent
to the interface (wo,’). The mobile oil film (3y,) is the portion of the live oil film in which the
viscosity is sufficiently reduced to mobilize the oil under the force of gravity. The thickness of
the mobile live oil film is not known either, nor its relation to the total live oil film thickness.
How much further into the bitumen does the solvent diffuse before it starts to drain? What is the
effect of the porous medium’s permeability, porosity and/or connate water on the film thickness?
Based on the molecular diffusion of the solvent only, one may argue that the film thickness can
vary. However, the solvent mole fraction in the gas phase near the interface is higher for VAPEX
and warm VAPEX than in hybrid VAPEX (with steam), so that the overall rate of mass transfer is

greater for cases a and c in Figure 3.2.6.

Diffusion at the Pore Scale

&
&
X

a)t=0s b)t=70s c)t=120s

Figure 3.2.7: Disappearing Trapped Solvent Vapour Bubbles Indicate Dilution by Diffusion
with Non-Condensing Solvent
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Researchers have been struggling with qualifying and quantifying the mass transfer and in
particular the role of diffusion at the VAPEX interface since the first work published by Butler
and Mokrys (1989, 1991) and Das (1995). Quantifying the diffusion of light hydrocarbon
solvents has been an area much explored and is thoroughly discussed in the next chapter. There
has never been any dispute that diffusion of solvent into the bitumen does occur but at what rate
and how? The previous figure (Figure 3.2.7) shows that the diffusion of solvent into the bitumen

occurs at the live oil — vapour interface as well as within the mobile live oil.

As the solvent vapour diffuses into the bitumen, the live oil becomes mobilised in the direction of
gravity. The draining live oil often traps solvent vapour within it due to capillary phenomena of
snap-off mechanisms. The trapped solvent vapour gives evidence of increased mass transfer
within the live oil as well as the velocity at which the live oil drains (discussed further in the next
section). The circled regions of Figure 3.2.7 show two such vapour bubbles trapped within the
live oil. After 70s the first bubble has completely diffused into the live oil and likewise the

second after 120s.

In a non-condensing solvent process the solvent diffuses into the bitumen. Once a live oil phase
is created, the bitumen can counter-diffuse into the live oil. The oil’s viscosity is reduced
exponentially with the addition of solvent or heat and the effect is even more pronounced when
both solvent and heat are combined. In discussing only the mass transfer aspects, Figure 3.2.8
(Badamchi-Zadeh et al. 2009a) illustrates the compounded effect of adding both solvent and heat
to reduce the bitumen’s viscosity. Assuming that the reservoir is 15°C, the raw bitumen viscosity
is approximately 700,000 mPa.s. Adding 10% by mass of propane reduces the viscosity to
approximately 6000 mPa.s. If the bitumen is heated to 50°C with no solvent, the viscosity is
approximately 8000 mPa.s but by heating it to 50°C with 10% solvent by mass, the viscosity is
only 73 mPa.s. Not only is the viscosity further reduced by increasing the temperature and

adding solvent, the mass transfer mechanisms and rate are changed.

When liquid solvent at slightly higher temperatures is in contact with the heavy oil instead of
solvent vapour at the reservoir temperature the mass transfer is increased. From a diffusion point
of view, the rate of mass transfer is dependent on the diffusivity as well as the concentration
gradient or driving force. As a liquid, the concentration gradient is initially one, from 100%
solvent to 0% solvent, across a very short distance. When the light hydrocarbon solvent is in its
vapour phase the driving force is initially the equilibrium interfacial concentration, i.e. the

solubility which is pressure and temperature dependent. The maximum value is estimated to be
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around 0.6 mass fraction for butane in Athabasca bitumen (see Chapter 3). Luo et al. (2007) and
Badamchi-Zadeh et al. (2009) have found the solubility of propane to be much lower at 0.21 mass
fraction in Lloydminister oil and 0.24 mass fraction in Athabasca bitumen respectively at 20°C
and 800 kPa. The solubility is further decreased due to the reduction in partial pressure if another

component is present in the gas phase, i.e. a non-condensable gas.
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Figure 3.2.8: Effect of Temperature and Solvent on the Viscosity of Athabasca Bitumen
(Badamchi-Zadeh et al. 2009)

Nenniger and Dunn (2008) make reference to the fact that it is more difficult to transfer solvent
into the bitumen than bitumen into the liquid solvent. In a condensing solvent process, both
solvent diffusion into the bitumen and bitumen into the solvent are possible. Let’s look at
propane and Athabasca bitumen at 15°C and 50°C, as illustrated in Figure 3.2.8. The Wilke-
Chang correlation for small molecules diffusing through large molecules can be used to estimate
the infinite dilution diffusivity of solvent into bitumen. At 15°C, the diffusivity of propane into
bitumen is estimated to be 5.3 x 10" ecm?/s yet at 50°C it is estimated to be 5.2 x 10 cm?s.
Increasing the temperature increases the diffusion of solvent into the bitumen by two orders of
magnitude. Using the Stokes-Einstein equation to predict the infinite dilution of bitumen into
propane (generally good for large round molecules diffusing into a solution of small molecules)
the diffusion coefficients at 15°C and 50°C are estimated to be 6.1 x 10° and 6.8 x 107 cm?/s
respectively. At a reservoir temperature of 15°C, condensing the solvent at the interface will

create a counter-diffusion process where it is initially six orders of magnitude easier to move the
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bitumen into the solvent than the reverse. Without condensation the bitumen cannot initially
diffuse into the solvent until a sufficient solvent diffuses into the heavy oil to create conditions for
reverse diffusion. At the same time, increasing the temperature increases the diffusion of solvent

into bitumen due to viscosity reduction.

Convection at the Pore Scale

Pore scale observations from condensing solvent experiment carried out in model DL-1 are
shown in Figure 3.2.9. ‘Stripping’ of the bitumen by the liquid butane is observed in Figure
3.2.9a and b. In the series of six photographs of the same pores over a time span of two and a
half minutes the three phases can be differentiated. The lightest represents a solvent vapour filled
pore, the medium is butane condensate mixed with a little bitumen and the darkest is bitumen.
The circled areas at 13.90, 17.17, 26.17 and 43.37 seconds show one pore partially filled with
bitumen being stripped/washed by solvent flowing in the direction of gravity. The circled areas
towards the top right at times 13.90, 17.17 and 2:30.96 illustrate solvent washing away a
bitumen-filled pore from above. At time 2:30.96 in the lowest circle, it can be seen that the
bitumen in the pores is starting to be stripped-off, when before that, these pores were fully
saturated. The draining liquid butane not only strips the bitumen, but it also helps mix the
bitumen and solvent. These phenomena are clearly shown in videos taken where the draining
condensate has bitumen striations running through it while stripping the pore circled in Figure

3.2.9a (times 13.90, 17.17,26.17 and 43.37).

The washing/stripping effect is also shown in the single photograph in Figure 3.2.9b, where the
bitumen is in direct contact with the butane vapour (no live oil). A perfect vertical interface down
the middle of the pore bodies has not been observed previously in normal VAPEX experiments
conducted in glass micromodels. The perfect vertical segregation of the phases down the middle
of the pore is possible because of the miscible nature of the bitumen and light liquid hydrocarbon
solvent. It is possible that this type of interface exists in a normal VAPEX type process but that
the difference between the live oil and bitumen cannot be detected due to the opacity of both the
live oil and bitumen. It is clearly shown in the bottom circled area of Figure 3.2.9b the difference
in interfacial contact between the bitumen and solvent vapour versus the bitumen and liquid
condensate.  The two pores at the top, one pore in the middle and three at the bottom of the
bottom circle show the vertical interface separating the liquid condensate and bitumen. Whereas

the two pores above and one pore below the middle pore of the bottom circle show liquid
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(bitumen, live oil and/or condensate) in contact with solvent vapour. The shape of the interfaces

is curved showing that capillary pressure differences influence the drainage sequence in pores.
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Figure 3.2.9: Stripping of Bitumen by Condensed Solvent — Convective Mass Transfer

3.2.2.3 Asphaltene Precipitation

Figure 3.2.10 shows the comparison of the swept region of VAPEX and warm VAPEX
experiments carried out in glass micromodels, respectively. The results from the two
micromodels are directly comparable and the experiments were preformed in model DL-1. The
only difference is that the model and solvent were placed in the same water bath at 25°C to
facilitate condensation. The solvent was maintained at 23°C, 2°C lower to operate in non-
condensing (VAPEX) mode. The first photograph, in Figure 3.2.10a, shows the swept region of
model DL-1 recovered using non-condensing n-butane. The residual oil is trapped in the
occasional pore body (as discussed above) and there is no evidence of asphaltene precipitation.
Figure 3.2.10b is a photograph of the same model when the butane was allowed to condense for

the first half of the experiment. It shows vertical striations of precipitated asphaltenes which only
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occurred when the solvent condensed. There is no asphaltene precipitation visible the in the

pores closer to the bitumen filled pores (on the right) when the solvent did not condense.

One question often pondered but not yet fully explored is the effect of asphaltene precipitation on
the vertical permeability associated with the draining live oil. Some researchers believe that
asphaltene precipitation will cause reduced vertical permeability and inhibit the drainage and
subsequent production of live oil. Even if permeability is somewhat reduced in some pore throats
and pore bodies, the overall effect of condensing the solvent will increase the interface

advancement and production rates.

a) VAPEX showing no b) Asphaltene precipitation
asphaltene precipitation due to butane condensation
in a glass micromodel

Figure 3.2.10: Asphaltene Precipitation
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Asphaltenes precipitate once excess solvent is present. When a solvent process is operated below
or slightly below the dew point of the solvent, there is generally not enough solvent mixed with
the heavy oil to precipitate the asphaltenes where the produced live oil has on the order of 0.30-
0.40 mass fraction solvent. When operating a condensing solvent process, the solvent to oil ratios
are expected to be as high as 1.5 — 6 (Nenniger and Dunn 2008) and in these conditions, one
would certainly anticipate asphaltene precipitation. The concentration profile at the pore scale
needs to be addressed with respect to the precipitation of asphaltenes. Figure 3.2.6 shows the
solvent-bitumen interface where the solvent vapour is separated from the bitumen by a layer of
viscosity reduced “live” oil. From the observations in the pore scale micromodels, the live oil is
on the order of one to three pores in width over which a concentration gradient exists, as shown in
Figure 3.2.6. At the upper limit, the solvent concentration is one in the case of condensing
solvent and the solubility limit in a non-condensing solvent process. Over the width of the live
oil, the solvent concentration decreases to zero where the solvent has yet to mix with the pure
bitumen. Excess solvent causing asphaltene precipitation is present at the live oil-solvent vapour

boundary, i.e. at one side of the mobile live oil.

Drainage at the pore scale around the precipitated asphaltenes is shown in Figure 3.2.11. Butane
vapour bubbles being mobilized downwards in the direction of gravity are deformed by the
precipitated asphaltenes, as shown in photographs one, two, and four. Photographs one and two
show the re-routing of the vapour bubble due to constrictions in the pore throat radius caused by
asphaltene precipitation. Photographs three and four also depict the presence of asphaltenes in
the “left” column of pores as shown by the deformed vapour bubbles. The vapour bubbles are not
deformed in the “right” column of pores where asphaltenes are not yet present. Observations at
the pore scale, shown in Figure 3.2.11, confirm that asphaltenes can reduce the permeability
forcing the draining live oil to find another drainage pathway but only at the live oil-vapour
interface. By the time the asphaltenes precipitate the live oil is already able to drain in the pores

adjacent or ahead of the asphaltene deposition.

1. Solvent vapour bubbles are mobilised downwards in the direction of gravity due to the
drainage of the live oil and liquid condensate in a glass micromodel porous medium. The
bubbles move downwards in primarily two columns of pores, the “left” and “right”.
Where indicated, the vapour bubble is not fully filling the pore space due to the presence

of asphaltene precipitation.
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2. The solvent vapour bubble does not have sufficient force to overcome the increased
capillary force due to the reduction in pore throat size from asphaltene precipitation (in
the left column of pores). Instead the gas bubble advances further downwards in the

“right” column of pores.

3. The solvent bubble attempts to move into the pores to the left but due to the high aspect
ratio, it snaps off in Photograph 4.

4. The two solvent vapour bubbles join. The portion of the vapour bubble travelling in the
pores with asphaltene precipitation are deformed in their movement past the precipitated
asphaltenes in the pore space. As shown in all photos, the bubbles travelling in the
“right” column of pores are not deformed and fill the entire pore space.
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Figure 3.2.11: Live Oil Draining Around Precipitated Asphaltenes
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3.2.2.4 Drainage Mechanisms and Priority

A series of photographs shown in Figure 3.2.12 - Figure 3.2.17 the draining live oil in a VAPEX

process. The photographs are explained in detail and are summarised as follows:
e Live oil drains by both capillary drainage displacement and film flow.

e Vapour-liquid interfaces exist primarily at the junction of pore bodies and throats
indicative of the capillary pressure existing across the interface. However, less curved
interface, advanced further into the pore body than the junction of the pore throat are

observed for two reasons:
0 the interface exists between the solvent and undiluted bitumen, or
0 afilm of live oil is draining over the interface dampening the curvature

e Solvent vapour can become trapped as bubbles within the draining live oil. The trapped
solvent bubble can remain stationary or be mobilised if viscous and gravity forces are
sufficient to overcome the buoyancy and capillary forces present. In either case the

solvent vapour bubble can be absorbed into the bitumen/live oil phase.

The series of photographs are taken from video observations of model OC-1 and DC-1 during
VAPEX experiments with non-condensing butane as the solvent. The location of the model OC-
1 video and photographs were approximately 60 pores from the top of the model and 25 pores in
from the well located on the left side of the model. The movie was taken 29 hours after the start
of the experiment and is located on the tape at 28 minutes, 53 seconds. The photographs of pore
scale events in model DC-1 in Figure 3.2.14 were taken at 17 hours and 10 minutes into the
experiment at tape time 11:03. The video captured 90-110 pores down from the top and 53-70
pores in from the well located on the right side. The series of photographs of model DC-1 shown
in Figure 3.2.15 through Figure 3.2.17 were taken near the start of the experiment at 3 hours 14
minutes at tape time 2:03 — 5:41 showing 121-140 pores from the top and only 4-6 pores in from
the well on the right. The photographs of the video are referenced using the video clip time such
that the first photograph is at time 33:15 indicating 33 seconds after the start of the video clip.
The film time is noted for referencing, for physical understanding of the time scale, and to be able

to calculate velocities of pore scale events.
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Figure 3.2.12: Interface Positions during VAPEX Drainage in Model OC-1

Figure 3.2.12 shows the first image of the series at time = 33:15 where the VAPEX interface is
physically located in different parts of the pore structure. The first photograph in Figure 3.2.12A
is an overview showing the general location of the details exploded in images b, ¢c and d. Figure
3.2.12b shows curved capillary interface found at the junction of pore bodies and throats. Figure
3.2.12¢ shows that the VAPEX interface is not only found at the junction of pore bodies and
throats. Here, it is observed that the oil phase is thicker around the solid particles to the right of
butane filled pore bodies. This phenomenon can occur when the oil has not yet been diluted by
solvent or when the live oil (diluted oil) drains in films creating the appearance of a thicker non-
curvaceous interface. Figure 3.2.12d shows that the interface is in front of a peak of oil filled
throats which is joined to the rest of the vapour phase by the uppermost throat. A tortuous
pathway is created through which the solvent must diffuse in order to reach the interface. This is

especially relevant if an inert or non-condensable gas is present, as discussed in section 3.3.
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Live Qil Drainage at the Interface
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Figure 3.2.13: Live Oil Drainage at the Interface of Model OC-1

Live oil drainage is shown in the series of photographs in Figure 3.2.13. The focus of the first
series (1-a through 1-d) shows drainage displacement mechanisms where the butane vapour
invades the live oil filled pores. Drainage occurs when the non-wetting phase (butane) displaces
wetting phase (live oil). Focus area 1-b shows that the butane has invaded one pore lower
compared to focus area 1-a resulting in the trapped butane bubble visible in 1-a being reconnected
with the continuous gas phase (solvent chamber). In the 2 minutes and 10 seconds elapsed from
1-c to 1-d, the butane vapour invaded two pores and was starting to invade the third pore located
above the reference line. It is also interesting to note the position of the bitumen interface where
it is located at the junction of the butane filled pore body and bitumen filled pore throat in focus
areas 1-a through 1-c. This position is the equilibrium position where it requires a destabilisation
of forces to overcome the capillary pressure and advance the butane into the next pore. Figure
3.2.13 focus area 1-d shows the butane — live oil interface moving through the pore throat into the
next pore. This is a dynamic interface position due to the capillary instability and the interface
will not stay there but establish itself in the pore body — pore throat junction like in focus areas 1-

a through 1-c.
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Although it is difficult to see in the series of photographs captured from the video, an important
point to note is that as the live oil is draining from pores in one area, another areca below is
affected by the movement. The consequence of the drainage displacement occurring in the pores
depicted in focus areas 1-a through 1-d is live oil draining by film flow occurring further down in
focus areas 2-a to 2-d. In focus area 2-a there is partially filled pore in the centre with bitumen
filling the upper left portion of the pore. This pore is filled in focus area 2-b from the film
draining around the left side of the particles to the left of the centre pore. The result of the film
flow drainage is that a one pore butane bubble becomes trapped (just to the right of the central
pore in focus area 2-b). Drainage displacement mechanisms do not happen uniformly over the
length of the live oil interface. Capillary drainage in one area can result in film flow in another

area and vice versa.

FEEE

a) 34:13 b) 34:27 c) 40:32 d) 45:01

Figure 3.2.14: Live Oil Drainage at the Interface of Model DC-1

Figure 3.2.14 shows live oil draining by film flow in model DC-1. Note the thickness of the live
oil at the vertical interface of the top two pores shown in the focus area. The film is the same
thickness in Figure 3.2.14a and ¢ but the pore pointed out by the downward facing (red) arrow is
being filled with live oil from photograph a to c¢. In Figure 3.2.14d the pore is completely filled
and the film thickness has decreased in the focus area. The consequence of the draining live oil
was to fill the pore as well as the pore throat located at the bottom left of the focus area pointed

out by the upward facing arrow (yellow).

Momentum transport at the pore scale does not happen in only one vertical column of pores. The
interface can vary by a few pores. Observations show that oil filled pores protruding irregularly
into the solvent chamber (the oil filled pores above focus area 2 in Figure 3.2.13) contain mobile

live oil and not high viscosity raw bitumen.
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Figure 3.2.15: Model DC-1 Bubble Formation during Live Oil Drainage 1/3 (series 7-1)

The sequence of photos in Figure 3.2.15 show several pore scale events:
a. The focus area (a) shows two pores initially filled with live oil in area (1-a). Areas (2-a)
and (3-a) show the butane vapour draining the live oil from the top pore. In focus area
(4-a) the bottom pore has also drained by drainage displacement.
b. Focus area (b) shows the creation of a single pore butane bubble by film drainage in areas
(2-b) and (3-b). The bubble is smaller in (4-b) due to diffusion into the oil.
c. Focus area (c) shows the four pore bubble becoming a three pore bubble in (4-c) as well
as film drainage on the oil filled throats to the right of the four pore bubble. Note the
position of the oil-vapour interfaces on the right side of the horizontally oriented throats

from (2-c) to (4-c).
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Figure 3.2.16: Model DC-1 Bubble Formation during Live Oil Drainage 2/3 (series 7-1)
The sequence of photos in Figure 3.2.16 show several pore scale events:

b. Focus area (b) in (5-b) and (8-b) shows the decreasing size of the original one pore

bubble due to the mass transfer of the butane into the live oil phase.

c. Focus area (c) shows the creation of a column of live oil filled pores to the right of the
three pore bubble. Previously these pores were part of the solvent chamber and filled
with butane as discussed and shown as part of Figure 3.2.15. Area (8-c) shows the result
of gravity induced flow in the live oil filled pores. A second three pore bubble below the

other three pore bubble is created.
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Figure 3.2.17: Model DC-1 Bubble Formation during Live Oil Drainage 3/3 (series 7-1)

The sequence of photos in Figure 3.2.17 show several pore scale events:

b. Focus area (b) continues to show the disappearance of the one pore bubble. It has been
completely engulfed by the live oil in (12-d).

c. Focus area (c) shows the two three pore bubbles being deformed into two pore bubbles in
(11-c). The two pore bubbles shown in (8-c) have slightly larger diameters than their
previous three pore versions.

d. Focus area (9-d) shows the creation of another single pore bubble by film flow.
Subsequently, it decreases in radius throughout (10-d), (11-d) and (12-d).

e. In focus areas (9-e) and (10-e) movement downwards is observed by drainage
displacement where vapour invades the two of the three bitumen filled pores on the

bottom left. Film flow also occurs at the intersection of focus areas (10-d) and (10-¢)
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Again, a butane bubble is shown being trapped beneath the draining live oil in (10-¢) and
(11-e). Bubble mobilisation occurs by both drainage and imbibition. The head of the
vapour bubble advances by drainage and the tail undergoes imbibition, as shown during

the downward movement in (11-¢) and (12-¢).

In summary, one consequence of the draining live oil is that butane vapour can become trapped
beneath the interface as shown in Figure 3.2.13 and Figure 3.2.15 through Figure 3.2.17. The
trapped butane bubbles either remain stationary or are mobilised downwards in the direction of
live oil drainage. During either event, the butane bubble can decrease in size due to mass transfer
of the butane from the vapour to the oil phase by diffusion and convective mass transfer and/or be
reconnected with the vapour phase and/or coalesce with other trapped butane bubbles if one or
the other moves. The trapped vapour phase tends to remain stationary if the live oil velocity can

not overcome the buoyancy forces of the bubble.

3.2.2.5 Depth of the Draining Live Oil

As just described in detail and shown through pore scale observations, the depth of the mobile
live oil is not uniform over the length of solvent-bitumen interface, nor does it move uniformly.
Locally, the interface can undulate one to three pores where in one area the already swept pores
can become again filled with live oil and in other areas the live oil — solvent interface is more
advanced. The difficulty is in differentiating between the live oil and the bitumen to determine

the actual depth of the mobile live oil.

Mathematically, the depth of the mobile live oil can be calculated. However, a note of caution
should be added that the calculated depth of mobile live oil would be an average only. Using an
elemental mass/volumetric balance to equate the rate of linear advancement with the vertical
drainage, the average depth of mobile live oil can be estimated. Experimentally, the pore velocity
in the x-direction, U,", is known and can be related to the Darcy velocity in the z-direction.
Referring to Figure 3.2.18, the mass transfer and interface velocity moves in the x-direction

perpendicular to area, Ay,. The live oil drains in the z-direction through area A,,.

The volumetric flow rate of bitumen in the x-direction is related to the pore velocity U, the area

Ay, the porosity and the change in saturation AS.

Qp =U g Ay, AS (3.2.10)

Darcy’s law (equation 3.3.5) for the bitumen is given in the following equation.
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kAp|od sind
Qf = Ay = (1-vs) (3.2.11)
Hlo
Apy, is the difference in live oil density and butane vapour, k is the permeability, g is the
gravitational constant, ¢ is the dip angle, L, is the live oil viscosity and v is the volume fraction

of solvent in the live oil. The physical and fluid properties used are shown in Table 3.2.1.

Therefore, the depth of the mobile bitumen can be estimated as:
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Figure 3.2.18: Solvent Extraction in Two-Dimensional Models

Using the relationship shown in equation 3.3.12, the depth of the draining bitumen and live oil
can be found for the experimentally determined VAPEX interface velocities for the experiments
conducted in the micromodels. The dip angle (¢) is assumed to be 90° and the change in
saturation is assumed to be one with no residual oil. The viscosity is taken as 5 mPa.s, an average
of results from previous experiments (James 2003; Oduntan 2001). The live oil was assumed to
contain 0.30 mass fraction (0.425 volume fraction) solvent and the live oil density was

determined using ideal mixing. The results of the calculations are shown in the following table.
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Table 3.2.4: Estimated Average Depth of the Draining Live Oil and Bitumen

Micromodel Patterns OoC-1 DL-1 DC-1
QO ¢ ¢

Summary of Dimensions

Pore to pore distance (mm) 2.04 2.04 1.60
Model length (cm) 30.4 30.4 304
Permeability (Darcy) 129 292 91
Porosity 0.42 0.28 0.36
Interface Velocity (pores/hr) 0.62 0.63 1.21

Depth of the Mobile Phase

Bitumen
(mm) 0.38 0.11 0.71
(pores) 0.28 0.05 0.54
Live Oil
(mm) 0.66 0.19 1.24
(pores) 0.48 0.10 0.94

The results estimate that on average the depth of the mobile bitumen and live oil is less than one
pore. This, of course, assumes that the mobile oil flows continuously and that the depth of the
draining oil is of constant thickness. The prediction that the live oil only flows in one pore was
inferred from VAPEX experiments using glass etched micromodels that were only one pore wide
with film flow along two corners at most. In reality, the porous network is three-dimensional,
where the piston-like drainage would probably still occur in one to two pores but the affect of
film flow drainage is not adequately represented by the micromodel. There would be more than
two corners, more likely four to six, depending on the pore shape that affect the film flow in

three-dimensional porous networks.

Qualitatively, preliminary success has been achieved in visualising the depth of mobile live oil in
consolidated and unconsolidated porous media using long wave UV light and a liquid solvent
(Varsol®) spiked with an oil soluble florescent agent. This enabled the differentiation of pure
solvent, live oil and pure bitumen as shown in Figure 3.2.19. The light blue area to the left is
Varsol® with florescence, the brown to the right is bitumen, and the lighter brown colour

highlighted in the focus area (a), (b), and (c) is the mobile live oil.
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a. Focus area (a) shows the mobile live oil initially in the upper left quadrant and over the
four photographs it moves downward so that even the upper right quadrant is filled with
solvent. The depth of the live oil that was mobilised was just over two pores.

b. Focus area (b) shows movement of the three live oil filled pores that are originally
located the left of the centre. Towards the top of the oval, to the right of the centre line,
live oil is mobilised through one pore.

c. The bottom left quadrant shows two pore-widths of live oil saturated pores in (1-c) that

become filled with solvent in (4-c).

Observations shown in Figure 3.2.19 confirm the behaviour observed in the etched glass
micromodels whereby the live oil does not drain in a continuous film but by capillary
displacement mechanisms and film flow. The observations can also allow us to conclude that on

average estimates of the depth of mobile live oil should not exceed one pore.
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Figure 3.2.19: Depth of Mobile Live Oil in Consolidated Media using Florescence
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3.2.2.6 Residual Oil

Lo : @
S i
1% : &
T | : .
k ek :

AR 4
;. !

T T T T T I Tt I IS T T T IS ETrI T =T

L
-
& W
- w
L
LN
R
L
(N
LR
L
L
(N
i
C
L
(]
LR ]
L
o
E
LR |
T
L
E
BB
A=
&
[
CR]
(]
o
L3
(]
L]
(]
L

(L L8 2RI RIS R AR RS LANE LR RELTHE.

&
[
[ |
¥
[
"
|
L.
-
[
L
[
[]
L]
W
-
[]
[ |
#

Figure 3.2.20: Residual Oil Trapped in Extracted Parts of Models with Non-Condensing
Solvent (VAPEX)

Figure 3.2.20 shows that the residual trapped oil was affected by the pore structure. Models DC-
1 and DL-1, both with diamond shaped particles have shorter pore throat lengths compared to
model OC-1. It is shown that the residual oil phase for models DL-1 and DC-1 was found
primarily in pore bodies sporadically throughout the model. The residual saturation for the swept
portion of model DL-1 was approximately 3.6%, depicted by the black, single pores filled with
oil. The residual oil in model OC-1 was held preferentially in horizontally oriented pore throats,
those found between vertically oriented particles or between two horizontally oriented pore
bodies. In the field, the pore size distribution is not uniform and the pore throat lengths would be
approximately equal to the particle size. Similar trapping could be envisioned in the field where
residual oil would be found in some horizontally oriented pore throats and in pore bodies
surrounded by pore throats with smaller diameters. Minimal trapping of residual oil from solvent
based heavy oil recovery is a definite advantage. Results from laboratory scale VAPEX
experiments indicate a residual oil of less than 10% is found (Oduntan 2001; Ramakrishnan 2002;
James 2003; Friedrich 2006). Trapped residual oil is not observed in the glass micromodels when
the solvent condenses due to the miscibility of the liquid solvent in bitumen, however asphaltenes

do precipitate, as shown in Figure 3.2.10.
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3.3 Effect of Non-Condensable Gas on VAPEX

The presence of a non-condensable should theoretically have a negative impact on production
rates for solvent aided enhanced oil recovery processes. A non-condensable gas creates a
diffusion boundary layer through which the solvent molecules must first diffuse to reach the
bitumen interface. The partial pressure of the solvent is reduced with the presence of another gas
phase thereby reducing the interfacial concentration (i.e. solubility) at the bitumen interface. The
effect of different partial pressures of CO, and CH,4 was eluded to in a conference paper by Talbi
and Maini (2004) and summarised in Table 2.2.1. Although the negative effect was difficult to
decipher, production rates were shown to decrease with an increased partial pressure of either
carbon dioxide or methane. The goal of this work was to perform a simple experiment to

exemplify the detrimental effect of non-condensable gas on the VAPEX process.

3.3.1 Experimental Procedure using Unconsolidated Glass Beads

/Slit ¢
Sides 4:0.cm
¢ 75.0 cm T ]

Glass Rectangular Channel Bottom

Plexiglas Channel

Figure 3.3.1: Plexiglas Channels used for holding Unconsolidated Glass Beads

The experimental procedure followed the same methodology used by James (2003) for
investigating the rate of VAPEX interface advancement in unconsolidated media. Laboratory
scale models consisting of fabricated Plexiglas® channels filled with oil saturated unconsolidated
glass beads (shown in Figure 3.3.1) were housed in a pressurised system shown in Figure 3.3.2.
Athabasca bitumen was used with a viscosity of 225,000 mPa.s and a density of 1.001 g/cm’ at
22°C. The channels were saturated by placing them on their sides with the slit side facing up in
a warm water bath at approximately 50-60°C. Approximately 1 cm depth of hot heavy oil (70-
80°C) was poured into the channels. A layer of approximately 2-3 cm of 20-30 US mesh (0.5944
— 0.8407 mm diameter) glass beads heated to the same temperature was then evenly distributed

over the heavy oil. The glass beads were allowed to gravity settle and more beads were added to
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any under-saturated sections (visible by oil pooling above the beads) until unsaturated glass beads
were left on the surface. The loose beads were then shaken out and the process repeated until the
channel was filled. A wire mesh screen was then secured in place over the slit to prevent the

formation from failing during the experiment.
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Figure 3.3.2: Experimental Set-up for Examining the Effect of Non-Condensable Gas

The experimental set-up shown in Figure 3.3.2 consists of a pressurised system made of a 8.89
cm (3.5” diameter) 1m long Plexiglas® tubing sealed at both ends and fit with a 0.635 cm (4" )
tube fitting at the bottom and a 1.27 cm (%) tube fitting at the top. The bottom is connected via
a 2-way valve to a collection cylinder to measure the live oil produced with time. The butane
cylinder, housed in a water bath, is connected via a mass flow meter to the top of the pressurised
system where a pressure transducer measured the system pressure. The water bath, ambient, and
system temperatures were measured using three T-type thermocouples. A data acquisition system

recorded the temperature, pressure and butane flow rate.

The experiment was started by placing the saturated porous medium in the system housing and
flushing the entire system with butane. The butane was connected to the bottom and flushed
upwards in a gravity stable direction for 10 minutes. The butane was then reconnected to the top
and the system pressurised to start the experiment. The goal of the experiment was to investigate

the effect of non-condensable gas on VAPEX so the butane was kept 1-2°C lower than ambient to
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ensure that it did not condense. Once steady state production was well established methane was
added to the system. The system pressure was first decreased and then incrementally re-
pressurised using methane. The system pressure was established again by re-connecting the
butane. The concentration of methane in the system was calculated using the ideal gas law

knowing the pressure difference and the void volume of the system and connected tubing.

3.3.2 Results and Discussion

The VAPEX experiment with the introduction of methane was repeated for consistency and the
results are shown in Figure 3.3.3. The average butane and system temperatures for experiment #1
were 23.5 and 25.1°C respectively and 23.5 and 24.8°C for experiment #2. The average system
pressure was 134.4 kPa (19.5 psig) for both experiments except during the methane addition. The

temperature and pressure profiles are shown in Appendix B.
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Figure 3.3.3: Live Oil Production Rates with Methane Present

Figure 3.3.3 demonstrates the effect of adding a small amount of methane to the system. Two
experiments were performed with initial production rates of 0.580 and 0.579 c¢m®/min using pure
butane at vapour pressures of 34.2 and 34.3 psia respectively. Once steady state production was

established, the system pressure was decreased and methane was added to the solvent chamber.
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The production rates dropped from 0.580 c¢m®/min to 0.227 cm’/min in experiment #1 when 2.2
mole % methane was present and in experiment #2 from 0.579 cm’/min to 0.230 ¢cm’/min when
2.5 mole % methane was present. This constitutes a 61 and 60% decrease in production with the
addition of only 2.2 - 2.5 mole % methane. This simple experiment shows very clearly the effect

of solution gas on a VAPEX process.

The effect of non-condensable gas either as solution gas or added to the solvent upon injection
would substantially decrease the effectiveness and efficiency of solvent extraction recovery. If
propane was used as a solvent, whose vapour pressure at room temperature is around 850 kPa, the
effect may be somewhat lessened by higher system pressure. The solubility of the solvent and
methane would increase with increasing pressure yet the diffusion coefficient decreases with
increasing pressure. However, the overall concentration would increase with increasing pressure
thus increasing the driving force. Also, the two commonly proposed gases are methane and
carbon dioxide, both of whose solubility increases slightly with increasing reservoir pressure.
Nonetheless, solvent extraction production rates would be lessened in the presence of a non-
condensable gas compared to using a pure solvent. The non-condensable gas would inhibit the
mass transfer of solvent into the bitumen by two mechanisms. Firstly, due to the reduction of
partial pressure from unity in the case of pure solvent to less than one when a non-condensable
gas is present the solubility at the bitumen-solvent interface decreases. Secondly, the non-
condensable gas in the solvent vapour chamber creates a mixture of gas molecules through which
the injected solvent must first diffuse in order to reach the bitumen-solvent interface. The results
of this simple experiment confirm the negative impact on production rates when a non-
condensable gas is present. All efforts should be made to prevent the build-up of solution gas in
the solvent chamber in any field operation. Based on these results, a non-condensable gas

injected with the solvent would decrease the recovery efficiency of the heavy oil significantly.
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Chapter 4. One Dimensional Diffusion of
n-Butane in Heavy Oil

In the late 1970s (Dunn et al. 1978) and again in the late 1980s (Butler and Mokrys 1989) the
idea of producing Canada’s heavy oil using solvent dilution was introduced. From these first
ideas the enhanced oil recovery processes known as N-Solv and VAPEX were founded. There
have been many permutations and computations of solvent aided recovery processes since then
but some fundamental questions remain unsolved in trying to mathematically describe solvent
aided recovery. Measuring the diffusivity of light hydrocarbon solvents in heavy oil has been of
great interest. Butler and Mokrys (1991) and Das (1995) concluded that a much higher diffusion
coefficient than estimated by theoretical predictions was required to match production rates from
laboratory scale VAPEX experiments. Diffusivity of light hydrocarbon solvents in heavy oil
research began in the mid to late 1990s and continues today exploring different techniques of
measuring the diffusivity and refining over-simplified assumptions that were used initially by

other researchers.

The one-dimensional diffusion work presented here is a culmination of several years work dating
back to 2003 when the first preliminary diffusion experiments were performed. Contributions to
the area of light hydrocarbon diffusion into heavy oil/bitumen include:

e The design and perfection of a simple one dimensional diffusion experiment to measure

and independently validate the uptake of n-butane into bitumen and the swelling of the
bitumen phase in time.

e An improved mathematical description of the diffusion of n-butane into heavy oil from
first principles, without oversimplified assumptions. This was accomplished by
considering:

0 the diffusivity and density are functions of the solvent concentration and cannot
be assumed constant, and

O the solvent concentration was assumed to be a function of position and time and
numerically calculated.

e Determination that the concentration dependent molecular diffusivity of n-butane in
heavy oil is a linear function of concentration.

e Validation of the mathematical model with experimental results.

Both the experimental and the numerical approach utilised are enlightening in their simplicity.
The gravity stable one-dimensional diffusion experiment captures the swelling of the bitumen in
time as butane vapour diffuses into it. The constant pressure solvent vapour is supplied from a

leg of liquid butane which decreases in time. Mathematically, the partial differential equations
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for the bitumen phase are derived from first principles: an overall mass balance, a mass balance
on the solvent in the bitumen phase and an expression derived for the average velocity. A front
fixing method first proposed by Landau (1950) simplifies the moving boundary problem by
making the spatial coordinates dimensionless. The system of equations containing concentration
dependent partial derivatives for the diffusivity and density are solved for using the method of
lines implemented in Matlab (7.6.0). There are only two assumptions: 1) that the interfacial
concentration is at thermodynamic equilibrium (solubility limit) and 2) the form of the diffusivity
function is guessed. The diffusivity coefficient values were determined by using the least squares
non-linear optimisation toolbox functionality in Matlab, where the objective function minimises
the difference between the experimentally observed and the numerically predicted increase in
bitumen height. The model was independently validated through the comparison of the predicted

and experimental decrease in solvent height.

4.1 Literature

The overall understanding of experimental limitations and physical model assumptions for gas
diffusion into bitumen has advanced quite significantly since the early pressure decay
experiments and constant diffusivity models (Riazi 1996, Zhang et al. 2000, Upreti and Mehrotra
2002, Tharanivasan et al. 2006). The diffusion of a light hydrocarbon solvent into a heavy oil or
bitumen is complex. The key findings include:
e The solubility of light hydrocarbons is sufficiently high so that assumptions for dilute
conditions are invalid.

e The high solubility of the light hydrocarbon in heavy causes the bitumen phase to swell
in time so that swelling of the oil cannot be ignored.

e The solubility of the light hydrocarbon in the heavy oil is proportional to the partial
pressure of the solvent in the gas phase and the overall system pressure.

e The viscosity of the oil phase decreases exponentially when mixed with a light
hydrocarbon solvent.

e There are large density gradients between the light solvent and the dense heavy oil.

e Experimental techniques are inhibited due to the opacity of the bitumen and the volatility
of the light hydrocarbon solvents (that are of most interest to the recovery of heavy oil
due to their thermodynamic behaviour at reservoir conditions).

4.1.1 Pressure Decay Methods

The pressure decay method used for determining the diffusion of gases into heavy oil has been

most recently employed in the studies by Upreti and Mehrotra (2002), Zhang et al. (2000) and
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Riazi (1996). Experimentally, at time zero, the gas (A) is introduced into the constant
temperature, constant volume chamber already containing the liquid hydrocarbon (B), as shown
in Figure 4.1.1. The system pressure (P) is measured and decreases with time as component A
diffuses into component B. The experimental technique has merit due to its simplicity. However,
the mathematical development required to capture the pressure and composition dependent

diffusivity as well as the changing interfacial concentration is at best very complex and has yet to

be captured properly.
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Figure 4.1.1: Schematic Diagram of the Pressure Decay Method for Determining
Diffusivities

As the gas diffuses into the hydrocarbon, the hydrocarbon phase swells and the overall height (z)
increases with time. Zhang et al. (2000) assumed that the height was constant with time.
Depending on the time period in question and the overall mass flux (g/cm’.s) this may or may not
be true. The solubility of a gas in a liquid is a strong function of pressure and temperature.
Temperature and solubility are inversely related while the solubility of a gas in a liquid increases
with increasing pressure. The mass transfer model used to find the diffusivity must reflect the

changing gas concentration at the interface while the pressure decreases in time.

Riazi (1996) also used the pressure decay method and the evaluation of the interface position to
better predict the concentration dependent diffusivity of methane (g) into pentane (I). In the
model development it is assumed that equilibrium always existed between the solvent vapour and
oil phase and that the oil phase density is the product of the concentration of the oil phase (Cy)
and its molecular weight (M,). The numerical solution used a constant diffusivity that is assumed

valid only during short time steps at which the thermodynamic conditions, liquid height and the
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concentration of diffusing species are numerically evaluated. At each time step the
concentrations and diffusion coefficient are updated based on the results from the previous time
interval, including the changing saturation concentration at the interface boundary, which is a
function of the thermodynamic conditions. The model calculates the time dependent composition
of each phase, pressure and volume. Riazi found that the semi-analytical numerical model could
accurately match experimental pressure decay results using several published diffusivity
correlations within 5%. It is paradoxical that the diffusivity as a function of time was presented
but no concentration dependence was presented. It is important to note that the diffusivity is

dependent on the solvent gas pressure, so as the pressure declines, the diffusivity would change.

The experimental set-up used by Upreti and Mehrotra (2000) involved one-dimensional diffusion
of carbon dioxide (CO,) in bitumen in the range of 25-90°C at 4 MPa initial pressure. The mass
of carbon dioxide diffused in the liquid phase was measured using the pressure decay technique
where the experiment was started at a given system pressure and the pressure decreased as the gas
diffused into the heavy oil. Their method “utilises a comprehensive distributed parameter model
of mass transfer and employs a functional optimisation technique to compute the concentration-
dependent gas diffusivity. The calculation does not depend on empirical correlations. It
incorporates the variation in the density of the gas-liquid mixture.” They assumed that the
diffusivity is concentration dependent but pressure independent at a given concentration.
However, the mathematical development suffered from one derivation flaw that was corrected by
James (2003). Upreti and Mehrotra assumed a quasi-equilibrium interfacial concentration of
solvent and heavy oil. They adjusted the solubility limit of equilibrium concentration at the gas-
liquid interface with time to reflect the declining pressure. The results indicated that the
diffusivity is a non-monotonic function of concentration. Upreti and Mehrotra found that the
diffusivity of CO; in bitumen increases to a maximum value in the range of 0.007 — 0.010 mass
fraction CO, and then decreases and levels off to a constant value (approximately 0.185 x 10~
cm?/s). This is a rather unusual trend that they reason is plausible because the diffusivity would
increase as the oil’s viscosity is decreased to a point beyond which additional CO, molecules
already diffused in the bitumen hamper further diffusion. They also found that the diffusivity
increased with increasing temperature. This finding agrees with the argument that diffusivity of a
gas into a liquid is inversely proportional to the viscosity of the liquid phase, because as the

temperature of the liquid increases, the viscosity decreases.

Zhang et al. (2000) performed pressure decay experiments using methane and CO, as diffusing

species into Venezuelan heavy oil by measuring the pressure only. Experimentally, they
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measured the pressure as a function of time without regard to ambient temperature fluctuations.
Numerically, the transport equations were over-simplified but results were still reasonable. They
assumed that the diffusivity was concentration independent and the change in interface height
was small (and therefore negligible) although the experiments lasted for several days and the
diameter of the test cell was only 2.5cm. Based on the constant diffusion coefficient and constant
interface height, an analytical solution by Crank (1975) was employed for the time and position

dependent concentration.

There is one inherent difficulty in developing a model based on pressure decay experiments; the
use of boundary conditions. Normally, it is assumed that the heavy oil — solvent vapour interface
instantly assumes the saturated equilibrium concentration of solvent at the given thermodynamic
conditions. However, the concentration at the interface is dependent on pressure and if pressure
decreases so does the interfacial concentration. Three choices of interfacial boundary conditions
were compared by Tharanivasan et al. (2004): 1) the interface assumes the saturated solvent
concentration at the equilibrium pressure regardless of whether or not the experiment reached
equilibrium (Zhang et al. 2000); 2) the interfacial concentration is equal to the solubility
concentration dependent on pressure (Upreti and Mehrotra 2000) and 3) the interface is not at
equilibrium thus providing resistance to mass transfer. Tharanivasan et al. (2004) evaluated the
three different boundary conditions using a constant diffusion coefficient model developed with
an analytical solution and optimised to history match the results of the previously mentioned
authors. It was determined that the non-equilibrium boundary condition worked best for the
carbon dioxide-heavy oil system and the equilibrium boundary condition was most suitable for
methane-oil systems although the results presented were almost independent of the boundary
condition used. Physically, thermodynamic equilibrium should be maintained at the interface at

all times.

4.1.2 Dynamic Pendant Drop Volume Analysis (DPDVA)

C. Yang and Gu (2005b, 2006a, 2006b, 2007) and D. Yang and Gu (2006, 2008) have developed
a quick (one hour) visual technique to experimentally measure the swelling of an oil droplet in the
presence of gas which they have called the pendant drop volume analysis (DPDVA). C. Yang
and Gu (2005b, 2006a, 2006b, 2007) have focused on measuring the oil swelling factors and
diffusion coefficients of carbon dioxide, methane, ethane, propane and three gas mixtures
(mixture #1: 70% CO,, 30% C;Hs; mixture #2: 70% CHy4, 30% C;Hg and mixture #3: 70% C,Hs,
30% C;Hs, (all in mole %)) in brine and heavy oil. They developed a mathematical model with
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two different boundary conditions to try and obtain the diffusion coefficient and oil swelling
factors. They used the changing pendant drop interfacial profile in part of the mathematical

development but ignored its contribution on the diffusion process.

“Therefore, in this study, the influence of the shape and volume changes of the pendant drop on
the diffusion process is neglected. It is assumed that the diffusion process occurs as if the
pendant oil drop is stationary. It should be noted that the interfacial tension reduction and the oil-
swelling effect are considered in predicting the dynamic interfacial profiles by solving the

Laplace equation of capillarity.” (Yang, C. and Gu, Y. 2006a)
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Figure 4.1.2: Experimental Apparatus for the Dynamic Pendant Drop Volume Analysis
(Yang, C. and Gu, Y. 2005a, 2005b, 2006a, 2006b, 2007)

In the 2006a paper presented by C. Yang and Gu, the dimensionless form of the continuity
equation cylindrical coordinates (shown in equation 4.1.1), assumes that the diffusivity is
constant, the convection term is negligible and that the concentration profiles are independent of
position around the pendant drop. The continuity equation along with the dimensionless forms of
the initial and boundary conditions are solved simultaneously to find the average solvent
concentration within the pendant drop and the interfacial solvent concentration assuming that the
pendant drop does not change in size or shape during the measured diffusion time. The first

boundary condition (shown in equation 4.1.2) assumes non-equilibrium at the bitumen-solvent
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interface and the second assumes that solvent does not diffuse past a point of reference at the

needle tip.
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The variables in equation 4.1.1 include the concentration c, the time t, the diffusivity D, radius r
and length z. C, 1, R and Z are the dimensionless concentration, time, radius and length. n, and
n, are the r and z components of the outward normal vector to the droplet-gas interface, k is the
mass transfer coefficient and cg, is the solubility taken over the interface boundary domain. The
authors made dimensionless equations 4.1.1 and 4.1.2 along with the boundary and initial

conditions.

The mass transfer Biot number (kp = k.r,/D) and the diffusivity, D, are initially guessed and
optimised through minimising the difference between the measured and calculated z and r
dimensions. Convection is ignored in the dimensionless continuity equation a constant diffusion
coefficient is assumed. The average and interfacial solvent concentrations are used to determine
the dynamic interfacial tension (y) and average density of the pendant drop from predetermined
calibration curves. In my opinion, the methodology lacks independent validation of experimental
measurement because the “measured” interfacial profile, z,, = z,(rm,t), Bond number (Bo) and the
measured volume of the pendant drop (V) are used to compute the “calculated” interfacial

profile, z. = z.(r.,t) from the following expressions (in dimensionless form):

d?z d?z
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Z, R, Ry, and Vpare the dimensionless z-dimension, radius, principal radius of curvature and

measured volume of the pendant drop. The difference between the “calculated” and “measured”

normal distances from a measured radial position is minimised to find the mass transfer Biot
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number and diffusion coefficient. They found and concluded that the diffusivity of CO, in brine
is 1.81 x 10 cm?/s at 3.6 MPa and 25°C and the diffusivity of CO, in heavy oil is 1.14 x 10~
cm’/s at 2.9 MPa and 25°C within the range of values found in the literature. In reality, the
diffusion coefficient should not be considered constant, the swelling of the droplet needs to be
accounted for, and the experimental measurements should be validated and not serve as input to

finding the predicted values.

In the 2005b paper presented by C. Yang and Gu, the boundary condition and objective function
are different. In this paper, they assume an equilibrium interfacial concentration to find the
diffusivity of carbon dioxide in Lloydminister heavy oil (p = 0.988 g/cm’ and p = 23,000 mPa.s)
at pressures of 2, 3, 4, 5, and 6 MPa at 23.9°C. After solving the set of equations, as above except
that the boundary condition for the bitumen-solvent interface is a constant equilibrium
concentration, the computed concentration profile is used to calculate the number of moles (n(t))
diffused into the pendant drop at any time. The “calculated” volume (V.) of the heavy oil droplet
is predicted using the following expression:

Ve (1) =V +Vgas MW ggsn(t) (4.1.5)

V, is the initial volume of the droplet, MW, is the molecular weight of the gas and v, is the
volume change per unit mass of gas dissolved at a constant pressure and temperature which is
assumed constant. The potential issue arises from the value for the volume change per unit mass
(Vgas) Which is calculated from the oil swelling factor (fy) as shown in the following equation.

Vggs = ——o (4.1.6)
gas

The oil swelling factor is defined as the volume of saturated heavy oil at equilibrium conditions
to the volume of solvent free heavy oil at normal pressure and temperature. During the diffusion
process, equilibrium has only been reached at the interface and not throughout the oil droplet.
Therefore, the equation should only be used at equilibrium if one were to be rigorous about the

mathematical development.

The oil swelling factor and the diffusivity are initially guessed and then optimised by minimising
the difference in the “measured” (V,,) and “calculated” (V.) volumes of the oil droplet without
considering the pendant drop swelling or a non-constant diffusivity on the results of the
continuity equation solution. Their results indicate that the diffusivity and oil swelling factor

increase with increasing pressure, as shown in Table 4.1.1.
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C. Yang and Gu (2006b) present the same mathematical development using a constant solubility
concentration at the oil droplet-solvent interface to find the diffusion coefficient and oil swelling
factor for CO, (already presented in 2006a), CH,, C,Hs, C;Hg and three solvent mixtures in
Lloydminister heavy oil at 23.9°C and different pressures that were smaller than the respective
vapour pressures of the solvents. The results are shown in Table 4.1.1. It was concluded that the
diffusivity and oil swelling factor increases for the respective solvent with increasing pressure, as
theory would suggest. The same development, experimental procedure and results for propane in
the Lloydminister heavy oil are presented in another paper published in the Journal of Canadian
Petroleum Technology (Yang, C. and Gu, Y. 2007).

Table 4.1.1: Diffusivity and Oil Swelling Factor Results for Different Solvents in
Lloydminister Heavy Qil at 23.9°C (Yang, C. and Gu, Y 2006b)

CO, (P, = 6.28 MPa)
P=2.0-6.0 MPa £, =1.03-1.13 Dy, =0.2 —0.55 x 10° cm?/s

CH, (P, = 31.38 MPa)
P=60-140MPa  f,,=1.03—107 Dy =0.12 - 0.19 x 10 cm?s

CHg (P, = 4.12 MPa)
P=1.5-3.5MPa £ =1.09 — 1.315 Dy, =0.13-0.77 x 10° cm?/s

C3Hs (P, = 0.93 MPa)
P=0.4-0.9 MPa f,=1.11-1.505 Dy, = 0.09 — 0.68 x 10™° cm?/s

Mix #1 - 70 mol% CO,, 30 mol% C;Hj ( P§6W= 3.27 MPa)
P=1.0-3.0 MPa £, = 1.09 — 1.48 Dy, = 0.08 — 0.82 x 10° cm?/s

Mix #2 - 70 mol% CHa, 30 mol% C3Hs ( Py = 4.79 MPa)
P=2.0-4.5MPa fo=1.14-1.35 Dy, =0.12 - 0.7 x 10”° cm?/s

Mix #3 - 70 mol% C,H, 30 mol% CsHs ( Pggy = 2.19 MPa)
P=075-20MPa  f,,=1.09—-137 Dy, = 0.06 — 0.77 x 10 cm?/s

CO, in Weyburn Crude at 27°C (Yang, D. and Gu, Y. 2008)
P=0.1-5.0 MPa k=0.88—-841x10°m/s Dg=0.47—-2.49x 10~ cm?/s

Yang (D.) and Gu (2008) follow the same experimental and mathematical procedure as described
in 2006 to find the diffusion coefficient and mass transfer coefficient for carbon dioxide in a
Weyburn, Saskatchewan crude oil (p = 0.877 g/em’, u = 13 mPa.s at 27°C). The difference is
that heavy oil instead of brine was used and the ADSA (axisymetric drop shape analysis) was

used to measure the dynamic interfacial tension at any time. Besides giving details for the
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Galerkin finite element procedure used to solve the same set of equations as Yang, C. and Gu
(2006a), they included a non-equilibrium boundary condition and the objective function compares
the measured and calculated interfacial tensions instead of the interfacial profile. The
“calculated” interfacial tension is determined from the solution of the differential equations for
the average concentration profile of the solvent in the heavy oil droplet. They relate the dynamic
interfacial tension to the transient interfacial concentration assuming it’s the same relationship as
the equilibrium interfacial tension versus equilibrium concentration. Once the calculated
interfacial tension is found, the diffusion coefficient is minimised for over a range of mass
transfer coefficient values and then optimised over a wider range to find the global minimum.
They reported mass transfer and diffusion coefficients at different pressures shown in the table

above.

4.1.3 NMR and CAT Scanning

Diffusion coefficients for liquid-liquid systems have been determined using medical imaging
equipment, both NMR and x-ray CAY scanning. Wen and Kantzas (2005) and Wen et al. (2004,
2005) examined a range of solvents in different heavy oils/bitumens using NMR (pentane,
hexane, heptane, toluene, kerosene and naptha in Peace River, Atlee Buffalo, Edam and Cold
Lake oils). The following papers present results using X-ray computer assisted tomography
(CAT scanning) for measuring density profiles in the liquid-liquid systems, inferring
concentration and calculating the diffusivity. As shown in Figure 4.1.3a, the liquid solvent is
placed on top of a volume of heavy oil and the sample scanned to measure the x-ray attenuation
for vertical cross sections in the diffused part of the system as a function of time. The
concentration of the solvent in the heavy oil is calculated from the mixture density at each point
in the solution, which is based on the x-ray attenuation. The advantage of using medical imaging
equipment for determining diffusion coefficients in liquid-liquid systems is that the concentration
profile is explicitly determined and not inferred like in the other techniques, assuming the mixing

rule is well defined.

Ideal mixing was assumed until Luo et al. (2007) determined that there is an excess volume of
mixing, as shown in Figure 4.1.3. An excess volume of mixing is indicative of deviation from
ideal mixing. A negative excess volume of mixing arises from a mixture density greater than
predicted from ideal mixing, and therefore a specific volume less than ideal. The concentration
dependent diffusivity for heptane in heavy oil is shown in Figure 4.1.3b where the density of the
oil is 0.978 g/cm’ at 25°C and the viscosity is approximately 21,500 mPa.s at 20°C. The excess
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volume of mixing helped but did not completely eliminate the time dependence. It should be
expected that the diffusivity is concentration dependent but not time dependent for the same
concentration. At higher heavy oil concentrations (from mass fraction 0.5 to 0.97) results show a
linear dependence of diffusivity on heavy oil. Converting the heavy oil mass fraction to solvent
mass fraction, the approximate linear function is D = 9.5 x 10°ws + 3.1 x 10° cm?%s. This range
of heavy oil concentration is of interest for solvent extraction processes because laboratory scale

VAPEX experiments typically produce live oil with 0.30-0.40 solvent mass fraction.
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Figure 4.1.3: a) Experimental Schematic and b) Concentration Dependent Diffusivity for
Heptane in Heavy Oil (Luo et al. 2007)
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In 2005, Salama and Kantzas monitored the diffusion of pentane, hexane, heptane and octane
separately in the same heavy oil and in sand saturated with heavy oil. The calculated diffusivities
show time dependence decreasing with log (time). What is interesting and expected is that the
diffusivity in the presence of sand is lower than in bulk oil where the porosity and tortuosity of
the porous media slows the rate of diffusion. Luo and Kantzas (2008) re-investigated the
diffusion of liquid hydrocarbon solvents in the presence of sand, previously studied by Salama
and Kantzas (2005) taking into consideration the volume change upon mixing. In a porous
medium, it is expected that the tortuosity and the diffusion path length between pores would slow

down the rate of diffusion and consequently the diffusivity is reported as an effective diffusivity
(D.). The effective diffusivity is a function of the molecular diffusivity (ng) and its takes into

account the tortuosity expressed in terms of the formation resistivity factor (F) and in turn the

porosity (¢) and cementation factor (m) for unconsolidated sand packs.

DS DS
De:—FSb - Dg=—2

where F = ¢~ ™ 4.1.7)

The time dependence of the diffusivity is reduced by taking into account the volume change on
mixing and the authors conclude that the diffusivity in sand packs is less than in bulk liquids, as
expected. They found a linear diffusivity (from 0.18 to 0.90 heavy oil volume fraction) with
approximately the same dependence on solvent concentration as in the bulk liquid sample but

with different limits, i.e. the slopes are equivalent, as shown in the following figure.
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Figure 4.1.5: Comparison of Effective and Molecular Diffusivities for a Homogeneous Sand
Pack (Luo, H. and Kantzas, A. 2008)
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In 2007, Zhang and Shaw compared the mutual diffusion coefficients obtained from analysing
compositional density profiles using two mathematical relationships for the mutual diffusivity.
The density profiles were experimentally determined at the Tomographic Imaging and Porous
Media Laboratory at the University of Calgary under Professor A. Kantzas. The first method
involved relating the density profile to the volume fraction and determining the diffusivity using
the following equation as per Oballa and Butler (1989), Das and Butler (1996) and Wen et al.
(2004):
Vs
Dsp.v =—%{8‘\9/—Xf} (j) XoV ¢ (4.1.8)
tVy

The results indicated that the diffusivity is different depending on the time over which it is
evaluated and the authors attribute this to the fact that the diffusivity does not account for density
gradients and that the results were acceptable at longer times when the density gradients are
smaller. They then compared the diffusivity results using the above equation to results using an
expression developed from the solvent continuity equation which maintains compositional
variance of density and diffusivity, i.e. density and diffusivity are dependent on the solvent
concentration. The solvent continuity was described using a single joint variable and the

diffusivity is related to two coefficients, A and B using either a series approximation or a Taylor

series expansion. The experimental composition profiles were used to optimise for the

coefficients.
oD op 1 &2 oo,
B 1 Dgyd 24 S [a’sj (4.1.9)
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Neither the mathematical approach above nor data smoothing resulted in a diffusivity function
independent of time. They suggested that if they considered time-invariant data, the mutual
diffusion coefficient may be treated as constant in the range of 1 x 10° to 2 x 10® cm?/s for
pentane and heptane in Athabasca and Cold Lake bitumen respectively. The data presented in
their figures do not suggest a constant diffusion coefficient at all. As presented, Luo et al. (2007)

resolved the time dependency by taking into account an excess volume upon mixing.
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4.1.4 Oil Phase Swelling

Riazi (1996) and recently Jamialahmadi et al. (2006) measured the swelling of the oil phase to
determine the diffusivity of methane in liquid hydrocarbons. Jamialahmadi et al. investigated the
diffusion of methane in do-decane at 45, 65 and 81°C and in a typical Iranian crude oil at 25 and
50°C and various pressures using both a constant diffusion coefficient and a viscosity dependent
diffusivity. Experimentally, they monitored the change in height of the liquid oil phase as it
swells due to the diffusion of the constant pressure CHs. Mathematically, equilibrium was
assumed at the oil-gas interface and a no-flux boundary condition is used at the bottom of the
one-dimensional diffusion cell. They related the change in volume (dV) per volume (V) to the
change in the product of the average solvent concentration (C,) and specific volume (v,), as
shown in equation 4.1.8 and hence the average solvent concentration was related to the height at a
given time compared to the initial height (Z/Zy).

O\'/—V=d(vA6A) BN 5A=iln\\//—; BN 6A=iln§—; @.1.11)
Based on this equation and the integrated form of the continuity equation they arrived at an

expression for the change in average concentration in time related to the difference in interfacial

and average concentrations (Cai - Cp) plus the product of the diffusion coefficient (D) and the

concentration gradient at the interface as shown in the following equation.

oA 0 acy
dt ZO exp(vA(_ZA) OX |Zt

=(Cai~Cala+ (4.1.12)
The concentration gradient is unknown and so they assumed a power law concentration profile

and developed it in terms of an adjustable parameter, a:

oCa| _(Cai—Ca)aCai—Cali-vaCa) 4.1.13)

OX Z, ZgEA

Once the adjustable parameter, a, was optimised for by relating the average solvent concentration
to the experimental height using equation 4.1.8, the left hand side of the following equation
yielded a straight line with the diffusion coefficient as the slope. The a coefficients are constants

that are functions of the interfacial concentration, initial bitumen height and the coefficient a.
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Using the above summarised methodology, the diffusion coefficient for methane in crude oil was
shown to increase from approximately 8.0 x 10° cm®s to 13 x 10° cm%/s in the range of

approximately 4 — 28 MPa at 25°C.

The authors attempted to explore the effect of using a non-constant diffusivity by writing the
partial derivatives of the continuity equation in terms of their equivalent finite differences and
relating a variable, A, to the diffusivity and the differential segment thickness, Ax resulting in a
continuity equation of the form shown in equation 4.1.16.

4=_Pf (4.1.15)

(AX)2

j+1 [ j ( j+l j+1)]
o ) ﬂC +ACL +Ci (4.1.16)

A successive substitution method was used to find the new diffusion based on the previous value.
The results showed a time dependent rather than viscosity or concentration dependent diffusivity
with an initial steep decrease towards a constant diffusion coefficient from 20 to 80 hours. The
authors suggested that they found very good agreement between the experimental and predicted
swelling at later times. This result is somewhat cyclical since the calculation is optimised to fit
the experimental data. At earlier times the diffusion coefficient shows a time dependence which
they attributed to an “incubation” period when both convection and diffusion are present.
Although the continuity equation used ignores the convection term, so the statement is

unjustified.

4.1.5 Solubility in Heavy Oil

The pressure decay method (Riazi 1996, Zhang et. al. 2000, Upreti and Mehrotra 2002,
Tharanivasan et. al. 2006), dynamic pendant drop volume analysis — DPDVA (Yang and Gu
2006; Luo et al. 2006) and the one dimensional diffusion methods (James et al. 2004, 2008 (and
in this chapter); and Jamialahmadi et al. 2006) all require a boundary condition at the bitumen
solvent interface. The boundary condition used is the solubility of the solvent in bitumen. The
value of the solubility was determined experimentally (Luo et al. 2006; Jamialahmadi et al. 2006;
Yazdani and Maini 2008; and Bademchi-Zadeh et al. 2009a, 2009b) and verified using the Peng-

Robinson equation of state.

Luo and Gu (2007) as well as Yazdani and Maini (2008) found the solubility of propane in

bitumen and n-butane in bitumen respectively. Luo and Gu (2007) presented their experimental
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data found from their pendant drop method by showing the solubility (g solvent/100g of bitumen)
as a function of equilibrium pressure at their experimental temperature of 23.9°C. Yazdani and
Maini presented the equilibrium pressure as a function of the mole fraction of solvent in the
heavy oil at their experimental temperature of 22°C. Both groups verified their experimental
results using CMG’s WINPROP® software using the Peng-Robinson equation of state with good
agreement. The specific oil/bitumen, in WINPROP®, is defined as function of the weight
percent of the oil found in a broad range carbon group, i.e. < C21, or > C21, the molecular weight
of the group and the density of the group or component. Unfortunately, neither the temperature
nor the oil used was equivalent to our study but the solubility limit (shown in Figure 4.1.6) at 200

kPa is shown to be only 0.77 mole fraction which seems low in comparison to section 4.4.5.

Recently, Bademchi-Zadeh et al. (2009) investigated the phase behaviour of propane in
Athabasca bitumen including the viscosity, density and solubility. They compared two methods
for experimentally determining the solubility: a step-wise and a continuous method at different
temperatures (10, 20, 30, 40, 50°C). The maximum solubility reached is 0.8 mole fraction. They
did report and compared experimental results to ideal mixing for density and the Lobe mixing
rule for viscosity for different concentration propane-bitumen mixtures at different temperatures.
It is interesting to see that the mixture density deviates from ideal mixing at higher (25.5 wt%)

but otherwise the ideal mixing rule holds.

& Experimental m EOS-2-comp A EOS-3-comp
220.0 : : : : :
200.0 == non e
! ! | e
B 6 O e e E e R R e
a | | | | |
£160.0 - S B R
4 | : | : !
140.0 +------L------ e R B e
g ! | ! !
120.0 == . D D . |
100.0 | | i | |
050 055 060 065 070 075 0.80
Mole Fraction

Figure 4.1.6: Solubility of Butane in Frog Lake Bitumen (Yazdani and Maini 2007)
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4.2 Experimental Procedure

The experimental apparatus and procedure for determining the diffusivity of n-butane in heavy
oil was designed and perfected over several years in order to obtain accurate and repeatable
results. The experimental apparatus is shown in Figure 4.2.1 where the solvent mass transfer
from the liquid butane phase into the bitumen was measured in time. As the butane diffused into
the bitumen the change in height of both the bitumen swelling and the decrease in liquid solvent

height were measured using a cathetometer.

An earlier design flaw of housing both the bitumen and solvent in the same water bath was
overcome by using two water baths. Even when well stirred, slight temperature variations in the
single water bath and/or the initial pressure drop from vacuum to the vapour pressure of n-butane
could cause the solvent to condense somewhere in the line or in the bitumen tube. Erratic
increases/decreases in the bitumen but mostly in the solvent were evidence of this phenomenon.
The condensation issue was overcome by designing a two water bath system where the solvent
was kept at a temperature less than the bitumen temperature. Between the two water baths, a
short length of stainless steel tubing was insulated and heated with a low wattage incandescent

bulb to ensure the solvent did not condense.

The temperature controllers and mixers were isolated from the water baths by placing the water
baths on a vibration resistant table in order to reduce any convective mixing due to vibration. The
water was circulated from the controller to the water bath by pumping the water to the bottom of
the water bath and using overflow to return it to the controller. The solvent, bitumen, line
between water baths, and the ambient temperatures were recorded during the diffusion

experiments.

The Athabasca bitumen used in the diffusion tests was generously provided by Hatch™. The
average bitumen molecular weight according to ASTM standard D2503 (analysed by Maxxam
laboratories) was determined to be 557 g/mol. The density was measured using a pycnometer.
The bitumen viscosity was determined using a Physica MCR 100 rheometer at different
temperatures that were then fit with a power function and used to determine the viscosity at
26.3°C. The n-butane vapour pressure, density and viscosity were gathered from the National
Institute of Standards Tables (NIST). The data and physical properties of the bitumen and solvent

are shown in Table 4.2.1.
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Figure 4.2.1: Schematic Diagram of Solvent Diffusion into Heavy Oil

Procedure-wise, most effort was involved in setting up the experiment. Knowing the mass of the
empty bitumen tubes, bitumen was loaded into several tubes up to specific height and then
weighed in order to obtain two replicate samples. In order to load the bitumen in the narrow
inner diameter tube, 0.3175 cm (1/8”) stainless steel tubing filed to a needle tip at one end was
attached to the bottom of a pressure cylinder housing the bitumen. The cylinder and its contents
were heated to approximately 120°C (to reduce the bitumen viscosity) and then pressurised to
137.9 kPa (20 psig). The needle was placed into the bitumen tube and a needle valve opened
until the required amount of bitumen was loaded into the tube. This methodology made it

possible to load small bitumen samples without cleaning excess bitumen from the tube walls.

After assembling the bitumen and solvent tubes in the water bath, the system was allowed to
equilibrate to temperature for several hours before starting the experiment. The temperature of
the solvent water bath was maintained 1-2°C less than the bitumen water bath in order to ensure
that the butane did not condense in the bitumen tube. Both, during the equilibration stage and
during the experiment several temperatures were monitored including the solvent and bitumen
controller water baths, the experimental solvent and bitumen water baths, ambient and the
temperature of the line between the solvent and bitumen tanks. Temperatures were monitored
using Omega type-T thermocouples connected to a Measurement Computing USB-TC 8-channel
thermocouple data acquisition board. The temperatures were recorded at 0.5 or 1.0 minute

intervals using LabVIEW version 7.1 software by National Instruments.
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Table 4.2.1: Experimental Data

Measurement/Property Run1 Run 2

Average Solvent Temperature (°C) 24.9 24.9

Average Bitumen Temperature (°C) 26.3 26.3

Mass of Bitumen

sample 1 (g) 1.33126 1.58222

sample 2 (g) 1.33076 1.58475

Average (g) 1.33101 1.58349
+0.00025 +0.00127

Vapour Pressure — n-butane at 24.9°C (psia) 35.177

Density (g/cm?®)

n-butane (1) at 24.9°C 0.57295

n-butane (1) at 26.3°C 0.57132

Bitumen at 22°C 1.001

Viscosity

n-butane (1) at 26.3°C (mPa.s) 0.15645

Bitumen at 26.3°C (mPa.s) 238,441

Molecular Weight (g/mol)

n-butane 58.12

Bitumen 557

Ensuring consistency between replicates and between experiments was predominately controlled
through the start-up procedure. Flushing the system of air and establishing a vapour phase of
pure butane was of paramount importance. Without the ability to flush the system from an inlet
to outlet, a pure vapour phase was established through several cycles of filling the system to
pressure using n-butane and then purging the system using vacuum. The solvent tube (up to the
solvent valve, shown in Figure 4.2.1) contained liquid butane with the head space filled with pure
solvent vapour before being connected to the bitumen tube. The bitumen tube initially contained
liquid bitumen and air at atmospheric pressure. The first step was to connect the vent side of the
three-way bitumen valve to vacuum for 10 seconds. The bitumen valve was then opened to the
solvent to allow the bitumen tube to fill with butane vapour for 10 seconds. Subsequently, the
bitumen valve was again turned to vacuum and the procedure continued for a total of five purge-
fill sequences. After the final evacuation the bitumen tube was again filled with solvent which is
released to atmosphere for five seconds before the bitumen valve was closed. This last step is to
reduce the chance of solvent condensing on the bitumen when the experiment is started. The
solvent vapour initially experiences instantaneous cooling due to sudden evaporation and pressure

drop experienced when the bitumen valve is opened to start the diffusion experiment. Before
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starting the experiment and immediately after opening the bitumen valve, the heights of the
solvent and bitumen in both replicates were measured. It is important to take the heights again

after opening the valve as the tube positions may have shifted slightly while opening the valve.

The experiment is started when the bitumen valves are opened to the solvent and at the same time
the timer and data acquisition are started from zero. The solvent height is ideally recorded every
15-20 minutes. There is not sufficient change in the bitumen to record the height more frequently

than every 45-60 minutes. The experimental run time is discretionary.

4.3 Experimental Results

4.3.1 Change in Bitumen and Solvent Heights

Experimentally, the increase in bitumen and the decrease in liquid solvent are measured in time
as shown in Figure 4.3.1 and Figure 4.3.2. A run consists of two replicate experiments where the
two bitumen tubes contain the same mass of oil. Replicates are run simultaneously and should
give identical results. Absolute height measurements are shown as changes in height from time
zero, i.e. the increase in bitumen height and decrease in solvent height from time zero. Gaps in
the data for the increase in bitumen height and the decrease in solvent height correspond with
evenings and nights. As shown in the following two figures, the data points for both Run #2 (1B
and 5A) experiments deviate from 1280 to 1732 minutes. This deviation is discussed in detail in

the 4.3.2 Experimental Error section.
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Figure 4.3.1: Experimental Increase in Bitumen Height

100
9 + 5 ©
r .
T 80 e
S F o
N—’ F OO .
—— 70 T
= [ ° ®
[e)) L
@ 60+ % 3
[ ® o)
= r $, o
o s OSolvent 3A,Runl |
3 40 b ® Solvent 5B, Run 1 |__
= F < Solvent 1B, Run 2
9] 30---- &9 -
a 5 & Solvent 5A, Run 2
o r
6 20+
@ r
(&) L
10
0 1 1 1 1
0 1000 2000 3000 4000 5000
Time (min)

Figure 4.3.2: Experimental Decrease in Solvent Height

The mass of solvent and thus concentration of solvent in the bitumen phase can be calculated

knowing the decrease in solvent height at any time. Figure 4.3.3 shows the overall solvent
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concentration in the bitumen phase as a function of time. The maximum solvent concentration
reached in 4500 minutes or 75 hours is 0.35 mass fraction or 0.84 mole fraction. Initially, upon
starting the experiment, the solvent height suddenly decreases due to the butane filling the void
space in the bitumen tube. This initial decrease is accounted for knowing the number of moles
and thus mass required to fill the void volume from atmospheric to the vapour pressure of the

solvent.

The increase in the bitumen and the decrease in the solvent have square root dependence with
time as shown in Figure 4.3.4. The square root expression for the increase in bitumen height was
used in the numerical model to compare the experimental to predicted increase in height. It
should be noted that the last four experimental points from run #2 (shown in Figure 4.3.1and
Figure 4.3.2) are omitted from the correlation because they were considered outliers due to the

temperature variation as explained in the subsequent Experimental Error section.
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Figure 4.3.3: Solvent Concentration in the Bitumen Phase as a Function of Time
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Figure 4.3.4: Change in Height is Square Root Dependent on Time

4.3.2 Experimental Error

The increase in bitumen and the decrease in solvent between the two runs correspond quite well.
Fluctuations in the height readings are within the standard deviation of the replicates except for
the last four measurements recorded for Run #2. These differences can be attributed to
temperature fluctuations and not the precision of reading height measurements as shown from the
temperature profiles in Figure 4.3.5. The increase in solvent and bitumen water bath
temperatures between 750 to 1300 minutes could be the cause of the deviation in Run 2 data for
the increase in bitumen (Figure 4.3.1) and decrease in solvent (Figure 4.3.2) heights observed
between 1280 to 1732 minutes if there was a lag in response. The standard deviation in bitumen
data between the two experiments during this time period is 0.54 mm. Likewise, the standard
deviation between the two experiments for the solvent is 4.07 mm. At early times, up to 1280
minutes, the standard deviation is 0.19 mm for the bitumen and 2.08 mm for the solvent. The
standard deviation for the bitumen and the solvent approximately doubles during the 1280 to
1732 minute range compared to earlier times. Clearly, the deviation between the two

experimental runs is being affected by the temperature variation in the second experiment. It
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would be preferential to have more responsive or finely tuned temperature controllers as well as

having continuous data without time gaps.
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Figure 4.3.5: Temperature Profile for the Solvent and Bitumen Water Baths

The error associated with replication of the experimental runs can be expressed as the standard
deviation of the difference between the two replicates. The standard deviation for the difference
in solvent decrease and for the difference in bitumen increase between the two replicates for both
experimental runs are shown in Table 4.3.1. The standard deviation for the difference in height is
less than 0.2 mm for the bitumen and solvent except for the Solvent Run #1. The 1.22 mm
standard deviation for the Solvent Run #1 can’t be explained but the difference in replicates
appears to increase with time.

Table 4.3.1: Average and Standard Deviation for the Differences in Height between the
Replicate Experiments

Average Difference Standard Deviation
Solvent
Run 1 2.09 mm 1.22 mm
Run 2 0.62 mm 0.19 mm
Bitumen
Run 1 0.16 mm 0.11 mm
Run 2 0.19 mm 0.12 mm
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The precision in the height readings and the diameter of the bitumen and solvent tubes are shown
in Table 4.3.2. One advantage of the experimental approach and mathematical model developed
here is that it permits the monitoring of the change in height of the bitumen and solvent. Neither
the experimental increase in bitumen nor the decrease in solvent is used as input into the
mathematical model, as detailed in the next section. Error is minimised by comparing model

prediction directly with the observed changes in height.

Table 4.3.2: Experimental Error Propagation

Value + &d Lower Upper Volume + 8V
Measurement o S 3 3 Source

(cm) (cm) limit limit (cm®) (cm”)
Height 0.001 0.0005 0.0005 0.0015 Cathetometer precision
Diameter
Small Bitumen 0.992 0.002 0.99 0.994 7.73E-04 | 3.9E-04 | Average of measured values
Large Bitumen 1.118 0.008 111 1.126 9.82E-04 | 4.9E-04 | Average of measured values
Solvent Capillary | 0.3915 0.008 0.3835 0.3995 1.20E-04 | 6.0E-05 | Average of measured values

Experimentally, independence of the increase in bitumen height on area was verified by running
the diffusion experiment using different diameter bitumen tubes. The tubes used had inner
diameters of 1.118+0.008 cm (bitumen tube 6A in Figure 4.3.6) and 0.9924+0.002 cm (bitumen
tube BC in Figure 4.3.6) resulting in a ratio of areas of 1.27 when the area of the larger tube is in
the numerator. Figure 4.3.6 shows the experimental increase in bitumen height and decrease in
solvent height. Over 4800 minutes, the increase in bitumen is the same irrespective of the area of
the bitumen tube. Over the same time, the solvent for tube 6A (connected to the larger bitumen
tube) decreased 64.24 mm while the solvent for tube BC (connected to the smaller bitumen tube)
decreased 51.15 mm. The ratio of the decrease in solvent height is 1.26 which is in agreement

with the ratio of bitumen tube areas.

The mathematical model, as described in the next section, assumes that the growth of the bitumen
is independent of the cross-sectional area of the bitumen tube. The area of both the bitumen and
the solvent is only used for the solvent mass balance. Once the system of equations is solved for
the bitumen growth, and using the concentration of solvent at each nodal position within the
bitumen, the mass of solvent and the corresponding decrease in solvent height is calculated

knowing the area of the bitumen, area of the solvent and density of the liquid n-butane.
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Figure 4.3.6: Increase in Bitumen Height is Independent of Cross-Sectional Area

4.4 Mathematical Model

The mathematical model is a one-dimensional model that predicts the growth of the bitumen by
guessing a diffusivity function and parameterizing the diffusivity function coefficients for which
to optimise. The one-dimensional model (equations are developed with respect to the x-direction
only) assumes neither a constant diffusivity nor a constant density as both vary with solvent
concentration. The solvent concentration in the bitumen phase is a function of position and time.
As the solvent diffuses into the bitumen, the bitumen swells with time and the viscosity of the
bitumen exponentially decreases. The growth of the bitumen phase determined mathematically is
compared to the growth of bitumen observed experimentally. The difference in bitumen growth

(experimental — model) is minimised by optimising for the diffusivity function coefficients.

4.4.1 Development of the Partial Differential Equations

The physical diffusion of solvent in heavy oil (shown in Figure 4.2.1) and the equations of
continuity and mass conservation are used to develop the numerical model. Specifically, three

equations make up the set of partial differential equations: 1) the solvent continuity equation, 2)
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an expression to describe the mass average velocity (V™) in the solvent continuity equation
derived from the solvent and overall continuity equations, and 3) the change in bitumen interface

height derived from a macroscopic material balance on the solvent.

Solvent Continuity Equation

The species continuity equation in a binary mixture without chemical reaction is shown in its
fundamental form in equation 4.4.1 where the first term is the accumulation followed by the rate
of net addition of solvent to bitumen due to convection in the second term and the rate of net
addition by diffusion in the third term (Bird et al. 2002). The mass concentration of the solvent
(ps) and the product of the overall phase density and mass average velocity (pV™) are shown in
their differential forms where they are assumed to change with respect to time (t) and position (x)
respectively. The mass average velocity is the average velocity of all species observed from a
stationary point (Bird et al. 2002). The diffusivity of solvent (s) into bitumen (b) is denoted Dy,
and o; is the solvent mass fraction.

a(ps) , @ ( m) 0 O
20 2 psVM)-—| pD =0 44.1
o o Vs P Dsp (4.4.1)

Sometimes, these terms can be assumed constant in cases of dilute diffusion or constant density
systems. Neither is the case when a light hydrocarbon diffuses into heavy oil or bitumen to reach
an average concentration of 0.3-0.4 mass fraction as found in laboratory scale VAPEX
experiments (Oduntan 2001, James 2003, Friedrich 2005, Tam 2007). One can relate the mass

concentration of the solvent (p;) to the mixture density and the solvent mass fraction, as follows:

wg=—L5 5 po=awp (4.4.2)

Ps T Pp

The result of substituting equation 4.4.2 into equation 4.4.1 is:

8(&)5,0) 0 m| 0 dwsg
— V' |-—| pD =0 443
ot +8x( WP ) OX P OX ( )

Using the product rule, the first two terms are expanded to give:

Vmap ov™m 8( D Oy

op 0w v Jwg o
oX  OX

ot 6t e OX OX @sp

The overall continuity equation is the summation of the net accumulation and any changes in net

accumulation due to convection.
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op O

—+—(pV " )=0

ot ox (p )

op ov™ o op

L =—p—-V" = 4.4.5
ot r OX 19)4 ( )

Substituting the overall continuity equation (equation 4.4.5) into the solvent continuity (equation
4.4.4) for Op/ ot yields:

paat&+pvm%—%(p Dgp a@%):o (4.4.6)
The solvent continuity shown in equation 4.4.6 relates the rate of overall increase of solvent in
the bitumen phase to the rate of solvent addition by convection and by diffusion assuming there is
no chemical reaction (Bird et al. 2002). p is the bitumen phase density (kg/m’, g/cm®), o, is the
solvent mass fraction, V" (m/s, cm/s) is the mass average velocity and Dy, is the diffusivity of
solvent into bitumen (m’/s, cm?s). The product of the mass average velocity and the phase
density (pV™) is the mass flux per unit volume (kg/m?.s, g/cm’s). The solvent concentration is
dependent on time and position within the bitumen phase. It is assumed that the diffusion of
solvent into bitumen is a one-dimensional problem (in the downward x-direction) where the

concentration is independent of the y and z coordinates.

%:_Vm%Jrli(stb %j (4.4.7)
ot OX  pOX OX

Using the chain rule and assuming that the bitumen phase density (p) and diffusivity (Dg,) of
solvent (s) into the bitumen (b) are both dependent on the solvent concentration, equation 4.4.7

becomes equation 4.4.8:

2
Ows 005Dy dp  Dsp ym |, 00 (44.8)
o x| p ox o ox2

Ideal mixing is assumed and the bitumen phase density (p) is shown in the following equation

3k *
where Vg and vy, are the solvent and bitumen specific volumes (cm’/g).

-1
1
P=|— m (4.4.9)
Vs +Vp (1 - )

Mass Average Velocity, V™
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The solvent continuity (equation 4.4.6) can be expressed in terms of Op /0Ot by multiplying the

entire equation by 0p/dwgqto yield:

ows Op +pvm8a)s op  Op {ﬁ[ D Ga)sﬂzo

&t oo X oo, odwg | ox\” % o

op mop Op | 0 Owg

Py pymP ‘| oD -0 4.4.10
Pat "7 o g | x| T Tox (3410

The expression in equation 4.4.5 for the overall continuity can be substituted into equation 4.4.10

and rearranged in terms of &V " /X :

ov™m o op mop Op |0 O
T MBI oym P PO D =0
’{ P ox ax] PV vag | o\ o

m
_pz@L"_Vm@gﬁwmég_ﬁg{g{p%b@gﬂzo

OX OX OX  Owg | OX OX
m
6V}qu@£@ @aln)
OX p? 0wy | OX OX

The differential expression for the mass average velocity can be integrated over the range of x,
i.e. over the height of bitumen at any given time:

X
VM (xt)=— =P | O by, 29 || ax (4.4.12)
Op2 8603 OX OX

The term 1/ p2 (a%w jin the mass average velocity equation is simplified using the following
S

integration rule:

_ 1 op _oll/p) (4.4.13)
p? dwg Oy

Again, assuming ideal mixing, the change in density with respect to the solvent mass fraction can

be related directly to the change in component specific volumes:

ot/p) o [ 1

-1
] 5 ( . . )
) @s (4.4.14)

99



The resulting expression for the mass average velocity can be expanded using the chain rule to

yield:
XI'a dw
Vv M (x,t :(v*—v*) —| pDgy, — || dx 4.4.15
( ) s ~Vp (J;_@X P Dgp o ( )
)% p dw oDgp, b 0%w
VT (x,t)= —v) L= DS 4 oD S | dx 4.4.16
"(x.t) ( b(f) Do ax P ax PP (4.4.16)

Increase in Bitumen Height

The change in bitumen interface height, caused from the bitumen swelling from the addition of

solvent, can be expressed as a function of solvent crossing the bitumen interface:

an_4 [A [l t)dx] - A Py 22

4.4.17
dt dt 0 ( )

X=X

The Leibniz integration rule is needed to perform the differentiation of the definite integral
(shown in equation 4.4.17) where the limits of the integral are functions of the differentiable

variable themselves. The Leibniz integration rule is as follows:

b(t) b(t)
2t [ Lo ( (b, )db_f(a,t)%j (@4.18)
a(t) a(t) dt dt

The Leibniz rule applied to equation 4.4.17 is shown as:

af @ 1 [0, dx do

—| A tox (= A [ Zd t)—=— p(0,t)—

i A TPt <A T 2o ol 1) G pl0.0'g

d Xs(t ] [ x5 (t) op dx

Bl tlx | = A ity t)— 4.4.19
" J(X)dx (I)atxw(,)dt (4.4.19)

The result shown in equation 4.4.19 becomes the left hand side of equation 4.4.17 which is then

isolated in terms of OXg / dt , the change in bitumen interface height.

Xs(t)6

0 dxq Owg

—dX+ p(Xg,t)—==| pDgp —=
J 20 bt [psbaxj

0 X=Xg

s (t)
s _p Oost 1 1 Px (4.4.20)
dt X gy, Plxsst) § ot
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The partial derivative of the density with respect to time can be expressed as a definite derivative

using the expression for ideal mixing.

o d 1

=— - - (4.4.21)
ot dt{ wgvg +(1-wg vy
The quotient rule,
1( f(x)J 90094, (F00)- f0 9, (900) .
dx { g(x) [90 ’ h
is used to differentiate equation 4.4.21, to obtain:

- (VS _Vb)is (Vb_Vs)is

op ot |y ot |,
2 = (4.4.23)

ot B * * * *
(wsVs +(l—a)5 )Vb)2 (a’sVs +(1_a’s )Vb)z

The inverse of the denominator is the density and in substituting it into equation 4.4.23, equation

4.4.24 is obtained for the partial derivative of the solution density with time.
2 1
.
Vs + (1 - w5 Wy
%) 0w
P 2 (V* * |0Ws

R A— —V
a,[,Ob s@t

(4.4.24)

X

Finally, the result is substituted back into the expression for the change in bitumen height with

time, equation 4.4.20, to yield:

dXs o,
S | Do =2
dt [ sb axj

In summary, the predicted change in bitumen height is derived from equation 4.4.17 involving

2551 dx (4.4.25)

X=Xg B p(XS ’t)

the product of the diffusivity, the concentration gradient at the bitumen-solvent interface and the
density at the interface, which is constant due to the equilibrium concentration boundary
condition. In the final form of this equation derived to explicitly calculate the change in interface
height with time, shown in equation 4.4.25, the integrated density profile is expanded using the
Leibniz integration rule, the definition for ideal mixture density and the quotient rule. The result

is that the overall change in density with respect to time over the entire depth is derived in terms
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of the density profile and the change in solvent mass fraction with respect to time which is

subtracted from the product of the diffusivity and concentration gradient taken at the interface.

The partial differential equations for the solvent continuity, mass average velocity and the change
in bitumen interface height (equations 4.4.8, 4.4.15 and 4.4.25, respectively) are transformed,
discretized and simultaneously solved in Matlab (R2006a) to predict the change in bitumen height
in time. The next sections discuss the transformation of the x-position variable and the

discretization of the equations.

4.4.2 Dimensionless Position (E=x/xs(t))

The depth or x-dimension in the set of partial differential equations developed in the previous
section is made dimensionless in order to fix the bitumen height and spatial coordinates according
to a “front-fixing method” first proposed by Landau (1950) and described by Crank (1984).
Otherwise, without the transformation, the interface position would change with time. Resolving
time derivatives with respect to a changing spatial coordinate is more complicated. The
advantage of transforming the space coordinate to a fixed position is that the interface and the
solution at the boundary are maintained at a fixed grid point. The x-dimension is made
dimensionless by introducing a dimensionless variable &:

X

%0

(4.4.26)

The height of the bitumen interface (§) is always equal to one and equation 4.4.27 shows the

transformation of the required derivatives.

2 2
L 005 na s - L 9 “ (4.427)
xs(t) og ox?  xs(t) oz

ow
dx = xd&, — =
sdé x

The resulting set of partial differential equations as a function of dimensionless position (&)
comes from substituting equations 4.4.26 and 4.4.27 into equations 4.4.8, 4.4.15 and 4.4.25

respectively.

Solvent Continuity Equation

The solvent continuity is given by:

2
dws| _ 1 80)3{ Dyp 9, 1 Dy m|, Ds 0o (4428)

ot | xs(t) 02 [ pxslt) 0 x5(t) ¢ (xs (1) o2
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However, the partial derivative for the change in solvent concentration with respect to time at a

given x-position, (aa)s /at]x , must also be transformed to the partial derivative for the change in

solvent concentration with respect to time for a given dimensionless -position, (aa)s /6’[] . This

g

is accomplished knowing the change in interface height with respect to time, (dx /dt).

ows| & dXg Owg N 8a)3|

- 4.4.29
P ( )

,  xs(t) dt o ot |,

The solvent continuity equation (equation 4.4.8), at a given dimensionless &-position and in terms

of dimensionless &, is shown in the following equation.

Ows| _ & o dwg 1 6(05{ Dyy dp, 1 g \m
ot o xst) o as  xs(t) a¢ [ pxslt) 8¢ xs(t) o¢
Dsh 62(05

(xs(t)? 02

(4.4.30)

+
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Mass Average Velocity, V™

The mass average velocity, in its differential and expanded forms (equations 4.4.15 and 4.4.16),

in terms of dimensionless & are:

N P D O
b _M_Sﬂd 4.431
(xt) (Vs Vb)(f)[ag(xs(t) o& : o
VMt =l - sh Op Ows P sh 0Ws | PYsh S 4.432
(x.t) (Vs Vb)({[xs(t) 08 08 x(0) 08 0¢ " xs(t) 652} . o

Increase in Bitumen Height

The derivative for the change in bitumen interface height with respect to time, equation 4.4.25 is
given in terms of dimensionless &. Equation 4.4.29 is used to transform the partial derivative for

the mass fraction with respect to time.

dxs _ Dgp Oovs| _(vg—v;")} 2| =& dx Qo5 | da|
dt xs() 08 |, plxst) o [x(®) dt og ot

Xg(H)d& (4.4.33)

Equation 4.4.33 becomes an implicit equation where dXg /dt exists on both the left and right

hand sides of the equation. The right hand side is approximated using the results from the

previous time step.

4.4.3 Discretized Set of Equations

The method of lines is used to discretize dimensionless & and transform the set of partial
differential equations (represented by equations 4.4.30, 4.4.32 and 4.4.33) to an approximate set
of ordinary differential equations where the remaining independent variable is time. Equation
4.4.33 is discretized except for two terms on the right hand side; the change in solvent

concentration with respect to time, dwg /ot and the change in interface height with respect to
time, dXs/dt. Numerically, the solvent continuity equation comes before the change in bitumen
height and the result is used for the right hand side of equation 4.4.33. dxg/dt is approximated
from the last time step. The partial derivatives for density, solvent mass fraction, and diffusivity
with respect to § (0p/0&, Owg/0S, 62505 /8&%, and oDy /0& ) are discretized using the

following finite difference methods. The domain over which the equations have been discretized

is 0 <x < x4(t) or 0 <& < 1, with n spatial segments and n+1 nodes (i).
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Central Difference Method:

i+1 i—1
oos w5 —ws (4.4.34)

PE: 2AE

3-Point Backwards Difference Method:

i+1 i i—1
Owg _ 3wg 4ag + o (4.4.35)
o0& 2AE
2" Order Central Difference Method:
2 i+1 i i—1
0 = 2“’5; s (4.4.36)
o0& (A&)
2" Order Backwards Difference Method:
52 2l Z 500 + 4~ — pi2
i G 7705 ~ % (4.437)

o&? (ag)?

Solvent Continuity Equation

The dimensionless & form of the solvent continuity (equation 4.4.30) becomes the following three

equations in discrete form.

Positions Throughout the Bitumen Phase, for i = 2:z:

dav| ={(i_1)A§}{wé+l —a)é_lldXs +L[a);+l —a)é‘ll*

dt |; X 2AE dt  xg| 2A¢
{ Dsb_(w;)}[p(wzﬂ)p(mél)};[asb(ww) Dsb(wzl)]_vm@} @239
plh)x 20¢ Xs 20¢

. ( Dgp (a)é )}[ a);+1 - Zwé + a)é_l ]
(xs)? (ag)

No Flux Boundary, £=0,i=1:

_ EzDsb (a’; )]( o - o J (4.4.39)
i=1

(xs)* L (ag)

dog
dt
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At the Bitumen-Solvent Vapour Interface, £ =1,i=n+1:

dog
dt

~0 (4.4.40)

i=n+1

Another condition at the bitumen-solvent vapour interface is that the interfacial concentration

(a)sn +1 ) is assumed to have reached equilibrium immediately after times greater than zero. The

ES
concentration at the interface is assumed to be the solubility (@g ) of solvent in bitumen at the

temperature of the bitumen and the vapour pressure of the solvent.

ol =06 (4.4.41)

The solubility limit was estimated using the Peng-Robinson equation of state (PR EOS) in Aspen
Plus (version 2006). The solubility mole fraction of n-butane in n-decane in the liquid phase at an
equilibrium pressure of 30 psia (206.8 kPa) and 298K was in agreement with the liquid mole
fraction predicted from known K-values (Kyle). An assay for Athabasca bitumen closely
approximating the bitumen used was entered in Aspen and the solubility of n-butane in the
bitumen was found to be 0.60 mass fraction or 0.95 mole fraction for the experimental

temperature and pressure (T = 26.3°C, P =242.5 kPa or 35.177 psia).
1

0.8 +

Solubility at ,”
Experimentall

0.6 Conditions

0.4 —

Solvent Solubility @s* (mass fraction)

0.2 - _——

14 16 18 20 22 24 26 28 30 32 34 36 38 40 42 44

Pressure (psia)

Figure 4.4.1: Solubility Predicted using the PR EOS for n-Butane in Athabasca Bitumen
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The same diffusion apparatus was used to experimentally find the solubility of n-butane in the
bitumen at the same experimental conditions. Instead of loading the bitumen in the bottom of the
bitumen tube, a thin layer was smeared on the upper walls to increase the area for mass transfer.
As the butane diffused into the bitumen it drained by gravity to the bottom of the vial thereby
increasing mixing and thus mass transfer. Experimentally, the solubility was determined to be

0.6 mass fraction at 26.3°C and 35.177 psia.

Mass Average Velocity, V™

The mass average velocity in equation 4.4.32 is discretized using the trapezoidal rule combined

with the difference approximations. The trapezoidal rule, with n being the number of segments,

is given as:
b h n b-a
[ f(x)dx = (Ej( f(a)+ f(b))+h> f(x,) whereh= — (4.4.42)
a i=1
m o (*_x[(-DAS (i-DAS)L 4.
A e (OB G ey (@443
fla)=f(0)=0 (4.4.44)
(o) Danlod)| plok )= plod™ )Y ok o),
Xs 2NE 2AE
plot )J[ Dy (oL} Dy (wgl)](wgﬂ ol J . e
Xs 2NE 2AE
p@h)Dg o) ok - 208 + 0!
Xs (a8)*
F1) = Dqp (a)gﬂ) 3p(a)2+1)— 4,0(a);1 )+ p(a)sn_l) 300! — 400 + 007!
Xs 2AE 2NE
{P(C;’(sn - )J{?’Dsb (wg H )— 42525?2 )+ Dsp (‘"Q - )} . (4.4.46)
S

3(02Jrl —460? +a)g_1 N p(a)QH)Dsb ((09“) a)Q+1 —20)2 + a)Q_l
2AE X (A&)?
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The mass average velocity needs to be integrated from the no flux boundary at & = 0. The upper

limit of the integral (b) is dependent on the position within the bitumen phase (node) being

evaluated. If the § position is at a nodal position below the interface the central finite difference

can be used, i.e. from node i = 2:n. However, at the interface, i = nt+1, the backward difference

method must be used. Logic is developed to handle the limit regardless of the numerical

integration used for f (b) .

Increase in Bitumen Height

Equation 4.4.33 for the increase in bitumen height is discretized using the trapezoidal rule and

finite differences in a similar fashion as the mass average velocity, shown in the following

equations (equations 4.4.47 - 4.4.51). However, the upper limit of the integral is always & = 1

where backwards differences are used instead of central differences.

1 1 -1 x
dxs _[ Dsp (a)é” ) 3¢ -4l +0l | xs(vb _Vs)*int egral
dt Xg 20 plol

integral = (;nj(f(a)+ f(b))+(;ji§n‘,2f (i)

node 1
0
f(e)= 10)= ot [g; }
&=0
node n+1

Rl —1(d 30 4,0 n—1 P
((6)= 1= plo?" Hﬁ[ il s N ;Sg_l]]
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(4.4.48)

(4.4.49)

(4.4.50)



nodei=2:n

(e plot f [(_(';—:)MJ[%SJ{ a)klz;;)g—l J ¥ [ags N ]] (4.4.51)

4.4.4 Change in Solvent Height

A macroscopic mass balance is used to predict the change in solvent height after the bitumen
growth has been resolved for the entire time duration. The summation of the solvent
concentration profile resolved for each discretized segment throughout the depth of the bitumen

phase gives the mass of solvent in the bitumen at a given time.

Xs (1)
mg(t)= Ay [ pewsdx (4.4.52)
0

The mass of solvent is used to calculate the predicted change in solvent height knowing the cross-
sectional area of the bitumen tube (Ay) and the cross-sectional area of the solvent capillary (A;) as
well as the density of the solvent at the experimental conditions.
Mg

hs (t) =
° PsAs

(4.4.53)

The two above equations are one of the key and unique features of this experimental and
mathematical development. Once the discretized set of equations for the solvent continuity, mass
average velocity and increase in bitumen height are solved for simultaneously (equations 4.4.30 —
4.4.51), the concentration and density profiles are used to predict the mass and subsequently
decrease in liquid solvent height. The predicted decrease in solvent height (which is a result of
the mathematical solution) is compared to the experimentally observed decrease in solvent height,
as shown in Figure 4.6.2. This independent validation of the optimised mathematical solution

differentiates the approach taken here compared to those reviewed in the Literature section.

4.4.5 Numerical Model Methodology

The uniqueness in the overall approach used to find the diffusivity of solvent in bitumen is that
the numerical results are independently validated! Trial and error was used to choose the type of
diffusivity function where the predicted bitumen growth and solvent decrease were compared
qualitatively to experimental results. The coefficients of the proposed diffusivity function are set
as parameters for which to optimise. The difference in experimental and predicted growth of the

bitumen is used as the objective function and minimised in order to optimise the linear diffusivity
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coefficients p; and p,. When using the “Isqnonlin — least squares nonlinear” optimisation option
in Matlab, the objective function is minimised automatically. The decrease in solvent is not used

in the objective function and is used as independent validation of the solvent diffusivity.

Dgh = P1os + P2 (4.4.54)

(hy )exp erimental — (hy )predicted

fobjective = (4.4.55)

(hb )exp erimental
Lower and upper bounds on the diffusivity coefficients were set to be 1x10°" and 1x10™
respectively. The optimisation terminates successfully when the log-likelihood objective function

L. 8
or parameter tolerances are minimised to less than 1 x 10™.

45 Model Validation

The numerical model was first validated to ensure consistent numerical results before being used
to predict the diffusivity coefficients. Using a constant diffusivity of Dg, = 1 x 107 cm?s, the
model results were compared to ensure that the increase in bitumen height and the concentration
profile were equivalent, independent of number of nodes and initial height of bitumen. Figure

4.5.1 shows that the model predictions are equivalent independent of initial height of bitumen.

There are minimal differences in the predicted increase of bitumen height between the three
initial heights used to validate the model. The difference increases slightly with time due to
increasing solvent concentration throughout the bitumen and the evaluation of the derivatives at
the nodes. However, at 600 minutes, the greatest difference between the 0.75 cm and 3.0 cm

initial heights is only 0.022 mm, constituting a difference of 1.6%.

110



16
IS .,l.
£ i Bl
R B e gt
c F a2
() .. 2
E [ . .
3 1'0,,,,,,,,,,,,,,,,,,,,,,,.,.,. ffffffffffffffffffffffffffffffff
m L ...
r
£ 08 +--—-—---——————+ .,l 777777777777777777777777777777777777777777
5 i e
8 06 | e . Initial Bitumen Height = 3.0 cm, n = 100
S . e — . 77777777777777777777
e F R e @ Initital Bitumen Height = 1.5 cm, n = 50
8 0.4 T 0 A Initial Bitumen Height = 0.75 cm, n = 25
5 | e
D &
a 027
00 ‘ 1 1 1 ; 1 1 1 ; 1 1 1 ; 1 1 1 ; 1 1 1 ; 1 1 1 ;
0 100 200 300 400 500 600 700
Time (min)

Figure 4.5.1: Predicted Increase in Bitumen as a function of Time & Initial Height

4.6 Comparison and Discussion

The mathematical model was used to optimise the linear diffusivity coefficients by minimising
the difference in predicted bitumen increase and experimentally observed bitumen increase, as
shown in equation 4.4.57. The resulting diffusivity for n-butane (at 24.9°C) in Athabasca
bitumen (at 26.3°C) was found to be:

Dy, (cm? /s) =4.78x107% s +4.91x107° (4.6.1)
sh S

The comparison between the experimental and model results for both the bitumen and the solvent
are shown in Figure 4.6.1 and Figure 4.6.2 respectively. The optimisation, for the increase in
bitumen height, terminated with a first order optimality of 1.6 x 10~ and a sum of squared
residuals of 6.9 x 10°. The coefficients found through the optimisation, p; = 4.78 x 10 and p, =
4.91 x 10 were verified independently by comparing the predicted decrease in solvent height

with the experimentally observed values, as shown in Figure 4.6.2.
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Figure 4.6.3: Predicted Concentration Profiles

The mathematically predicted decrease in solvent height from the macroscopic mass balance
shown in equations 4.4.52 and 4.4.53 is compared with the experimentally observed decrease in
solvent height. While slight variations in the diffusivity coefficients can fit the increase in
bitumen, only the diffusivity given in equation 4.6.1 is able to independently predict the decrease
in solvent as well (Figure 4.6.1 and Figure 4.6.2). Figure 4.6.3 shows the predicted concentration
profiles at different times and clearly shows that the interfacial concentration at the bitumen-
solvent interface is kept at its boundary condition of the solubility of n-butane in Athabasca
bitumen at 26.3°C, i.e. 0.60 mass fraction. Initially, in the first 60 minutes, the solvent only
reaches 0.5 cm from the bitumen-solvent interface including the 0.1 cm increase in height of the
bitumen due to swelling. It is not until after 1200 minutes (20 hours) that the solvent reaches the
no-flux boundary at the bottom of the bitumen tube. At the final time of 4500 minutes, the
solvent concentration at the bottom has reached 0.11 mass fraction. The concentration profile for
the best fit constant diffusion coefficient (4.35 x 10° cm?s) is shown as reference where the
optimised increase in bitumen height is shown in Figure 4.6.5. Figure 4.6.3 shows that the
constant diffusivity at the final time of 4500 minutes has a concentration of solvent throughout

the bitumen similar to the linear diffusivity at 3600 minutes. Despite the elevated concentration
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profile, the diffusion coefficient is the “best fit” between the experimental and predicted increase
in bitumen height (as shown in Figure 4.6.5). Figure 4.6.6 shows that the decrease in solvent

height is clearly over-predicted using the optimised constant diffusion coefficient.

Two popular empirical models for estimating the mutual diffusivity of liquids are the Vignes

(1966) and the Leffler and Cullinan (1970) equations shown in equations 4.6.2 and 4.6.3. The
two extreme diffusivities, Ds?b and Dt?s should represent the infinite dilution diffusivity of the

solvent into the bitumen and the bitumen into the solvent respectively. X, and X, are the mole
fractions of solvent and bitumen respectively. The solvent, bitumen and mixture viscosities are
shown as s, Yy and pmix respectively. [ is a thermodynamic correction factor accounting for
gradients in chemical potential rather than composition for non-ideal mixtures. In the case of
ideal mixtures, assumed here, [ is unity.

b

X X
Dgp =Dg, "D, A (4.6.2)

X Xy,
Dap samix = (03, w5 * (D 1) * (4.63)

Both the Vignes and Leffler and Cullinan diffusivity equations were tried in the numerical model
to determine the infinite dilution coefficients. The optimised coefficients are shown in Table
4.6.1. Figure 4.6.4 shows the diffusivities as a function of solvent concentration for the three
optimised diffusivity functions. The infinite dilution diffusion coefficients can sometimes be
estimated using the Stokes-Einstein equation or the Wilke-Chang equation that is based on the

Stokes-Einstein equation (Bird et al. 2002). The Stokes-Einstein equation was derived for large
hard spherical molecules diffusing into a low molecular weight liquid and thus Dt?s is estimated
to be 4.32 x 10 cm?/s. The optimised infinite dilution diffusion coefficients of 7.54 x 10 and

9.05 x 10® cm?/s for the respective Vignes and Leffler and Cullinan correlations are on the same

order of magnitude. Using the Wilke-Chang correlation, the infinite dilution diffusivity for
solvent into bitumen, D;’b, is predicted to be 1.41 x 10" ¢m?/s. This is several orders of
magnitude smaller than the optimised parameter using either the Vignes or Leffler and Cullinan

correlations.

Figure 4.6.4 shows that the optimised diffusivity functions are quite different over the range of

solvent concentration. At the two extremes, the diffusivity coefficients represent the infinite
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dilution diffusivity in the Vignes and Leffler and Cullinan equations. The lower limit of the
linear diffusivity is the constant coefficient and at 100% solvent, the diffusivity is the addition of
the two coefficients. Going from zero solvent concentration to the solubility limit, 0 < @ < 0.6,
Figure 4.6.4 shows that the predicted diffusivity using the Vignes equation and the linear
diffusivity are much closer in agreement. The Leffler and Cullinan diffusivity drops an order of
magnitude, from zero to 0.05 solvent mass fraction, due to the effect of the viscosities. The
different forms of the diffusivity function affects less the swelling of the bitumen and more the

required solvent.

Table 4.6.1: Optimised Diffusion Coefficients

p1 (cm2/s) p2 (cm2/s)
Linear 4.78 x 107 491x10°
Constant 435x 10
Vignes (1966)* 8.66x 10° 7.54x10°
Leffler and Cullinan 6 %
(1970)* 9.04x 10 9.05x 10

*p= D;’b and p, = Dt?s are the infinite dilution coefficients for the Vignes

and Leffler and Cullinan equations.
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Figure 4.6.4: Optimised Diffusivity Functions as per Table 4.6.1
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The predicted increase in bitumen height and decrease in solvent height for the three optimised
diffusivities are shown in Figure 4.6.5 and Figure 4.6.6. Figure 4.6.5 illustrates that the bitumen
growth can also be predicted using the Vignes equation or the Leffler and Cullinan equation.
Whereas, Figure 4.6.6 shows that the Vignes equation reasonably predicts the solvent decrease at
early times but not later. The Leffler and Cullinan equation does not predict the decrease in
solvent even though it accounts for the component viscosities as well as the mixture viscosity. It
is possible to predict the bitumen swelling in time using more than one diffusivity function. This
is due to the fact that the change in bitumen height is predicted from the product of the diffusivity
and concentration gradient at the interface less the change in overall density with respect to time
as shown in equation 4.4.21 and explained directly thereafter. Even though the concentration and
thus density profiles differ for different diffusivity functions, as shown in Figure 4.6.7, the change
in predicted bitumen height with respect to time can be the same for different diffusivities. The
predicted decrease in solvent height is calculated from a simple mass balance. Equations 4.4.50
and 4.4.51 show that the predicted solvent decrease is simply the product of the solvent mass
fraction and mixture density integrated over the depth of bitumen. The unique diffusivity is
deciphered when the calculated decrease in solvent independently predicts the experimentally

observed decrease in liquid solvent.
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Figure 4.6.5: Comparison of the Increase in Bitumen using Different Diffusivities
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The significant findings detailed in the experimental procedure/results and mathematical

development include:

The concentration dependent diffusivity for n-butane in Athabasca bitumen at 26.3°C and a

vapour pressure of 35.2 psia was found to be linear and independently validated as:

Dy, (cm? /5) =4.78x10"% wg + 4.91x107%

The mathematical model is developed directly from theory without using oversimplified
assumptions or complicated mathematical manipulations. Specifically, the continuity equation
maintains both the diffusion and convection terms and is developed in terms of a concentration

dependent diffusivity.

The methodology clearly shows that it is possible to fit the bitumen swelling with more than one
diffusivity function and that even a constant diffusion coefficient can reasonably fit the
experimentally measured increase in bitumen height. However, the predicted decrease in liquid

solvent height (i.e., the solvent uptake) explicitly and independently validated the true diffusivity

function.
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Figure 4.6.6: Comparison of the Decrease in Solvent using Different Diffusivities
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Chapter 5. Conclusions and Recommendations

5.1 Conclusions

The mass transfer mechanisms during the solvent recovery of heavy oil were investigated by

specially designed experiments and mathematical analysis of the diffusion process.

Using etched glass micromodels, the solvent recovery of heavy oil was observed at the pore scale for
both non-condensing (VAPEX) and condensing (N-Solv) solvent recovery methods. When solvent
makes contact with the bitumen via a line source, the bitumen-solvent interface advances linearly
with time at a constant sweep rate (interface velocity). Depending on the pore structure and the
permeability, the sweep rate advances more quickly at the top of the model, as observed in

unconsolidated laboratory scale models and etched glass micromodels.

The rate of interface advancement in the micromodels was observed to be over four times greater

when the solvent condensed at the bitumen surface, as in the case of N-Solv® compared to VAPEX.

Mass transfer during the solvent recovery of heavy oil is by convective mass transfer and diffusion.

Solvent diffuses into the bitumen and bitumen into the gravity draining live oil.

Convective mass transfer was observed and documented at the pore scale, confirming that mass
transfer is not by diffusion alone. Although only observed in condensing solvent experiments due to
the opacity of the oil, convection would play a role in non-condensing solvent recovery as well. The
difference being the concentration gradient of the draining film through which the bitumen is leached
away from the interface. Convection is enhanced by capillary displacement mechanisms of drainage

and imbibition.

Live oil drains primarily by two mechanisms: drainage displacement mechanisms where there is
periodic movement of the live oil from pore to pore and by film flow in the corners of the pores and

pore throats already invaded by the solvent.

In-situ upgrading via asphaltene precipitation was only observed when the solvent condensed.
Asphaltene precipitation was observed to occur at the tailing side (closer to the solvent chamber
rather than the bitumen interface) therefore not creating any reduction in permeability that would

affect the draining live oil.
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The depth of the mobilised, solvent enriched, live oil was observed to be on average one pore deep
and it was confirmed by calculation. However, the mobilised live oil can in some places be 2-3 pores

deep and in others only the thickness of a draining film.

Residual oil was observed to be less than 5% in the micromodels. The location of the residual oil was
found to depend on the pore structure. The oil was trapped in the occasional pore body when pore
throats were very short and in horizontally oriented pore throats when the pore throat length was on

the order of a particle diameter, as would be the case for unconsolidated sandstone.

Non-condensable gas in the form of solution gas or injected along with the solvent would have a

detrimental impact on production rates compared to using a pure solvent.

A combined experimental-modelling approach was developed to find the concentration dependent
diffusivity of light hydrocarbon solvents in heavy oil without the need of cost-prohibitive imaging

equipment to measure the concentration profiles.

A simple experiment was developed to monitor the rate of solvent uptake and bitumen swelling for
the one-dimensional diffusion of solvent in heavy oil. The rate of mass transfer of butane in

Athabasca bitumen at 25°C was experimentally measured.

A one-dimensional diffusion model was mathematically formulated to predict the bitumen swelling in
time. The model was developed from first principles and incorporates a concentration dependent
diffusivity, assumes the mixture density follows ideal mixing and that the bitumen phase swells as
butane diffuses into it. Simplifying assumptions result in inaccurate diffusivity values. A front fixing
method was used to create a new dimensionless depth of the bitumen in order to overcome the
discretization issues associated with a moving boundary. The method of lines was used to solve the
set of partial differential equations and predict the bitumen swelling dependent on the diffusivity
used. The difference in the predicted and experimentally determined bitumen swelling was optimised
using least squares non-linear regression to optimise for the coefficients of the assumed form of the
diffusivity function. The diffusivity of butane in bitumen at 25°C was found to be:
Dy = 4.78 X 10°%as + 4.91 x 10° cm’/s.

The differentiating element and uniqueness of the approach used here is that the diffusivity is
independently validated using the solvent mass balance. One can optimise for the coefficients of
other possible forms of the diffusivity function, including a constant diffusion coefficient. However,

the results do not accurately match the solvent uptake even when the bitumen swelling is matched.
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5.2 Recommendations

Asphaltene precipitation needs to be more thoroughly investigated using a dynamic controlled

experiment to determine when and where asphaltenes precipitate during the solvent recovery process.

Quantifying the overall mass transfer using a mass transfer coefficient approach has merit and needs

to be further analysed and explored.

The one-dimensional diffusion experiment reported in this thesis should be used to measure the
bitumen swelling and solvent uptake at different temperatures, and vapour pressures, using different
viscosity oils and solvents. This will enable the development of better data base to mathematically
describe the diffusivity as a function of composition, bitumen/solvent pair and temperature

conditions.
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Appendix A: Micromodel Characterisation

Table A.1: Physical Constants used in the Micromodel Characterisation

Physical Constants

ewater—air, adv (0)
ewater—air, rec (0)

Gtoluene-air

(dynes/cm)

Owater-air

(dynes/cm)

etoluene-air (O)

g (cm/sz)
Puater (g/cm’)
Pai (g/cm’)
Proene (g/cm’)
Hwater (CP)
Htoluene (CP)

27

28.17

72

0

981

1
0.001
0.866
1
0.588

Table A.2: Model OC-1 Dimensions

Model Dimensions

Pore Dimensions (mm)
(1) Pore to Pore
(3)+(4)

(2a) Pore Body

(2b) Pore Body
-

(3) Pore Throat Width

(4) Particle Size

(5) Diffusion Distance
0.5%(4) + (3)

(6) Flow Path
0.25*(2xr) + (7)
0.5*PI*(5) + (7)

(7) Pore Throat Length

S/2.414
(4)/2.414

Model
Length (cm)
Length (# pores)
Width (cm)
Width (# pores)

2.04

1.28

1.38

0.45
1.59

1.245

2.61

0.66

30.4
149
10.0
49

127

«~S——

Model OC-1

Ak



Table A.3: Model OC-1 Capillary Heights

. Water Water Toluene
Distance from Imbibition Drainage Imbibition
Left edge (cm) . imb &) h dr (cm) b, imb (cm)

C C C

0 135 211 6.0

1 125 19.6 6.0

2 10.6 19.8 6.0

3 11.9 18.6 6.0

4 12.6 19.5 6.0

5 11.8 19.5 5.8

6 11.8 19.3 5.8

7 11.4 18.9 5.8

8 10.9 18.2 5.8

9 9.9 18.3 5.6

9.8 10.1 17.2 5.6

h.2 (cm) 11.55 19.09 5.85
leg (CM) 0.01134 0.007 0.01134
Oetch (€M) 0.01244 0.00809 0.01244
A, (cm?d 0.124 0.081 0.124
P (glcm s?) 4968

Table A.4: Model OC-1 Constant Water Head Permeability Measurements

Trial 1 Trial 2 Trial 3

Water Head (cm) 113.9 102.4 93.4

Head Loss (mm) 0 0 0

Time (s) Mass (g) Mass (g) Mass (g9)

20 0.66 0.61 0.93

40 1.31 1.21 1.45

60 2.01 1.83 1.94

80 2.71 2.45 2.45

100 3.41 3.08 2.97

120 4.12 3.7 3.51

140 4.82 4.32 4.01

160 5.54 4.94 4.54

180 6.75 5.56 5.07

Q (cm¥s) 0.037 0.031 0.026

R? 0.995 1.000 1.000

AP/l (g/cm?.s%) 3675.5 3304.4 3014.0

lope AP/l
slope (Qvs AP/ 1.63922E-05
(cm®.s/g)

R? 0.998
K™ (Darcy) 132
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Table A.5: Model OC-1 Advancing Interface Permeability Measurements

Trial 1 Trial 2
. Interface 2 2 . Interface 2 2
Time (s) Position (cm) al y) Time () Position (cm) X" (cm?)
26 5 25 10 2.6 6.76
40 7 49 34 45 20.25
55 8.5 72.25 49 7 49
68 10 100 61 8.5 72.25
77 11.5 132.25 75 10 100
91 13 169 82 11 121
103 14 196 94 12.5 156.25
112 13.5 182.25
124 14.5 210.25
slope (cm?/s) 2.2756 2.1495
R* 0.9848 0.9949
K (Darcy) 135 127
Kavg (Darcy) 131 |
Table A.6: Model DC-1 Dimensions
Model Dimensions ¢
Pore Dimensions (mm) — 3 7
(1) Pore to Pore 16 a T
(3) + (4) | kl_27)
2b
(2a) Pore Body 1.34 5
% (oS
(2b) Pore Body
1.31
@-@
(3) Pore Throat Width 0.49 Model DC-1
(4) Particle Size 1.11
(5) Diffusion Distance
0.5%(4) + (3) 1.045
(6) Flow Path
0.25*(2xr) + (7)
0.5*PI*(5) + (7) 1.93
(7) Pore Throat Length 0.29
Model
Length (cm) 30.4
Length (# pores) 190
Width (cm) 141
Width (# pores) 89
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Table A.7: Model DC-1 Capillary Heights

Water Water Toluene Imbibition, h,™ (cm)
BisiEmes T Imbibition Drainaae
Reference Reference Reference
it G2 B (1) he™ (cm) ho" (cm) Height = Height = Height =
70.7 cm 81.5cm 88.8 cm

0 11.8 24.4 7.1 7.5 8.2

1 11.8 24.2 7.7 8 8.6

2 10.0 23.8 8.0 7.9 8.7

3 11.3 225 7.8 8.1 8.7

4 12.1 22.6 8.1 8.2 8.3

5 11.7 23.4 8.1 8.3 8.3

6 11.5 22.5 8.1 8.2 8.6

7 11.8 22 8.3 8.2 8.4

8 10.7 22.1 8.3 8.5 8.5

9 10.3 23.1 9.6 8.6 8.6

10 10.3 23.3 10.0 8.9 8.7

11 10.5 22.5 8.7 9.6 8.7

12 11.8 22.6 8.8 8.7 8.6

13 11.3 225 8.9 8.7 8.9

13.8 11.1 21.1 9.1 8.6 8.2
h2'? (cm) 11.20 22.84 8.52
leq (CM) 0.01169 0.006 0.00779
Octch (€M) 0.01281 0.00649 0.00827
A, (cm?d 0.181 0.092 0.117
P (g/cm s?) 7229

Table A.8: Model DC-1 Constant Water Head Permeability Measurements

Trial 1 Trial 2 Trial 3
Water Head (cm) 114.1 102.5 89.3
Head Loss (mm) 0 0 0
Time (s) Mass (g) Mass (g) Mass (g)
20 0.97 0.86 0.78
40 1.91 1.70 1.53
60 2.86 2.52 2.27
80 3.85 3.35 3.01
100 4.85 4.18 3.77
120 5.84 5.00 4.49
140 6.83 5.86 5.24
160 7.83 6.69 5.95
180 8.84 7.53 6.69
Q (cm¥/s) 0.049 0.042 0.037
R? 1.000 1.000 1.000
AP/l (g/cm?.s?) 3682.0 3307.6 2881.7
slope (Q vs AP/
pe (Q ) 1.5363E-05
(cm”.s/g)
R’ 0.970
K™ (Darcy) 85
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Table A.9: Model DC-1 Advancing Interface Permeability Measurements

131

Trial 2 Trial 4 Trial 5
Time (s) X2 (cm?) Time (s) X2 (cm?) Time (s) X2 (cm?)
0 0.0 0 46.2 0 23.0
5 6.3 5 56.3 5 30.3
10 9.0 10 67.2 10 34.8
15 16.0 15 70.6 15 37.2
20 27.0 20 79.2 20 43.6
25 29.2 25 86.5 25 49.0
30 36.0 30 96.0 30 56.3
35 42.3 35 106.1 35 64.0
40 53.3 40 118.8 40 72.3
45 56.3 45 127.7 45 81.0
50 60.8 50 136.9 50 86.5
55 64.0 55 148.8 55 96.0
60 68.9 60 156.3 60 108.2
65 82.8 65 161.3 65 118.8
70 90.3 70 169.0 70 130.0
75 106.1 75 182.3 75 144.0
80 110.3 80 193.2 80 161.3
85 125.4 85 196.0 85 176.9
90 134.6 90 207.4 90 182.3
95 151.3 95 222.0 95 198.8
100 158.8 100 231.0 105 216.1
105 171.6 105 246.5 110 231.0
110 182.3 110 259.2 120 256.0
115 193.2 120 275.6 130 272.3
120 204.5 130 289.0 140 295.8
125 213.2 140 331.2 150 327.6
135 225.0 150 346.0 160 349.7
145 249.6 160 3725 170 380.3
155 269.0 170 416.2 180 416.2
165 306.3 180 436.8 190 441.0
175 342.3 190 462.3 200 466.6
185 361.0 200 479.6 210 484.0
195 380.3 210 501.8 220 506.3
205 400.0 220 529.0 230 529.0
215 420.3 230 542.9 240 552.3
225 449.4 240 552.3 250 566.4
235 466.6 250 576.0 260 590.5
245 501.8 260 585.6 270 600.3
255 533.6 270 605.2 280 605.2
270 566.4 280 650.3 290 635.0
285 585.6 290 650.3 300 655.4
300 610.1 300 691.7 310 681.2
315 640.1 310 707.6 320 702.3
330 676.0 320 739.8 330 723.6
345 702.3 330 750.8 340 745.3
360 761.8 340 767.3 350 756.3
375 812.3 350 795.2 360 789.6
390 841.0 360 818.0 370 823.7
370 835.2 380 852.6
380 858.5 390 882.1
390 882.1
slope (cm?s) 2.2812 2.2187 2.2818
R’ 0.9981 0.9983 0.9968
K (Darcy) 93 90 93
Kayg (Darcy) 92 |




Table A.10: Model DL-1 Dimensions

Model Dimensions

Pore Dimensions (mm)

(1) Pore to Pore
(3) + (4b)

(2a) Pore Body

(2b) Pore Body
(2b) = (1)

(3) Pore Throat Width

(4a) Particle Size

(4b) Particle Size

(5) Diffusion Distance
0.5*%(4b) + (3)

(6) Flow Path
0.25*%(2xr)
0.5*PI*(5)

(7) Pore Throat Length
S/2.414
(4)/2.414

Model
Length (cm)
Length (# pores)
Width (cm)
Width (# pores)

2.04

1.91

2.04

0.67
0.99
1.37

1.36

2.13

n/a

30.4
149
10.0
49

Table A.11: Model DL-1 Capillary Heights

Model DL-1

Water Water Toluene Imbibition, h,™ (cm)
Bisiianee fem Imbibition Drainage
Left edge (cm) , Refgrence Refgrence Refgrence
ho™ (cm) h" (cm) Height = Height = Height =
70.9 cm 80.8 cm 89.0 cm

0 5.2 15.7 5.8 55 6.7

1 5.4 17.9 6.5 6.3 7.6

2 5.7 18.8 6.9 6.7 7.5

3 5.9 19.0 7.2 7.1 7.6

4 6.0 19.8 7.3 7.2 7.6

5 5.5 20.0 7.1 7.1 7.7

6 6.3 21.0 7.4 7.7 7.8

7 6.0 215 7.5 7.7 7.7

8 6.2 21.4 7.4 7.8 7.9

9 6.3 21.7 7.5 7.9 8

9.8 6.7 22.5 7.5 8 8
h2'? (cm) 5.93 19.94 7.51
Feq (CM) 0.02209 0.007 0.00884
Oetch (CM) 0.02498 0.00728 0.00927
A, (cm?d) 0.250 0.073 0.093
P. (g/cm s?) 6374
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Table A.12: Model DL-1 Constant Water Head Permeability Measurements

Trial 1 Trial 2 Trial 3 Trial 4

Water Head (cm) 126.6 119.5 114.2 107

Head Loss (mm) 2 2 2 2

Time (s) Mass (g) Mass (g) Mass (g) Mass (g)

0 0.00 0.01 0.00 0.00

20 3.77 4.03 3.97 3.46

40 8.31 8.12 7.92 6.90

60 12.71 12.28 11.74 10.41

80 17.29 16.42 15.57 13.83

100 21.98 20.61 19.44 17.35

120 25.96 24.61 23.27 20.76

140 30.31 28.73 27.08 24.26

160 34.73 32.80 30.83 27.64

180 39.11 36.83 34.61 31.00

Q (cm¥s) 0.219 0.205 0.192 0.173

R? 1.000 1.000 1.000 1.000

AP/l (g/cm?.s?) 4085.3 3856.2 3685.2 3452.9
slopse (Q vs AP/I) 7 3780E-05

(cm>.s/g)

R? 0.994
K'™ (Darcy) 295
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Table A.13: Model DL-1 Advancing Interface Permeability Measurements

134

Trial 1 Trial 2
. Interface 2 2 . Interface 2 2
Ui () Position (cm) e Ui () Position (cm) e
20 10 100 25 10.2 104.04
25 11.4 129.96 30 11.2 125.44
30 12.6 158.76 35 12.3 151.29
35 134 179.56 40 134 179.56
40 14.4 207.36 45 14.2 201.64
45 15.2 231.04 50 14.9 222.01
50 16.3 265.69 55 16 256
55 17.6 309.76 60 16.8 282.24
60 18.4 338.56 65 17.8 316.84
65 19.7 388.09 70 18.8 353.44
70 20.3 412.09 75 19.8 392.04
75 21.2 449.44 80 20.7 428.49
80 21.9 479.61 85 21.3 453.69
85 23.3 542.89 90 22.2 492.84
90 23.7 561.69 95 22.8 519.84
95 24.1 580.81 100 23.5 552.25
100 24.8 615.04 105 24.1 580.81
105 25.7 660.49 110 24.7 610.09
110 26.2 686.44 115 25.5 650.25
115 26.9 723.61 120 26 676
120 27.3 745.29 125 26.9 723.61
125 27.8 772.84 130 27.3 745.29
130 28.1 789.61 135 27.7 767.29
135 28.7 823.69 140 28.2 795.24
140 29.1 846.81
slope (cm?/s) 6.5149 6.2594
R 0.9968 0.9980
K (Darcy) 300 289
Kayg (Darcy) 295 |
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Figure B.1: System Pressure during NCG VAPEX Experiment #1
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Figure B.2: System Pressure during NCG VAPEX Experiment #2
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B.3: System and Butane Temperatures during NCG VAPEX Experiment #1
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Figure B.4: System and Butane Temperatures during NCG VAPEX Experiment #2
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